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Abstract

A reduction of greenhouse gas emissions are necessary to reduce the impact of human greenhouse
gas emissions on the climate. Renewable fuels and chemicals are needed for reducing fossil resource
use and CO2 emissions. One possible option is the utilization of biomass, CO2 and renewable
electricity as new raw materials. This thesis investigates the integration of processes into a pulp
mill for the production of chemicals and fuels based on H2 which is derived from water electrolysis.
Furthermore, different processes for the supply of the lime kiln with green fuels are investigated. A
process simulation software was used to generate the mass and energy balances of the investigated
processes. With the data, the processes are evaluated in terms of cost, efficiency and CO2 emissions.
Special focus is on the integration with the pulp mill based on the exchange of material and energy
streams. Furthermore, lab and pilot lab experiments were performed on the purification of methanol
derived from the Power-to-Methanol process and the methanol containing side stream of the pulp
mill.

The most promising Power-to-X product with lowest price and emissions in comparison to the
fossil equivalent is hydrogen peroxide. Other promising products are methanol and acetic acid. The
levelized cost are found to be 535 - 705 €tH2O2, 1207 - 1500 tMeOH and 1065 - 1386 tAA. The integration
with the pulp mill generally shows a small increase of the utilities in comparison to the processed
amounts in the pulp mill. The O2 demand of the pulp mill can be covered in almost all cases. The
integration can lead to a decrease or increase of electricity generation onsite mostly depending on
the effect of heat integration, process cooling and O2 supply. Purge streams can effectively be used to
decrease the fossil fuel use in the lime kiln. The CO2 abatement cost are negative for H2O2 at -542 or
-165 €/t CO2 for the 50 and 150 MWel plant. The abatement cost of acetic acid and methanol (50 MWel
plant) are in the range of 300 to 400 €/t CO2. The highest abatement cost above 1000 €/t CO2 are
found for some FT processes and SNG for the 50 MWel plants. The increase in pulp selling price for
enumeration of the PtX products with market prices leads to an increase of the pulp price of roughly
-120 to almost 200 €/ADt.

The decarbonization and defossilization of the lime kiln is investigated for 10 different cases utilizing
biomass, CO2 or H2 for the production of the fuel for the lime kiln. The H2 based routes show the
tremendously higher cost than the biomass based routes. The available biomass should be used in
the lime kiln for the substitution of fossil fuels instead of being burnt for electricity production. The
impact on the pulp selling price is in the range of 9 to 165 €/ADt. The milled wood combustion
and combustion of producer gas from air blown biomass gasification are in terms of economics and
emissions the most promising options with abatement cost of 46 €/t CO2 and 179 €/t CO2.

The combined purification of methanol allows the valorization of the available methanol stream in
the pulp mill together with the methanol stream from a Power-to-Methanol plant. Simulations confirm
that a combined purification is possible for larger Power-to-Methanol plants without prepurification.
For smaller plant sized a prepurification is necessary to reach the required purities. The rectification
experiments cannot confirm the results obtained by simulation. Experiments on the selective removal
of sulphur or nitrogen compounds with activated carbon or the precipitation with Fe(II) ions from
the methanol stream derived from the pulping process is possible but most likely not economical.

The results show that pulp mills are good sites for the integration of the investigated routes which
is due to the availability of green electricity and biomass, and due to the available low carbon infras-
tructure. However, the assessment is site specific and has to be assessed for every pulp mill in detail.
Especially the choice of the type of process needs to be tailored for every pulp mill.
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1 Introduction

The reduction of greenhouse gas (GHG) emissions is an important task to limit climate change and
its harmful impact on the Earth. Leaders, organizations and governments call for action to cut GHG
emissions. However, not much progress is made so far. Figure 1.1 shows the annual change of GHG
emissions in the world. Obviously, GHG emissions are increasing for most years. The most effective
instruments capable of reducing emissions in the last years are pandemics (in 2020) and economic
crisis like the on in 2009. Not included are other factors influencing the GHG emissions like the
increasing population or the change in living standards.

Figure 1.1 Worldwide change in annual GHG emissions from energy combustion and industrial processes [1]

The most important GHG is CO2 which derives from the combustion of fossil carbonaceous re-
sources. Therefore, defossilization, meaning the replacement of fossil resources by renewable ones,
is one important measure to lower the GHG emissions of our energy system. The consequence of
defossilization is the decarbonization which means the reduction of GHG emissions. Both concepts
are closely related. For both concepts Power-to-X (PtX) technologies are a possible measure to reach
a decarbonized and defossilized energy system. In this thesis, PtX is used to describe a process that
converts electricity to hydrogen (H2) in a first step. In a following conversion step, H2 is converted into
a fuel or chemical. The major raw materials for the processes are electricity from renewable sources
and CO2 as carbon source if needed. The replacement of fossil fuels and chemicals with sustain-
ably produced PtX products enables the decarbonization of sectors like transportation or chemical
industry.

Integrating the production of chemicals with pulp mills has been investigated already for more
processes than PtX. In 1995, different processes were investigated for the integration with a pulp
mill [3]. The production of sulfuric acid in pulp mills is an established and commercially available
process for the utilization in pulp mills. Furthermore, recovering the available methanol stream is
also an established technology. The production of chemicals and fuels via the Power-to-X routes
are extensively investigated. However, the integration with pulp mills is a rather new idea and was
first investigated by Jannasch et al. [4]. Further concepts of the integration are described for Fischer
Tropsch syncrude [5] or methanol [6].
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In this thesis, the focus is on the in-depth analysis of integrating the production routes in an
exemplary pulp mill. Stay tuned if you want to know why such Power-to-X plants are a perfect match
for being integrated into a pulp mill.

1.1 Benefits of integrating Power-to-X plants in pulp mills

The motivation for integrating PtX plants in pulp mills are briefly teasered here. The integration
provides environmental, economical and technical benefits. Most of the named points are valid
for both, integrated (pulp production integrated with paper production) and non-integrated pulp
mills. However, integrated pulp mills might suffer from a lower availability of heat and electricity
meaning that additional energy needs to be imported. The following list highlights some key aspects
illustrating that pulp mills are beneficial sites for PtX plant:

– Steadily available green electricity:
A non-integrated pulp mill is a net electricity exporter. All the electricity is produced by steam
generated in the bark and recovery boiler. Thus, the electricity has a very low carbon footprint
if biomass is supplied from a sustainably managed source. The low carbon electricity is also
constantly available making it possible to reach high full load hours of the electrolysis which
improves the economics of this process.

– Availability of biogenic CO2:
The CO2 released by combustion of biomass in the recovery boiler and the bark boiler, and the
process related CO2 emissions from the lime kiln are of biogenic origin. The origin of energy
related CO2 emissions in the lime kiln depend on the used fuel. Pulp mills are very large
point sources for biogenic CO2 present in the flue gases. The utilization of biogenic CO2 as
feedstock compared to fossil CO2 offers the benefit of closing the carbon cycle. The CO2 which
was fixed by the tree and released during combustion in the pulp mill is converted into a fuel or
chemical which will eventually be released as CO2 to the atmosphere from which it was fixed
before during the tree growth. Pulp mills are large point sources for biogenic CO2 which can
be exploited. Other point sources for biogenic CO2 are generally smaller like for example wood
fired power plants, biogas plants or waste incineration plants.

– Combustion of purge streams in the lime kiln:
All PtX processes with recycle stream need a purge stream to avoid the accumulation of impu-
rities in the system. The purge stream contains combustable gases that can be used in the lime
kiln to substitute fossil fuels. Furthermore, concepts dedicated to the production of fuels and
chemical at the same time as supplying combustible gases to the lime kiln can be developed.

– Onsite utilization of O2 from electrolysis:
In a pulp mill O2 is needed for pulp bleaching. Therefore, the O2 produced in the electrolysis
can be used onsite. Surplus O2 can be sold, mixed with the combustion air for the incineration
processes or used in the waste water treatment plant.

– Onsite utilization of Power-to-X products:
Hydrogen peroxide is used in pulp bleaching. If produced onsite, it can be used directly without
further purification saving cost and energy in the purification step. Furthermore, methanol is
needed for the production of ClO2 (bleaching agent in the pulp mill). With these two PtX
products, the pulp mill can increase its self-sufficiency.

– Heat integration:
PtX plants are chemical plants that need utilities for operation. One purpose of utilities is to
provide heating or cooling to process steps. The heating and cooling demand of the PtX plant
can be coupled with the pulp mills steam system to either produce more valuable steam for
electricity generation or to receive steam with low carbon emissions from the pulp mill.
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– Methanol:
Methanol is already produced as by-product in pulp mills. This methanol stream can be
integrated in a Power-to-Methanol plant. In most mills, this methanol stream is currently not
explicitly valorized for sale. Therefore, an investment in a PtMeOH plant would also be able to
recover the unused methanol stream.

Besides these aspects, one could think of more beneficial points for the integration like necessary
infrastructure (for example waste water treatment plant, fire brigade, ...). Therefore, compared to
greenfield or integration with other types of industries, as for example cement, chemicals or paper,
pulp mills are superior for integration as they are sites with a low carbon infrastructure readily
available for the integration of a PtX plant.

1.2 Aim and objective of this thesis

The thesis investigates various pulp mill integrated PtX processes and also biomass based routes to
reduce GHG emissions and produce sustainable fuels and chemicals. The processes are integrated
into the pulp mill by connecting the mass and energy flows of the PtX plant with the pulp mill.

The first part is concerned with the simulation and integration of H2 based production processes
towards fuels or chemicals. With the generated mass and energy balances, the processes are evalu-
ated based on technical, economic and environmental parameters. The second part focuses on the
decarbonization of the lime kiln by the utilization of waste biomass available from the pulp mill and
electricity for H2 production which can be further converted to fuels. The processes are simulated to
gain mass and energy balances. Based on the data, the process options are compared with technical,
economic and environmental parameters. Thirdly, the combined purification of methanol from CO2
hydrogenation and methanol as by-product from the pulping process is experimentally investigated
in the lab and pilot lab with suitable experimental setups. The experiments are carried out with real
samples from the pulp mill to validate the models of the process simulation. Besides rectification,
adsorption with activated carbon is used to remove impurities from the methanol stream.

1.3 Thesis outline

The thesis is divided into 8 Chapters. Chapter 2 describes the technology background and introduces
the reader to the most important concepts and technologies touched upon in the later parts. Major
topics are the production of H2, CO2 capture, and processes for the production of fuels and chemicals
based on H2. Additionally, pulp production and other production routes of fuels and chemicals in
pulp mills are discussed. In Chapter 3, the tools and methods used for evaluating the processes are
described including environmental, economic and technical assessment, and modeling tools. Chapter
4 deals with the process simulations for different production routes of chemicals and fuels. Based
on the process models, the paths are assessed in terms of economic, environmental and technical
performance, and integration with the pulp mill. Furthermore, the routes are compared with each
other. Chapter 5 is concerned with the decarbonization and defossilization of the lime kiln. Different
fuels for supplying heat to the lime kiln are modeled and assessed. Based on process simulations,
the concepts are evaluated to find the most cost efficient and environmentally friendly solution. The
purification of methanol is presented in Chapter 6. The results are based on experimental as well as
simulation work. The goal is to find the optimal integration of the foul condensate stream from the
pulp mill with a Power-to-Methanol plant. Chapter 7 comprises the discussion on the applicability of
the presented concepts to other type of pulp mills and industries. In the conclusion (Chapter 8), the
results are summarized on a higher level assessing the overarching picture of integrating Power-to-X
processes in pulp mills.
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2 Technology background and literature review

This chapter reviews the state of technology and introduces the reader to the relevant concepts and
knowledge needed for understanding the following chapters.

2.1 Pulp production

Pulp mills based on the sulphate process will be the focus of this thesis. The other relevant process
for chemical pulp production is the sulphite process. Due to the importance of sulphite pulp mills
in Germany, the tranferability of the concepts for sulphate pulp mills towards sulphite pulp mills are
discussed in 7.1. Sulphite pulp mills account for less than 6 % of the total chemical pulp production
in Europe (2020) [7]. However, the role of sulphite pulp mills is more important in Germany (see
Table 7.1). Sulphate pulp has the benefit of producing stronger pulp compared to sulphite pulp [8].
Furthermore, the regeneration of energy and chemicals is more efficient [8]. The wood species that
can be used for sulphite pulping are limited [8].

Figure 2.1 shows the processes flow diagram of the sulphate process which consists of two chemical
recycling loops: for sodium and for calcium. The first step is wood debarking. After chipping, the
wood chips are fed into the digester where they are impregnated with steam. After that the cooking
liquor is added. The cooking process can either be a continous or a batch process. After cooking, pulp
and black liquor are separated. The pulp is screened, washed, bleached, dried and finally packaged
in case of a stand alone mill. The water content of black liquor is reduced in the evaporation plant. In
the recovery boiler, the black liquor is combusted to generate energy for the facilities and to recover
the pulping chemicals. The pulping chemicals accumulate as smelt at the bottom of the boiler. The
smelt is contacted with water and yields the green liquor.

The second chemical recycling loop is concerned with the calcium recycle. In the lime kiln, calcium
carbonate is reacted under high temperature to calcium oxide and CO2 as depicted in Equation 2.1.

CaCO3 −−−→ CaO + CO2 (2.1)

In the caustification step, CaO is reacted to calcium hydroxide as shown in the following equation:

CaO +H2O −−−→ Ca(OH)2 (2.2)

The calcium hydroxide is mixed with the green liquor and undergoes the reaction as shown in
Equation 2.3. After filtration, the solids are returned to the lime kiln, while the solution is transformed
into what is referred to as white liquor. The white liquor is ready for use in the cooking process again.

Ca(OH)2 +Na2CO3 −−−→ CaCO3 + 2 NaOH (2.3)

Aside from the lime kiln, there are two other primary sources of CO2 in a pulp mill: the recovery
boiler and the bark boiler. Since the lime kiln is typically powered by fossil fuels, such as natural gas,
it stands as the sole source of fossil CO2 emissions within a pulp mill.

The processes in sulphite pulp mills are similar to the ones in the sulphate pulp mill. The major
difference is the use of an acidic bisulphite cooking solution based on MgO and SO2 and a single
recycle loop for pulping chemicals so that no additional equipment like lime kiln are necessary. Figure
A.2 in the Appendix shows the process flow diagram of the sulphite pulping process.
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Figure 2.1 Flow diagram of the sulphate pulping process with two cycles for chemical recycling [9]
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2.1.1 Methanol from pulping

Volatile organic compounds released during the cooking process are a side stream collected in the
evaporation plant. It contains several components like alcohols (methanol), acids (formic acid, acetic
acid), ketones (acetone), terpenes (𝛼-pinene, 𝛽-pinene) and sulphur containing compounds (dimethyl
sulfide, dimethyl disulfide) [10]. In the evaporation plant, methanol (MeOH) which is produced
during the cooking process is separated together with water and other volatile compounds from
the black liquor. The light volatile components are collected as foul condensate (FC) and are usually
stripped yielding stripper off gases (SOG). MeOH formation in hardwood pulp mills (up to 15 kg/ODT
pulp) is usually higher than in softwood pulp mills (7.3 kg/ODT pulp) [11].

The majority of MeOH is formed by demethylation of xylan. A smaller share is produced by
demethylation of lignin. Both reaction need hydroxyl ions. The reaction mechanism is a bimolecular
nucleophilic substitution SN2 [12]. The following reaction shows the demethylation of a methoxyl
group as occurring during the cooking process.

R−OCH3 +NaOH −−−→ CH3OH + R−ONa (2.4)

2.1.2 Alternative fuels in lime kiln

The rotary lime kiln of a sulphate pulp mill converts calcium carbonate into calcium oxide according
to Equation 2.1. The process is endothermic and requires high temperatures. The heat rate required
in the lime kiln is between 5 and 8 GJ/t CaO [13]. Lime kilns are in most pulp mills the last source
for fossil CO2 if fossil fuels are burnt in the kiln. In a worldwide survey, 36 % and 33 % of the lime
kilns are fired with natural gas or fuel oil [13].

Ideas to use renewable fuels substituting fossil fuels in the lime kiln are discussed in literature
[14, 15, 16]. Potential biofuels are evaluated for cofiring [17]. The main drivers to use alternative fuels
are lower energy cost and the utilization of renewable energy sources [13]. Furthermore, the goal to
reduce fossil CO2 emissions can be reached. In the following list major green fuels are discussed. One
major difficulty with biomass based fuels is the introduction of non-process elements to the calcium
loop. Non-process elements cause problems in the lime kiln and other parts of the pulp mill [18]. A
higher purge stream in the calcium loop can reduce the load of non-process elements. Alternative
fuels do also influence the thermal energy requirement of the lime kiln leading to a higher or lower
thermal power input to the lime kiln [17].

• Producer gas:
Biomass is gasified with air in a circulating fluidized bed gasifier to yield a syngas with lower
heating value (3 - 12 MJ/kg) compared to natural gas [14, 15]. Therefore, a higher mass flow is
required to supply the amount of heat needed leading possibly to overloading of the flue gas
treatment system and to higher flow velocities in the kiln causing dusting [14]. Additionally,
non-process elements are introduced to the lime cycle [14]. However, most non-process elements
are separated with ash from the gasifier and in the dust collection system after the lime kiln
consequently not causing substantial problems [15, 19]. Taillon et al. provide a detailed process
description of an air-blown gasification unit for lime kiln supply [19].

• Pulverized wood:
Biomass is dried to a moisture content of 5-8 % before grinding [20]. The powder (size: 1-3
mm) is fed to the kiln with a special powder burner [15, 20]. Non-process elements are more
challenging in pulverized wood combustion than in producer gas combustion as all non-process
elements are directly introduced to the lime kiln [15].

• H2:
H2 can be produced via water electrolysis. According to the opinion from the industry and
based on a withdrawn patent, the maximum amount of H2 addition to the lime kiln should not
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exceed 50 % of the required thermal energy [21]. H2 co-firing can be easily implemented and
is already performed in lime kilns at Stora Enso Oulu, Finland and UPM Fray Bentos, Uruguay
[15].

• MeOH:
MeOH is a by-product of the pulping process that can be recovered as described in 2.8.1. Since
the available amount is limited, MeOH can only cover 10 - 15 % of the fuel input to the lime kiln
[16].

• Lignin:
Lignin can be separated from black liquor as discussed in section 2.8.2. The combustion of
lignin has been demonstrated in pilot and commercial scale for 100 % lignin as fuel [16].

• Bio-coal or bio-char:
Solid fuel derived from biomass can be produced by a variety of processes like torrefaction,
hydrothermal carbonization or pyrolysis [15].

• Bio-oil:
Bio-oils (for example: vegetable oil, animal fat, glycerin or pyrolysis oil) are already used in lime
kilns [15].

• Turpentine:
Turpentine is collected in the condensate at the evaporator plant together with MeOH. Tur-
pentine is fired at some lime kilns and can account for roughly 10 % of the thermal energy
requirement [16].

• Biomethane:
Imported or onsite produced biomethane (for example from sludge treatment) can be used
similarly to natural gas [22, 23, 24].

Kuparinen and Vakkilainen investigated the influence of alternative fuels (H2, producer gas, torri-
fied biomass, lignin and pulverized wood) from a system level [25]. The sensitivity of the biomass
based concepts on electricity price is very low and shows breakeven prices for replacing fossil fuels of
below 25 $/MWh [25]. For H2, the breakeven price is extremely sensitive to the electricity price [25].

The lime kiln can also be replaced completely by an electrically driven plasma calcination process.
This technology is offered by LimeArc Process AB [26]. In the calcination reactor, the lime is contacted
with a CO2 based plasma [27]. For electricity prices below 42 or 53 €/MWh, the plasma based process
is more cost efficient than the conventional process. The process allows for the capture of biogenic
CO2 leading to capture cost between 36 and 60 €/t CO2.

2.2 Rectification

This section is based on standard text books as for example [28] or [29]. Figure 2.2 shows a sketch of
a continuous rectification column. The feed F enters the column on a defined height of the column.
It can have various thermodynamic states (liquid, partial vapor, superheated vapor, ...). The column
internals can be differentiated into trays (plates), structured packing or random packing. The top
product is called distillate D. The stream from the bottom is called bottom product B. The section
above the feed is called rectifying section. The part below the feed is called stripping section.

2.2.1 Mass balance and McCabe-Thiele-diagram

The following derivations and methods apply only for two component mixtures. The overall mass
balance of the column is depicted in the following equation:

¤𝐹 = ¤𝐷 + ¤𝐵 (2.5)
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Figure 2.2 Sketch of a continuously working rectification column with mass balance around the head of the
column as dashed line

For one component the mass balance can be expressed with the mass fractions of the component
in the streams.

¤𝐹𝑥𝐹 = ¤𝐷𝑥𝐷 + ¤𝐵𝑥𝐵 (2.6)

The mass balance on the column head is shown in Equation 2.7. The control volume is depicted in
Figure 2.2 as dashed line. The mass flow of the rising vapor ¤𝑉 is equal to the mass flow of distillate ¤𝐷
and liquid flow ¤𝐿.

¤𝑉 = ¤𝐷 + ¤𝐿 (2.7)

The mass balance can be again expressed for one component by using the mass fraction in the
liquid or gas phase:

¤𝑉𝑦 = ¤𝐷𝑥𝐷 + ¤𝐿𝑥 (2.8)

Substituting ¤𝑉 in Equation 2.8 with Equation 2.7 and defining the reflux ratio (𝑅𝐿) as shown in
Equation 2.10 gives the following equation:

𝑦 =
𝑥𝐷

𝑅𝐿 + 1 +
𝑅𝐿

𝑅𝐿 + 1𝑥 (2.9)

Equation 2.9 is the operating line of the rectifying section. This equation is a linear function that
can be plotted in a x-y diagram. The slope is 𝑅𝐿

𝑅𝐿+1 and the intercept with the y axis is 𝑥𝐷
𝑅𝐿+1 . When

altering the reflux ratio, the slope and the y axis interception of the operating line is changed. For
𝑥 = 𝑥𝐷 , the equation gives y = x. Therefore, the line intercepts with the diagonal in the x-y diagram
at 𝑥 = 𝑥𝐷 . With a similar approach, you can derive the equation of the stripping section which will
be a linear function as well.

Together with the operating line of the stripping section, one can construct the McCabe-Thiele-
diagram (Figure 2.3). The q-line is then constructed with the intersection of the operating lines and
the point on the diagonal based on the feed composition. The slope of the q line depends on the state
of the feed. The slope of the q-line is 𝑞

𝑞−1 where q is the liquid mole fraction of the feed. For such a
design case, the feed state must be changed to fit the constructed feed line which is determined by the
operating lines. From the McCabe-Thiele-diagram it is possible to graphically determine the reflux
ratio and number of stages which is used for designing a rectification column.
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Figure 2.3 McCabe Thiele diagram [30]

2.2.2 Reflux ratio

The reflux ratio (𝑅𝐿) is defined as the ratio of the stream which is sent back to the column ( ¤𝐿) and
which is withdrawn from the system ( ¤𝐷). The 𝑅𝐿 can be calculated in terms of mass or molar flow.
The following equation describes the 𝑅𝐿:

𝑅𝐿 =
¤𝐿
¤𝐷

(2.10)

If almost no distillate is withdrawn, the reflux ratio approaches infinite according to Equation 2.10.
The minimum reflux ratio (𝑅𝑚𝑖𝑛) can be calculated from the McCabe-Thiele-diagram (Figure 2.3). For
that, the operating line of the rectifying section is constructed going through two points. The first
point is the intersection of the q-line with the x-y-diagram. The second point is the point of distillate
concentration on the diagonal. The operating line will show a vapor phase concentration 𝑦∗. The real
reflux ratio should be 1.1 to 1.3 fold of 𝑅𝑚𝑖𝑛 to account for errors in VLE data and to ensure a cost
optimal operation (investment cost vs. operating cost).

𝑅𝑚𝑖𝑛 =
𝑥𝐷

𝑦∗
− 1 (2.11)

2.2.3 Distillate to feed ratio

The distillate to feed ratio describes how much distillate is received from the column top in comparison
to the feed stream (Equation 2.12). The desired ratio depends on the column settings as well as the
concentrations of components in feed and the intended concentration in the top and bottom products.

𝐷 : 𝐹 =
¤𝐷
¤𝐹

(2.12)
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2.2.4 Number of stages

The number of stages (plates) influences the purity of the product significantly. For larger numbers of
stages, the purity of the product increases. Disadvantage of a higher number of plates is the increased
column height and investment cost. For columns with plates, the number of stages can obviously be
described easily by the number of plates. In packed column the number stages depends on operating
parameters like concentration profile and pressure drop in the column.

Since the mixture will not reach equilibrium in a real column on a certain stage, the number of actual
(physical) stages is higher than the number of theoretical stages. The number of theoretical stages
can be derived from calculation. In order to describe the discrepancy between the actual number of
stages 𝑛𝑎 and theoretical number of stages 𝑛𝑡ℎ , the plate efficiency E is introduced.

𝐸 =
𝑛𝑡ℎ

𝑛𝑎
(2.13)

For packed columns, the height equivalent to a theoretical plate (HETP) is defined. The HETP
describes the height of a plate if the packing would be converted into plates. It is calculated as
following:

𝐻𝐸𝑇𝑃 =
ℎ

𝑛𝑡ℎ
(2.14)

h is the height of the packing and 𝑛𝑡ℎ is the number of theoretical plates. The number of theoretical
plates can be calculated with the knowledge of the type of packing and operating parameters. Low
values of HETP indicate an efficient separation since more theoretical stages can be comprised in a
smaller height.

2.3 Adsorption

Adsorption describes the selective bond of a compound from a gaseous or liquid phase onto a
solid adsorbent. Adsorption can be reversed (Desorption). The adsorption is exothermic and the
desorption is endothermic therefore being favored by higher temperatures [31]. There are two types
of adsorption: physisorption and chemisorption. In chemisorption, the adsorption is very selective
and the desorption is irreversible [31]. The adsorptive (molecules interacting with the adsorbent)
is chemically bound to the surface [31]. In physisorption, the weak bond between adsorbent and
adsorptive is based on dipole-dipole interactions [31].

Activated carbon (AC) is a widely used adsorbent in technical purification processes. AC is a solid
porous material containing more than 90 % carbon [32]. It is derived from carbonaceous material
(coal, char, charcoal) either by high temperature oxidation with steam or by low temperature chemical
dehydration [33, 32].

The technical realization of a continuous liquid-phase adsorption process is shown in Figure 2.4. In
the reaction vessel, the liquid is stirred with the adsorbent. Usually, 1 to 2 hours of mixing are sufficient
to reach equilibrium [33]. The mixture is pumped to a filter in which the solid phase containing the
impurity is separated from the liquid. The process can be operated as batch or semi-batch process.
Activated carbon as adsorbent can be reused after regeneration. Regeneration targets the removal of
adsorbed materials on the activated carbon by thermal treatment like in a furnace without oxidizing
the carbon [33].

2.3.1 Adsorption of typical species in pulp mill effluents and cleaning of pulp mill effluents

The adsorption of sulphur compounds with AC is an established technology as for example for liquid
hydrocarbon fuels [35]. The following section summarizes the work in the field of purifying pulp
mill effluents and adjacent topics like the adsorption of species present in pulp mill effluents (H2S,
methyl mercaptan, ...).
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Figure 2.4 Process flow diagram of a process for adsorption from a liquid phase [34]

Studies on the adsorption of compounds contained in the SOG are available. Nguyen and Lee
investigated the removal of dimethyl sulfide (DMS) from an aqueous solution of low concentration
(max. 0.05 mg/l) by varying reaction time, adsorbent dosage of AC and initial DMS concentration
[36]. The adsorption process is better described by the Freundlich isotherm [36]. Bashkova et al.
investigated the adsorption of methyl mercaptan and the oxidation product dimethyl disulfide on
different AC [37].

Gamelas et al. used AC for the removal of sulfur compounds from stripped condensate of a pulp
mill with the goal of reusing the condensate as process water [38]. They found the reduction of
most components to proceed very quickly. The process follows a pseudo-second-order kinetics and
Langmuir adsorption isotherm. Mollaei et al. investigated the adsorption of S2- ions from black liquor
on AC [39]. They found a higher adsorption capacity for S2- ions for lower pH values on AC. Zhang
et al. investigates the removal of organic pollutants from acidic bleach plant effluents with AC or
polymer resins [40]. Tao et al. experimentally assessed the removal of MeOH from a gas streams with
AC [41]. AC is also established for the removal of hydrogensulfide from gas streams in gas cleaning
[42].

2.4 Hydrogen production

H2 can be produced from fossil or renewable resources. 77 % of H2 is produced from petrochemicals,
18 % from coal and 4 % from electrolysis [43]. Established technologies based on fossil feedstock are
gasification, steam methane reforming, partial oxidation, autothermal reforming and pyrolysis [44].
48 % of H2 is produced by steam methane reforming of natural gas (2015) [45]. In this process methane
and water are passed through tubes filled with catalyst and react to CO and H2 in an endothermic
reaction (see Equation 2.15) [46]. The tubes are heated in a furnace by the combustion of fuel to above
1000 K [46]. H2 is then purified by pressure swing adsorption [43]. The efficiency of the process
is between 70 and 85 % [45]. H2 prices are estimated to be 2.2 $/kg in Europe for steam methane
reforming [45].

CH4 +H2O −−−→ 3 H2 + CO (2.15)
Renewable resources for H2 production are water (electrolysis, thermolysis, photoelectrolysis, bio-

photolysis) and biomass (biological, thermochemical) [44]. Probably the most mature method for
biomass based routes is the gasification of biomass with subsequent separation of H2 from the syn-
gas. Lowest prices for H2 from biomass gasification can reach 2.7 €/kg [47]. The predominate method
for H2 production in this thesis is the electrochemical splitting of water also called water electrolysis.
Equation 2.16 shows the basic equation for the production of H2 and O2 from water.

2 H2O −−−→ 2 H2 +O2 (2.16)

The four types of water electrolysers are polymer electrolyte membrane (PEMEL), alkaline (AEL),
anion exchange membrane (AEMEL) and solid oxide electrolyzer (SOEL). The first two are commer-
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cialized whereas the other two are still in lab scale [48]. Nevertheless, multiple companies are in the
process of commercializing the SOEL technology (for example Sunfire GmbH or Topsoe A/S).

Typical characteristics of the electrolyzers are summarized in Table 2.1. Investment cost are expected
to drop significantly once the production is standardized and scaled-up [48]. The investment cost for
AEL, PEMEL and AEMEL are expected to drop below 200 $/kW in 2050 [48]. The investment cost for
SOEL are projected to drop to below 300 $/kW [48]. Additionally, the system efficiency is expected to
rise tremendously till 2050. The SOEL show nowadays the highest efficiency. Efficiencies of AEL and
PEMEL are comparable. For AEL, PEMEL and AEMEL the efficiency is expected to be above 74 %
and for SOEL above 83 % in future [48]. The life time of PEMEL and AEL are comparable. The life
time of SOEL is lower and more uncertain due to the limited operational experience and lower TRL.
One drawback of SOEL is that currently the pressurized operation is not possible making it necessary
to compress the H2 to the operating pressure of the chemical synthesis.

Table 2.1 Characteristics of electrolyser technologies

AEL PEMEL AEMEL SOEL Source
operating temperature (°C) 70 - 90 50 - 80 40 -60 700 - 850 [48]

operating pressure (bar) 1-30 <70 <35 1 [48]
load flexibility

(% of nominal load) 20 - 100 0 - 100 - -100 / +100 [49]

system efficiency
based on LHV (%) 43 - 67 40 - 67 48 - 59 61 - 74 [48]

life time (kh) 55 - 120 60 - 100 - 8 - 20 [49]
investment cost (€/kW)

($/kW)
800 - 1500
500 - 1000

1400 - 2100
700 - 1400

-
-

>2000
-

[49]
[48]

maintenance cost
(% of invest. cost per year) 2 - 3 3 - 5 - - [49]

2.5 CO2 capture

Carbon capture is a key technology for carbon capture and utilization (CCU) or storage (CCS). The
utilization and storage of CO2 requires a pure CO2 stream. Currently, there are three main process
types available to capture CO2.

2.5.1 Post combustion capture

In post combustion processes, the CO2 is separated from flue gases or industrial off gases. The
processes can be categorized into adsorption, absorption, cryogenic and membrane based processes
[50, 51]. For gas streams with CO2 concentrations below 10 %, amine absorption processes are more
energetically favorable compared to membrane processes [52]. Membrane processes can become
competitive at CO2 concentrations above 20 % [52]. According to Zhang et al., the chemical absorption
process is more cost effective for CO2 concentrations in the feed gas below 30 % compared to hybrid
and physical absorption [53].

The focus here will be on the absorption process and in particular on the chemical amine based
process. This process is mature and widely applied in industry [54, 55]. In chemical absorption CO2
is bound via a chemical reaction to an amine in the liquid solution. Figure 2.5 shows a basic setup
for an amine based CO2 absorption process. The concentration of MEA in the liquid solution is in
the range of 12 to 32 wt% [56, 57]. Based on the following reversible reaction the CO2 is bound and
released by MEA:

C2H5ONH2 + CO2 −−−⇀↽−−− C2H5ONHCOO− +H+ (2.17)
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The gas stream is washed with water in column C1 to bring the temperature down to 45 to 50 °C,
to decrease solvent loss by evaporation in the absorber and to saturate the stream with water for an
improved water balance of the process [58]. Next it enters the absorber column (C2) at the bottom. The
lean amine solution is fed at the top to ensure a counter-current flow of gas and liquid. The purified
gas exits at the top. In the absorber, the CO2 is chemically bound to the amine via an exothermic and
reversible reaction leading to an increase in temperature. The temperature in the absorber is between
40 and 60 °C [59, 58]. The rich amine solution (0.4 - 0.5 mol CO2/mol MEA [58]) is preheated in
a cross heat exchanger and fed to the stripping column (C3). The heat is transferred from the lean
amine solution coming from the stripper. However, the lean solution has to be further cooled in a
heat exchanger before entering the absorber column. In the stripping column, the CO2 is set free in an
endothermic reaction at elevated pressure (1.5 -2 atm) requiring heat which is supplied by the reboiler
[58]. Temperatures in the stripping column are around 100 to 140 °C [59]. The CO2 leaves the column
at the top. The amine solution is recycled to the absorber. More advanced process configurations for
energy efficiency improvement are discussed by [60].

Figure 2.5 Process flow diagram of a CO2 absorption process based on amines

2.5.2 Pre combustion capture

The pre combustion concept removes the CO2 before the combustion. Integrated Gasification Com-
bined Cycle (IGCC) power plants can be equipped with a CO2 capture unit before the H2 rich gas
is combusted in a gas turbine. After the gasification of a carbon containing material, the syngas is
treated in a reverse water gas shift unit to shift the equilibrium towards H2 and CO2. Afterwards,
the CO2 is removed by a scrubber or membrane. The advantage of the technology is the high flexi-
bility concerning feedstock and product [61]. Additionally, every process step is based on a mature
technology [61]. Major disadvantage is the high investment cost and high complexity of such a plant
[61].

2.5.3 Oxyfuel

A combustion solely with O2 instead of air is called oxyfuel combustion. After water condensation,
the flue gas will mainly consist of CO2. The O2 is usually supplied by an air separation unit [61, 62] but
can also be supplied by water electrolysis. In a power plant with oxyfuel combustion the efficiency
will drop compared to a conventional power plant by 8 to 11 percentage points [61]. When combusting
with O2, the combustion temperature rises [62]. In order to limit combustion temperatures, typically
60 to 80 % of the flue gas has to be recyled to the combustion chamber [63]. Since no N2 is present in
the flue gas, the resulting flue gas flow is a lot smaller compared to a power plant with air combustion.
One difficulty is to avoid false air in the system. The oxyfuel combustion has been tested in multiple
pilot and large scale demo plants [64].
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In chemical looping, a special technology in the field of oxyfuel combustion, O2 is introduced via
a carrier molecule to the combustion chamber.

2.5.4 CO2 capture in pulp mills

Several studies have been conducted on the capture of CO2 from flue gases in pulp mills. Investigations
date back to the early 2000s. The special interest in pulp mill arises since pulp mill are large point
sources for biogenic CO2. Capturing and storing the CO2 would lead to negative emissions which
could offset emission from other sectors that are harder or not able to decarbonize. In an European
perspective for CCS in the pulp and paper industry, the central European mills have the best potential
due to the proximity to storage clusters [65]. The gross of emissions are however released in Sweden
and Finland and need to be included for capturing a high amount of CO2 [65]. Kuparinen et al.
assessed the worldwide emissions based on the 15 largest pulp producers to 135 Mt CO2 per year
[66].

All studies consider the post combustion carbon capture with chemical absorption. The main issues
for integration in pulp mills is the increased heat demand for the recovery of the absorbing solution.
Covering the heat demand can be either done by using medium or low pressure steam extracted
from the turbine, using available waste heat, using heat pumps to increase the temperature level of
waste heat or by installing additional boilers. Most measure will decrease the power export from the
pulp mill. Installing an additional boiler will also result in higher fuel demand and investment cost.
Karlsson et al. investigated the transportation and competition with other users for residual biomass
on the case of four Swedish pulp mills showing that only 53 to 81 % of the CO2 emissions can be
captured with the supplied biomass [67].

Hektor and Berntsson evaluated the CO2 capture cost to 20-56 €/t CO2 considering different ways
of heat supply (biomass boiler, natural gas combined cycle (NGCC), heat pump and energy efficiency
combined with biofuel boiler) [68]. The NGCC showed the lowest avoidance cost. They also compared
the cost for an addition biofuel boiler (25-31 €/t CO2) or the utilzation of medium pressure steam
from the recovery boiler (23-27 €/t CO2) [69].

Onarheim et al. used a MEA scrubber for carbon capture in a standalone pulp mill and integrated
pulp and paper mill [70, 71, 72]. For the market pulp mill increased levelized cost of production of 20
to 154 €/ADt are calculated. The electricity production is decreased by 6 to 80 %. CO2 avoidance cost
are calculated in the range of 62 - 92 €/t CO2. Capturing CO2 from the flue gas of the recovery boiler
results in a heat demand of 3.76 MJ/kg CO2 for the MEA process and 2.8 MJ/kg CO2 for the chilled
ammonia process with no waste heat being available for utilization in the process [73]. Skagestad et
al. conclude that the partial carbon capture is economically more attractive than full capture due to
the higher heat demand for full carbon capture which results in lower electricity production and a
need for additional boiler capacity [74]. Partial CO2 capture cost are in the range of 41 - 57 €/t CO2
[74]. Nwaoha and Tontiwachwuthiku calculated the capture cost to 138 $/t CO2 and the additional
cost of pulp to 56 $/ADt for MEA scrubbing [75]. Other absorbent and process concepts showed only
small financial savings (best being 126 $/t CO2). Kuparinen et al. calculated the avoidance cost for
negative emissions to 75 - 224 $/ t CO2 [76]. Parkhi et al. used a MEA scrubber for the removal of
CO2 from the lime kiln flue gas resulting in 76 $/t CO2 or 18 $ /t ADt [77].

For a capture rate of 50 %, CO2 prices are around 62 - 70 €/t [78]. A credit of 80 €/t CO2 would
decrease the pulp price by 15 €/t pulp [78]. Yang et al. report CO2 avoidance cost (MEA scrubber) of
31-93 €/t CO2 [79]. Sagues et al. calculate that the cost of CO2 capture are close to zero including a 50
$ /t CO2 tax credit [80].

Other studies not based on absorption are for example electric plasma calcination, oxyfuel com-
bustion or chemical looping. Lefvert and Grönkvist investigated the CO2 capture on the lime kiln
by either oxyfuel combustion or electric plasma arc calcination [81]. Unfortunately, they only report
technical parameters and do not provide any economic assessment. The work by Svensson et al. on
electric plasma arc calcination was presented earlier showing capture cost of 36 to 60 €/t CO2 (Section
2.1.2) [27]. Saari et al. investigated the replacement of a circulating fluidized bed boiler by a chemcial
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looping system [82]. In terms of electrical efficiency, both systems show similar performance. Santos
et al. investigated the replacement of the lime kiln by a calcium looping system [83]. CO2 abatement
cost were at 39 €/t CO2 and the pulp price increases from 728 €/ADt for the reference pulp mill to
824 €/ADt for the pulp mill with calcium looping.

Another less common source for CO2 is onsite production of biogas. CO2 can be separated by many
available technologies [84]. Furthermore, ethanol production in sulphite pulp mills via fermentation
are also CO2 sources with high concentrations.

2.6 Synthesis routes based on H2

2.6.1 Carbon monoxide generation

In this thesis, the production of carbon monoxide (CO) as an educt for FT and acetic acid production
can be either provided by the CO2 electrolysis or the reverse water gas shift reaction.

CO2 electrolysis

The CO2 electrolysis is an electrochemical process for the conversion of CO2 to CO. The overall reaction
equation occurring in the electrolysis cell is depicted in Equation 2.18. There are three technologies
available: solide oxide electrolysis, molten carbonate electrolysis and low-temperature electrolysis.
Currently, the solide oxide electrolysis is about to be commercialized (TRL 8) [85]. A simplified sheme
of the already commercialized process called eCOs by Topsoe A/S is depicted in Figure A.1 in the
Appendix.

2 CO2 −−−→ 2 CO +O2 (2.18)

Reverse water gas shift

The reverse water gas shift (RWGS) reaction is an equilibrium reaction depicted in reaction equa-
tion 2.19. It is a high temperature process that can be used for the activation of CO2. Relevant reviews
on the RWGS process can be found [86, 87, 88].

H2 + CO2 −−−⇀↽−−− CO +H2O ∆H = 41 kJ mol−1 (2.19)

As many side reactions occur, the thermodynamic evaluation of the process is complex. Side
reactions are the methanation and solid carbon forming reactions. The formation of methane is an
exothermic reaction being therefore favored at lower temperatures. Either CO or CO2 can act as a
feedstock for the methanation reaction as depicted in the following equations [89]:

CO + 3 H2 −−−⇀↽−−− CH4 +H2O ∆H = −206 kJ mol−1 (2.20)

CO2 + 4 H2 −−−⇀↽−−− CH4 + 2 H2O ∆H = −165 kJ mol−1 (2.21)

Carbon formation can occur in the RWGS reactor and is an undesired reaction (Equations 2.22-
2.24) [89]. Reaction 2.22 (Boudouard reaction) is favored at lower temperature and higher pressure.
Methane pyrolysis (Equation 2.23) is thermodynamically favored by low temperatures and low pres-
sure. Reaction 2.24 is favored by lower temperatures and higher pressures. The occurence of the
carbon forming reactions take place under different operating conditions meaning that carbon for-
mation is an omnipresent issue in the RWGS reactor.

2 CO −−−⇀↽−−− CO2 + C ∆H = −172 kJ mol−1 (2.22)
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CH4 −−−⇀↽−−− 2 H2 + C ∆H = −75 kJ mol−1 (2.23)

H2 + CO←−→ C +H2O ∆H = −131 kJ mol−1 (2.24)

In order to gain a better picture of the process influenced by many competing reactions Figure
2.6 shows the product composition under equilibrium conditions plotted over the temperature. The
model predicts that solid carbon is formed until a temperature of roughly 680 °C. According to Le
Chatelier’s principle, the extent of the reverse water gas shift reaction increases for higher temperatures
due to the endothermicity of the reaction. Besides, the methane formation decreases for higher
temperatures since reactions 2.20 and 2.21 are exothermic. The plots show that higher temperatures
are beneficial as no carbon formation occurs, the methane fraction is lower and the yield of CO is
higher. The drawback of higher temperatures is however the increase in energy demand for heating
the process.

Figure 2.6 Molar fraction of gas and solid at equilibrium (Minimization of Gibbs energy) in the range of 300 to
1000 °C (Thermodynamic model: Peng Robinson with Boston Mathias alpha function, H2/CO2 = 1)

Other processes

In industrial scale syngas for carbon monoxide production can be generated by partial oxidation
of hydrocarbons, steam reforming, coal gasification or recovered from industrial processes (blast
furnace off gas, ...) [90]. The carbon monoxide content is between 30 and 85 % [90]. Before gas
purification, acidic components like CO2 or H2S are removed [90]. The purification is done either by
reversible complexation, cryogenic separation, pressure swing adsorption or membrane separation
[90]. Medrano-Garcia et al. evaluate different pathways for the production of CO by an optimization
to reduce cost and CO2 emissions [91].

2.6.2 Fischer Tropsch

The Fischer Tropsch (FT) process is an heterogenously catalyzed process for the conversion of syngas
to a mixture of hydrocarbons with different chain lengths. The product is called syncrude and consists
mostly of alkanes and alkenes. Aromatic and oxygenated products are also formed but in lots smaller
amounts. The Fischer Tropsch process has been discovered by Franz Fischer and Hans Tropsch in
1923 at Kaiser Wilhelm Institute for Coal Research in Mühlheim/Ruhr [92]. The first commercial
plant was operating in 1936 in Germany [93].
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Typical operating pressures are in the range of 10 to 40 bar [94]. The operating temperature is
above 200 °C [95, 94]. The FT process can be differentiated in high temperature (300 - 350 °C) and low
temperature (200 - 250 °C) FT process [96, 97]. The low temperature Fischer Tropsch process (LTFT)
uses iron and cobalt catalysts and produces mainly longer chain alkanes [96]. The high temperature
process (HTFT) is iron catalysed and produces mainly shorter chain products with a high selectivity
to linear 1-olefins [97]. Iron, cobalt, ruthenium and nickel catalyze the FT reaction whereof only iron
and cobalt catalyst were commercialized [97]. An important difference between iron and cobalt as
catalyst is the ability of iron-based catalyst to catalyse the water gas shift reaction [98].

Typical reactions for the formation of alkanes, alkenes and alcohols are shown in Equation 2.25,
2.26 and 2.27. The reaction equations are all exothermic.

𝑛 CO + (2 n + 1)H2 −−−→ C𝑛H2𝑛+2 + 𝑛 H2O ∆H = n(−146.0)kJ mol−1 (2.25)

𝑛 CO + 2 𝑛 H2 −−−→ C𝑛H2𝑛 + 𝑛 H2O (2.26)

𝑛 CO + 2 𝑛 H2 −−−→ C𝑛H2𝑛+1OH + (n-1)H2O (2.27)

The reaction mechanism is based on chain propagation which can be described by the chain
growth probability 𝛼. The product distribution can be modelled with the Anderson-Schulz-Flory
(ASF) distribution (Equation 2.28 with 𝑤𝑛 : mass fraction of component with chain length n, 𝛼: chain
growth probability and n: number of carbon atoms). The chain growth probability depends on
parameters like H2/CO ratio, temperature, pressure and catalyst material [95]. Higher temperature
and H2/CO ratio lead to a lower chain growth probability which consequently results in lighter
products [98]. The chain growth probability increases for higher pressures [98]. The ASF distribution
has weaknesses in comparison to reality. The ASF distribution underestimates the selectivity towards
methane and overestimates the selectivity towards ethane [98]. Especially for LTFT processes, the
chain growth probability can be expressed as two chain growth probabilities valid for short and long
chain products [98].

𝑤𝑛 =
1 − 𝛼
𝛼
· 𝛼𝑛 · 𝑛 (2.28)

In Figure 2.7 the product composition is plotted for typical chain growth probabilities ranging from
0.7 to 0.9. The products are grouped into 5 categories based on their chain length. For HTFT, the
chain growth probability ranges from 0.7 to 0.75 [97]. The LTFT chain growth probability is in the
range of 0.85 to 0.95 thus producing more longer chain products compared to HTFT [97].

Figure 2.7 Mass fraction of product groups (grouped by carbon number) over the chain growth probability
(calculated based on Equation 2.28)



19

Reactor concepts include fixed bed, slurry phase and fluidized bed reactors [98, 95]. Fluidized bed
reactors operate at temperatures above 320 °C with the syngas fluidizing the bed material consisting
of catalyst particles [99]. Since longer chain products would condensate and lead to agglomeration
of the bed material, only iron-based catalyst exhibiting lower chain growth probabilites are used
[96]. The slurry phase and fixed bed reactor operates at around 220 to 250 °C [99]. In a slurry phase
reactor, the syngas is bubbled into a suspension of liquid waxes and catalyst particles. The liquid
products accumulate in the suspension and gaseous products exit at the top of the reactor. In fixed
bed reactors, tubes are usually filled with catalyst. On the shell side, boiling water removes the heat.
Newer reactor concepts are microstructured or membrane reactors [100]. For fluidized bed and slurry
phase reators, the catalyst can be replaced online and the catalyst has to be separated from unreacted
gas and product [98]. In a fixed bed reactor the separation is not an issue but the catalyst can only be
replaced during shutdown [98]. The operating conditions in fluidized bed and slurry phase reactors
can be regarded as isothermal due to the high heat transfer rates [95]. Additionally, these reactor
types show higher per pass conversions [95].

Figure 2.8 shows a process design with a closed loop and open loop gas recycle design. In a first
step syngas is produced with multiple raw materials being applicable (for example natural gas, coal,
biomass, CO2). The syngas needs to be conditioned for the correct H2/CO ratio. The syngas is then
converted in the FT reactor to syncrude. After the reactor water, syncrude and tail gas are separated.
The tail gas contains unreacted syngas and shorter chain hydrocarbons (in case of N2 free syngas).

Figure 2.8 Flowsheet of a typical FT process with closed (internal and external recycle with purge stream,
dashed line) and open loop design, adapted from [98]

In case of an open loop design, the tail gas is not recycled back to the process. This is feasible if the
conversion in the reactor is very high or if an electricity cogeneration is included at the plant [98]. In a
closed loop design, part of the tail gas is either directly recycled to the reactor (internal recycle) or it is
conditioned and fed back to the reactor [98]. In order to use the FT syncrude as fuel, further upgrading
is needed. De Klerk argues that syncrude has better properties for the refining to fuel compared to
crude oil [101]. Consequently, a FT refinery should be beneficial in terms of environmental impact,
complexity and cost [101]. Typical refinery design are discussed here [102, 103].

2.6.3 Methanol

Methanol (MeOH) is a major base chemical. 85 % of the produced methanol is used in the chemical
industry as solvent or for the production of chemicals like formaldehyde, methyl-tert-butyl ether and
acetic acid for example [104]. The other applications comprise fuel and energy [104]. In industrial
scale, MeOH is only produced from syngas via catalytic conversion [104]. The conventional MeOH
production is based on syngas containing H2, CO and CO2. The process operates at 200 to 300 °C and
50 - 100 bar [95, 104]. The process for the conversion of H2 and CO2 to MeOH is similar to the syngas
based process in terms of process design, process conditions and catalyst.
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The reactions of syngas to MeOH can be described by the following equilibrium reaction equations
(2.29 and 2.30) which are coupled via the water gas shift reaction. Both reaction pathways are
exothermic with the CO2 hydrogenation being less exothermic.

CO2 + 3 H2 −−−⇀↽−−− CH3OH +H2O ∆H = −49.8 kJ mol−1 (2.29)

CO + 2 H2 −−−⇀↽−−− CH3OH ∆H = −91.0 kJ mol−1 (2.30)

Since the reactions are exothermic, low temperatures shift the equillibrium to the product side. The
reduction of volume also suggest a shift of the equilibrium to the product side for higher pressures.
Figure 2.9 shows the MeOH yield at equilibrium conditions for different temperatures and pressures
underlining the statements of Le Chatelier’s principle that lower temperatures and higher pressures
are beneficial for the conversion. For the same operating conditions, the yield is generally higher for
the CO hydrogenation. Due to the higher volume reduction for CO hydrogenation, the impact of
pressure is stronger revealed by the slope of the curves. Due to the reaction being more exothermic,
the impact of temperature is also stronger in comparison to CO2 hydrogenation. Furthermore, the
yield in CO hydrogenation is substantially higher than in CO2 hydrogenation.

Figure 2.9 Equilibrium compositions for the reaction of CO or CO2 and H2 to form MeOH and water based
on the minimization of Gibbs energy (Thermodynamic model: RKSMHV2, molar feed ratio according to
stoichiometry)

For the low pressure processes employed today, the Cu/ZnO/Al2O3 catalyst is widely used
[104, 105]. The catalyst exhibit a selectivity towards MeOH of above 99 % [104]. Catalysts for
the production of MeOH from syngas and H2/CO2 are very similar since reaction mechanism, re-
action conditions and already present CO2 in the syngas create similar conditions in both processes
[106]. However, experimental tests found a selectivity of above 99.9 % for CO2 and H2 as educts
[107, 108]. Compared to MeOH synthesis with conventional syngas, the process based on CO2 and
H2 has a 5 time lower by-product generation [108]. By-products are higher alcohols, DME (dimethyl
ether), esters, hydrocarbons and ketones [104].

The typical process design for either feedstock (Figure 2.10) consists of a low temperature liquid
gas separation after the reactor. Since the conversion in the reactor is incomplete (50 - 80 % per
pass conversion for syngas [104]), the flash drum separates the unreacted gas from the liquid phase
consisting of mainly water and MeOH. Unreacted gas is recycled back to the reactor. A small amount
of the recycle stream is purged to avoid accumulation of inerts like other gases that are introduced
with the reactants. The liquid phase is processed in a purification section to separate the water and
MeOH mixture via distillation. Depending on the required purity one or more columns are used [95].
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Figure 2.10 Simplified flowsheet of a typical MeOH process [95, 104]

Removing the heat of reaction from the reactor is the major challenge in terms of efficient heat
recovery, low by-product formation, low catalyst volume and high conversion [105]. Many commercial
fixed bed reactor concepts are available as listed by [95]. The dominating reactor technology are quasi-
isothermal steam-raising fixed bed reactors [95]. The multitubular reactor contains the catalyst and
syngas on the tube side [104]. The shell side contains boiling water that is leaving the reactor as
steam [104]. Other concepts are adiabatic reactors with gas quench or consecutively, indirectly cooled
adiabatic reactors [105]. The MegaMethanol process by Lurgi uses a series of 2 reactors (gas cooled
and quasi-isothermal) where the outlet from the quasi-isothermal reactor is further reacted on the
shell side of the gas cooled reactor cooled by fresh syngas on the tube side [104]. New reactor types
under development are fluidized bed, trickle bed, slurry phase, sorption-enhanced and membrane
reactors [95, 105].

2.6.4 Synthetic natural gas

Besides the production of synthetic natural gas (SNG) as product, the first application of the process
was the removal of carbon monoxide from syngas streams for processes like ammonia production [46].
During the oil crisis in the 1970s, the technology was used to produce SNG with syngas derived from
coal gasification [109]. More recently, the feedstock was shifted to CO2 and biomass [110]. The CO2
and CO methanation reaction equation is shown in Equation 2.31 and 2.32. The CO2 methanation is
less exothermic than the CO methanation. Both equation are coupled via the water gas shift reaction.

CO2 + 4 H2 −−−⇀↽−−− CH4 + 2 H2O ∆H = −164 kJ mol−1 (2.31)

CO + 3 H2 −−−⇀↽−−− CH4 +H2O ∆H = −206 kJ mol−1 (2.32)

Since the reactions are equilibrium reactions, the chemical equilibrium is influenced by pressure
and temperature. The effects have been studied extensively in literature [111, 112]. In general, the
exothermic nature of both reactions suggests a higher conversion to products at lower temperature.
The volume reduction of the reaction to the products side indicates that higher pressures are favorable.

Figure 2.11 illustrates the equilibrium composition for different temperatures and pressures. Ac-
cording to Gao et al., carbon formation is not occuring for CO2 methanation due to the water produced
through the reverse water has shift reaction [112]. The carbon formation in CO methanation occurs
below 15 atm and for lower H2/CO ratios [112]. For both process routes the reactions reach high
conversions towards the products (below 250 °C for CO2 methanation and below 300 °C for CO metha-
nation) [112]. Higher pressures above 30 bar usually have no influence on the conversion [112]. Active
materials for the methanation reaction are found in group 8 to 10 [110]. Out of these, nickel is mostly
used in commercial plants due to being the most selective catalyst with a high activity [110]. Other
metals like ruthenium or cobalt are more pricy compared to nickel [110]. The support material of
the catalyst influences the catalytic performance. Support materials for nickel catalyst are discussed
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Figure 2.11 Eqilibrium compositions for the reaction of CO or CO2 with H2 to form methane and water based
on the minimization of Gibbs energy (Thermodynamic model: Soave-Redlich-Kwong, stoichiometric feed
composition according to Equations 2.31 and 2.32)

here [113, 110]. Sulphur poisoning is a major issue reducing catalyst life time. Therefore, the sulphur
concentration should be kept below several ppb [110].

Reactor concepts can be divided into two phase and three phase concepts [110]. Fixed bed reactors
operated under adiabatic or polytropic conditions are the only commercialized reactor concept [110].
In demonstration scale are fluidized bed reactors [110]. Structured reactors and slurry reactors are
under investigation [110].

Figure 2.12 shows the TREMP process by Topsoe A/S composed of a series of three adiabatic fixed
bed reactors with intercooling. The recycle stream around the first reactor controls the temperature in
the first reactor. After the third reactor, water is condensed and separated from the gaseous product.
The process allows for heat recovery on a high temperature level.

Figure 2.12 Flowsheet of a typical SNG process (TREMP from Topsoe A/S [114])

2.6.5 Hydrogen peroxide

Hydrogen peroxide (H2O2) is mainly used for bleaching purposes in many industries [115] like also
in the pulp mill for bleaching pulp. It can be produced by either wet chemical, electrochemical or
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autoxidation processes [115]. The anthraquinone autoxidation is the most relevant production process
for large scale production [115]. Campos-Martin et al. give an overview on all possible production
routes [116]. The process can be divided into three major process steps: hydrogenation, oxidation and
extraction. Figure 2.13 shows a simplified flowsheet of the process. The overall reaction is equation
is fairly simple:

H2 +O2 −−−→ H2O2 (2.33)

Figure 2.13 Flowsheet of the anthraquinone process for H2O2 production

Anthraquinone, most commonly 2-ethylantraquinine, acts as a carrier molecule for H2. The an-
thraquinone (AQ) which is dissolved in a working solution, is hydrogenated catalytically yielding
anthrahydroquinone (AHQ) according to Equation 2.34. The process operates at 40-50 °C with a
hydrogen partial pressure of up to 4 bar [116]. The working solution comprised of solvents and
alkylanthraquinone is recycled in the process. A mixture of unpolar and polar solvents are used. AQ
dissolves well in nonpolar, aromatic solvents where the AHQ dissolves in polar solvents (especially
alcohol and ether) [115]. The hydrogenation reaction is performed with either a slurry or fixed bed
catalyst. For the slurry catalyst, a filtration is needed after the reactor to recycle the catalyst to the
reactor [115]. The catalyst material is palladium. The conversion towards AHQ is kept below 60 %
[116]. Since the reaction is exothermic, the released heat has to be removed. This can be done before
the reactor (cooling of feed streams), in the reactor or after the reactor [115].

AQ +H2 −−−→ AHQ (2.34)

In the oxidation reactor, any presence of hydrogenation catalyst must be avoided since the decom-
position of H2O2 is catalysed by the hydrogenation catalyst [115]. At temperatures of 30 - 60 °C and
atmospheric pressure, air is bubbled into the reactor [116]. The reaction equation of oxidation is
shown in the following reaction equation:

AHQ +O2 −−−→ AQ +H2O2 (2.35)

H2O2 is extracted with water from the working solution in an extraction column. The concentration
of H2O2 in the working solution is around 0.8 - 1.9 wt. % [116]. The crude H2O2 solution after
extraction reaches purities of around 25 - 50 wt. % [116, 115]. Up to 95 % of the H2O2 is recovered
from the working solution in the extraction step [116]. In a subsequent step the H2O2 is distilled
under vacuum (5 - 15 kPa) and further purified [115].

The electrochemical production of H2O2 should not be neglected as concepts are already commer-
cialized (for example HPNow [117]). The processes play a minor role in industry however in terms
of electrification and for comparison with the AQ process supplied by H2 from water electrolysis
it is a suitable process for comparison. Several different process configurations and materials are
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discussed [118, 119]. Electrical energy demands are in the range of 12.8 to 17.6 kWh/kg H2O2 [115]
which is definitely more than for the AQ with water electrolysis. Oloman and Watkinson claim an
electrical energy demand of 2 - 7 kWh/kg H2O2 which is more competitive in comparison to the
numbers reported before [120]. The Huron-Dow process can produce H2O2 at low concentrations in
an alkaline solution which can be directly used in pulp mills [121].

2.6.6 Acetic acid

Acetic acid (AA) is an important base chemical. More than 65 % of the AA is used in the production
of vinyl acetate and cellulose acetate [122]. The worldwide production capacity exceeds 12 Mio. t/a
mostly located in Asia and North America [122]. Besides the fermentative production of AA by
different bacteria strains, the oxidation of butane, naphta, or acetaldehyde and the carbonylation of
MeOH are the most prominent synthetic routes. Where the latter will remain the best choice for large
scale production with a current share of about 75 % [122, 123].

In 1913 the carbonylation of MeOH was described by BASF [122]. BASF developed a cobalt-
catalyzed process in 1960 [122]. In the 1960s Monsanto established a process based on a promoted
rhodium catalyst operating at low pressures of 30 to 60 atm and 150 to 200 °C [122, 124]. The Cativa
process based on a iridium catalyst was established 1996 by BP showing substantial improvements
in comparison to the Monsanto process [122, 124]. Advantages are operation at lower water concen-
trations, higher catalyst stability, high reaction rates, reduced formation of liquid by-products and
improved CO yields [125].

The production of AA based on the carbonylation of MeOH (see reaction 2.36) proceeds in a liquid
phase reactor at pressures of 20 to 50 bar and 150 - 200 °C [126, 123].

CO + CH3OH −−−⇀↽−−− CH3COOH ∆H = −135.6 kJ mol−1 (2.36)

Besides the carbonylation of MeOH side reactions as shown in the following can occur.

CH3OH + CO −−−→ CO2 + CH4 (2.37)

CH3COOH + CH3OH −−−→ CH3CH2COOH +H2O (2.38)

The process flow diagram is depicted in Figure 2.14. CO and MeOH are fed to the reactor where
the carbonylation reaction occurs. Additionally, water, MeOH, methyl acetate, methyl iodide and
AA are recycled from the downstream separation steps to the reactor. The heterogeneous catalyst
is separated from the liquid mixture and fed back to the reactor. Unreacted gases and light side
products are separated in the gas separator and partially returned to the reactor.

Figure 2.14 Flowsheet of the AA production process (Cativa process) based on [122, 123, 126]

The product stream is fed to the first distillation column C1 as vapor. Light components are
separated from the mixture. In column C1 a stream rich in AA is withdrawn as side pull and sent
to distillation column C2. The bottom stream of C1 contains mostly water and AA. The top stream
contains gases and light components like methyl iodide. C2 removes water. The top product is water
with some rest of light components and AA. The bottom product consists of AA and some traces of
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propionic acid. In column C3, the propionic acid is removed to reach the required purity of AA. The
gaseous stream of column C1 is sent to absorber C4. With MeOH, the methyl iodide is removed from
the gas stream. The purge gas stream from C4 and the gas separated from the reactor is combusted.

2.7 Carbon capture and utilization in pulp mills

The concept of integrating PtX concepts in pulp mills is fairly new. For other industries like cement
for example, the concepts have already been established. Besides academic research, the possibility
to integrate PtX concepts in pulp mills gained attention by industry like Afry [127] or Siemens Energy
[128, 129]. Pio et al. discuss the MeOH production in pulp mills based on CO2 and H2, from stripper
off gases, or with the gasification of biomass in their review [6]. SAF production via FT was also
discussed by the same authors in another review [5]. They elaborate on the beneficial integration
with pulp mills.

One study from Sweden investigates the production of methane and MeOH in a stand alone and
integrated pulp mill with a capacity of 2254 ADt/d [4]. For the stand alone mill a capture rate of
10 %, 20 % and 50 % of the CO2 in the flue gas of the lime kiln was studied. Results are shown in
Table 2.2. The integration of heat influences the loss of electricity generation and is therefore not a
linear function of the plant capacity. The MeOH prices range from 467 - 869 €/t for different price
assumptions. The prices for methane vary between 74 and 128 €/t.

Table 2.2 Integration of PtX plant for the production of MeOH and methane in a pulp mill [4]

Product CO2 captured in kt/y or %
27/10 53/20 135/50

MeOH
Produced methanol in t/y 19,400 38,800 97,100
Electrical demand electrolyzer in MWel 21 41 103
Loss of electricity production in MWel 1 3 7

Methane
Produced Methane in t/y 9,700 19,300 48,300
Electrical demand electrolyzer in MWel 26 52 131
Loss of electricity production in MWel 1 1 0

With the available CO2 emissions from the Swedish pulp industry, a production amount of 8 Mt
methane and 16 Mt MeOH per year can be realized. This would require an electrolysis capacity of
17 GWel and 22 GWel. On a normal winter day the power consumption in Sweden is around 22 GWel.
Consequently, the potential of PtX products in Sweden is not limited by the availability of biogenic
CO2 from the pulp industry but by other factors like the electricity grid or the market for the products.
The study is based on a process simulation not including a detailed integration with the pulp mill.

Kuparinen et al. calculated MeOH selling prices for 5 mills under different economic scenarios
of 552 to 1662 $/t [76]. The mills reach yearly production amounts between 8 and 1029 kt MeOH.
Other calculations by the research group showed that MeOH prices of 600 to 800 €/t result for low
electricity prices (20 to 40 €/MWh) [130]. Both publications are based on simplified mass and energy
balance calculations.

2.8 Other production routes for chemicals and fuels in sulphate pulp mills

This section discusses production routes for fuels and chemicals in pulp mills which are not based
on H2 and CO2 as main raw material. Mäki et al., Oliveira et al. and Hamaguchi et al. give an
overarching picture of possible routes [24, 131, 132]. Some technologies like lignin extraction from
black liquor (see below), MeOH purification (see below) or the production of renewable fuel and
chemicals from crude tall oil (BioVerno by UPM or SunPine) are already commercialized.
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2.8.1 Recovery of MeOH from stripper off gases

The stripper off gases (SOG) contains 35 % MeOH and 65 % water [133]. Additionally, sulfur and
nitrogen containing compounds have to be separated from the MeOH to reach commercial grade
MeOH. 85 - 95 % of nitrogen impurities consist of ammonia [134]. Sulphur compounds are for
example hydrogen sulfide, methyl mercaptan, dimethyl sulfide or dimethyl disulfide [134].

Several suppliers have developed systems for the purification of MeOH from the SOG. Stora Enso
developed a process that oxidizes low boiling components of the condensate under the presence of a
catalyst and H2O2. The MeOH can be recovered by distillation [135]. Andritz Oy aquired a patent for
the purification system with 7 separation steps and acidification for the removal of light components.
The central step is the removal of sulfur compounds by extraction with a non-polar organic solvent
[136]. FPInnovations developed a process with a reverse osmosis for the separation of contaminants
from the MeOH stream optionally followed by an adsorption with activated carbon [137]. Andritz
Oy developed a new process where salts are precipitated through the addition of acid in a first step.
Heavy oil can be added to avoid precipitation in the following distillation [138]. Valmet AB also offers
a system for the purification of SOG [139, 133].

Figure 2.15 shows the process for MeOH purification as proposed by A.H. Lundberg Systems. This
system is installed in the project partner’s pulp mill and was therefore chosen as reference. The
incoming SOG is condensed and treated in a decanter separating turpentines. The rest is sent to the
top of the topping column. In the column, lighter components like hydrogen sulfide and ammonia
are removed as gases and sent to incineration. Since hydrogen sulfide and methyl mercaptane are
dissociated at higher pH values, acid (sulphuric acid) needs to be added to lower the pH value for
ensuring no dissociation. Since ammonia can react with sulphuric acid, sulphuric acid is added in
the middle of the column to ensure the stripping of ammonia in the top section of the column. The
bottom product contains less volatile components. In the second column, MeOH is purified and is
taken as a side stream close to the top of the column. The head product of the column leaves as vapor
and contains the leftover light components. The bottom product contains mainly water and heavy
boilers. In a side pull from the column, intermediate boilers are removed to ensure the purity of the
MeOH product. 2 - 3 % of the MeOH needs to be sacrificed for this. [140]

Figure 2.15 Flowsheet of the Lundberg concept for MeOH recovery from SOG, inspired by [140, 141] and the
technical documentation of the project partner

2.8.2 Lignin extraction

Lignin contained in the black liquor can be selective separated. It can be used as fuel, material
or chemical [142]. Lignin separation from black liquor by precipitation is the most developed and
commonly used method [143]. At lower pH values, the solubility of lignin decreases and the lignin
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precipitates. Other methods for separation are selective solvent extraction, electrochemical processes
or membrane filtration [143, 144].

Four different technologies at pilot and industrial scale for the separation of lignin via precipitation
from Kraft black liquor are known: LignoBoost (Valmet), LignoForce (FPInnovations), WestVaco and
SLRP (Liquid Lignin Company) [145]. All processes use black liquor with a dry substance content
between 20 and 40 % [145]. The processes lower the pH value in a first acidification step by adding
CO2 to precipitate the lignin. By removing lignin from a part of the total black liquor stream, the
thermal power input to the recovery boiler is reduced. On the one hand this can enable a higher pulp
production since the recovery boiler’s thermal power input can be the bottle neck in pulp mills [24].
On the other hand the heat and electricity generation in the mill is reduced at the same time as the
energy demand is increased which can lead to a lack of available energy for the mill. Olsson et al.
calculated a 3 - 11 % higher steam demand in the evaporator plant with lower electricity production
for all cases (up to 30 %) in their assessment of integration of lignin separation in a pulp mill [144].

2.8.3 Hydrothermal processes

Hydrothermal carbonisation produces mainly a biochar which can be used as material or fuel. Mul-
tiple feedstock from pulp mills have already been tested in hydrothermal carbonisation: sludge from
waste water treatment [146, 147], lignin [148], pulp [148], galactoglucomannan [148], black liquor
[149] and TEMPO oxidized cellulose nanofibrils [148]. A first commercial hydrothermal carbonisa-
tion plant on the basis of sludge from waste water treatment is running at Stora Enso’s pulp mill in
Heinola (Finland) [150].

Hydrothermal liquefaction at moderate temperatures (200 - 400 °C) mostly yields a bio oil which
can be used in power generation or internal combustion engines [151]. Compared to pyrolysis oil, the
carbon content is higher and the O2 content is lower leading to a less expensive upgrading process
for transport fuel production [151]. Ong et al. investigates the integration of co liquefaction of black
liquor and pine in a pulp mill [152, 153]. Funkenbusch at al. simulated a hydrothermal liquefaction
process based on lignin as raw material [154].

2.8.4 Black liquor gasification

Black liquor gasification (BLG) is a thermochemical process that converts black liquor to syngas
which can be used in a chemical synthesis. The technology can in consequence replace the recovery
boiler of a pulp mill as it also enables the recovery of the pulping chemicals. Additionally, BLG
can be used for debottlenecking the recovery boiler [155]. Chemrec AB and ThermoChem Recovery
International commercialized systems for black liquor gasification [156]. The O2-blown entrained
gasifier by Chemrec AB operates at 32 bar and 950 - 1000 °C [157]. One key problem is the material
choice for the gasifier [157]. Besides BLG, biomass gasification is discussed for integration in pulp
mills. This review gives a good literature overview [158].

Most recent studies on process simulations for BLG with synthesis of fuels or chemicals are reported
here. The production of multiple products like for example MeOH, DME, SNG, Fischer-Tropsch
fuels, ammonia and H2 were studied [155, 159, 160, 161, 162, 163, 164, 165, 166, 167, 168, 169, 170].
Additionally, BLG gasification can be combined with a combined cycle for electricity production [171].

Jafri et al. investigated five biofuel production paths based on using partial black liquor streams
from pulp mills [155]. Three of these were based on BLG including the MeOH production and
methanol-to-gasoline process. Besides the pure gasification of black liquor, they considered the
addition of H2 and the co-gasification with pyrolysis oil. The addition of energy carriers to the
gasification route showed no economic benefit. The lowest price achieved was 77 €/MWh. In case of
H2 addition, the mills were required to import electricity.
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3 Methodology

This chapter presents the methods used in the thesis comprising of theoretical work based on process
simulations with economic and environmental evaluation, and experimental work in the lab and pilot
lab.

3.1 Process modeling

Modeling was done with the steady-state flowsheet simulation software Aspen Plus® Version 12.
The operation of all process steps is at steady-state conditions (including electrolysis). The software
performs mass and energy balance calculations. Thermodynamic models are used to predict proper-
ties of components. Models have to be correctly chosen depending on the involved components and
process characteristics. A detailed description of the used models can be found in the documentation
of Aspen Plus.

3.2 Reference pulp mill and pulp mill integration

The investigation is performed for a non-integrated sulphate pulp mill in Germany. Table 3.1 shows the
data of the reference pulp mill as used for the integration with the PtX process and calculations. The
data is based on industry information. As the production performance is fluctuating, the presented
numbers are based on mean values of data and on operational experience of the employees.

The PtX plants are integrated in terms of energy and material flows into the pulp mill. Figure 3.1
shows the exchanged energy and material streams for the integration of H2-based routes towards
chemicals and fuels (Chapter 4). Not all streams are valid for every PtX product. For example, FC is
only transferred to the PtX process for MeOH production.

Externally supplied energy to the PtX process is natural gas and electricity. Natural gas is used in
the pulp mill for heating the lime kiln. Additional natural gas is needed for heating of the RWGS
reactor by combustion (only for AA and FT syncrude). Electricity from the grid is imported for the
supply to the PtX process if the onsite available electricity is exceeded. Any type of purge stream
is assumed to be sent to the lime kiln for combustion. The thermal power of replaced natural gas
is equal to the thermal power of the purge stream. If the purge stream exceeds the 50 MWth power
demand of the lime kiln, additional high pressure steam can be produced in the bark or recovery
boiler (Efficiency of 90 % based on LHV of fuel).

The CO2 released by the pulp mill through combustion processes can be captured and converted to
fuels and chemicals. It is assumed that only biogenic CO2 is captured. This assumption is valid since
the plant’s demand will not exceed the available amount of biogenic CO2. The flue gas and capture
process is not further specified as the capture process is modeled with a simplified mass and energy
balance. The demand for deionized water and waste water treatment can be covered by the available
infrastructure onsite. Based on industry information, it is confirmed that the deionized water plant
can supply the water electrolysis with the required water purity. For waste water treatment and
deionized water production, the electricity demand is considered for an increased demand as shown
in Table 3.1. The waste water treatment plant is capable of dealing with the waste water generated
in the processes. Dissolved gases (H2, CO2, CH4, C2H6, CO), MeOH, alkanes, AA and H2O2 can be
present in the waste water. The only critical components are AA and H2O2. H2O2 is already processed
to a maximum inlet concentration of a partial waste water stream (25 % of total waste water) of 1.5
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Table 3.1 Data of reference pulp mill

Parameter Value
Annual pulp production 612,067 ADt
Steam generation recovery boiler 512 t/h
Steam generation bark boiler 86 t/h
Total electricity generation 140 MWel
Electricity surplus fed to grid 60 MWel
Thermal power lime kiln 50 MWth
Lime mud flow 25 twet/h
Water content lime mud 75 wt. %
Foul condensate stream 4.9 kt/a
Bark to bark boiler 162.5 ktwet/a
Other wood residues to bark boiler 76.4 ktwet/a
Annual biogenic CO2 emissions 1,580 kt/a
Annual fossil CO2 emissions 75 kt/a
Annual operating hours 7,500 h/a
Annual H2O2 demand (pure) 14.7 kt/a
Annual O2 demand (pure) 27.6 kt/a
Electricity requirement for O2 production 0.39 MWhel/t O2
Annual waste water amount 15.8 Mt/a
Electricity requirement for waste water purification 1 kWhel/t
Annual deionized water amount 17.1 Mt/a
Electricity requirement for deionized water production 2.0 kWhel/t water
Annual process cooling demand 2,191,172 MWhth
Electricity requirement for process cooling 15 kWhel/MWhth

Figure 3.1 Sketch of the exchanged material and energy flows for the integration as used in Chapter 4 for the
production of chemicals and fuels based on H2
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g/l. The pH value of AA containing waste water can be regulated by in the neutralization unit if
necessary. The other components are not critical.

The pulp mill uses O2 in the pulp bleaching process which is supplied by a pressure swing
adsorption (PSA) plant at a purity of 94 wt. %. The O2 generated in the electrolysis as by-product
can replace the O2 from the PSA plant. Any surplus O2 is assumed to be sold for a low price as
it is not liquefied or under high pressure. The utilization for the improvement of other processes
like O2-enriched combustion or for the waste water treatment plant is not considered. The available
stream from the evaporation plant containing MeOH (FC) is integrated with the Power-to-Methanol
plant.

Heat integration was performed by pinch analysis. After the aggregation of heating and cooling
duties with inlet and outlet temperature of the streams, the hot and cold composite curves are
plotted. The minimum temperature difference was set to 20 °C. A temperature difference of 10 –
20 °C is advised for the chemical and petrochemical industry [172]. The higher bound is chosen for a
more conservative result. The available utilities in the pulp mill for heating and cooling are shown
in Table B.5 in Appendix B.4. The utilities are used for supply or recovery of heat from the process.
The change in steam availability will have an impact on the electricity generation. You will find the
calculation approach for the steam cycle in Appendix B.4. The demand for process cooling is the
minimum cooling demand determined in pinch analysis. For process cooling the available cooling
towers can be used. The electrical energy demands for cooling is shown in Table 3.1. The cooling
demand to condense the steam after the turbine which is caused by a change in electricity generation
is also considered in the change of cooling demand. It is further assumed that generated or supplied
hot water does not affect the steam balance and that a surplus can be used by the pulp mill. If this is
not the case, the process cooling demand would increase accordingly.

The integration with the pulp mill for the lime kiln decarbonization is depicted in Figure 3.2.
Compared to Figure 3.1, the required CO2 is solely captured from the lime kiln’s flue gas. The
integration of heat, deionized water, O2, electricity, purge streams and waste water treatment is
performed as described before. The fuels produced in the fuel preparation process are combusted in
the lime kiln together with purge streams if available. Some cases produce PtX products which can
be sold to the market.

The required biomass (bark or wood residues like rejects or coarse material) can be rerouted from
the bark boiler to the fuel preparation process. If the onsite availability of biomass is not sufficient,
additional biomass must be imported from the market. The lack of biomass in the bark boiler reduces
the steam production resulting in a lower electricity generation. The reduction of high pressure steam
from the bark boiler is calculated based on the energy input of the biomass (LHV based calculation)
and the bark boiler efficiency of 87 % (industry data). The decrease of high pressure steam from the
bark boiler leads to a lower electricity generation which is calculated as described in Appendix B.4.
Additionally, heat integration is performed if applicable to the process.

3.3 Economic evaluation

The economic evaluation of the processes is based on the cost assessment for capital expenditures
(CAPEX) and operating expenditures (OPEX).

3.3.1 Calculation of capital expenditures

In order to calculate the CAPEX the purchased equipment cost C of each process components must be
evaluated. The fixed capital investment (FCI) is calculated according to Equation 3.1. An installation
factor of 6 accounts for the additional cost of installing the equipment and for auxiliary equipment
[173]. For the electrolyzers no installation factor applies.
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Figure 3.2 Sketch of the exchanged material and energy flows for the integration as used in Chapter 5 for the
supply of fuels to the lime kiln

𝐹𝐶𝐼 =

𝑛∑
𝑖=1

6 · 𝐶𝑖 + 𝐶𝑒𝑙𝑒𝑐𝑡𝑟𝑜𝑙𝑦𝑠𝑖𝑠 (3.1)

The Aspen Economic Analyzer was used for the calculation of equipment sizing and cost in most
cases. For equipment that cannot be sized by Aspen the sizing and subsequent cost estimation was
performed based on literature data using typial cost scaling equations [173, 174, 175]. The base year
for the equipment cost is 2021. The equipment cost is adjusted as described in Appendix C.2.1.

3.3.2 Calculation of operating cost

The operating cost (Operating expenditures: OPEX) are calculated as depicted in Equation 3.2.
The calculation includes administration cost CA, plant overhead cost CPO, insurance and taxes CI+T,
operating supervision and clerical assistance CS+C, laboratory charges CLC, Labor cost CL, maintenance
cost CM, cost for natural gas CNG, CO2 cost CCO2, cost for electricity from the grid CE,Grid, cost for
electricity from the pulp mill CE,Pulp, cost for deionized water CDW, cost for CaO makeup CCaO, cost
for biomass CBiomass, revenues from O2 sale CO2,sale, savings of O2 substitution CO2,sub, savings from
substituted H2O2 CH2O2,sub and anthraquinone CAQ. The cost for biomass and CaO are only relevant
in Chapter 5. The cost for replaced H2O2 and cost for anthraquinone are only needed in the H2O2
production process (Section 4.6).

𝑂𝑃𝐸𝑋 = 𝐶𝐴 + 𝐶𝑃𝑂 + 𝐶𝐼&𝑇 + 𝐶𝑆&𝐶 + 𝐶𝐿𝐶 + 𝐶𝐿 + 𝐶𝑀 ± 𝐶𝑁𝐺 + 𝐶𝐶𝑂2 + 𝐶𝐸,𝐺𝑟𝑖𝑑 ...

... + 𝐶𝐸,𝑃𝑢𝑙𝑝 + 𝐶𝐷𝑊 + 𝐶𝐶𝑎𝑂 + 𝐶𝐵𝑖𝑜𝑚𝑎𝑠𝑠 − 𝐶𝑂2,𝑠𝑎𝑙𝑒 − 𝐶𝑂2,𝑠𝑢𝑏 − 𝐶𝐻2𝑂2,𝑠𝑢𝑏 + 𝐶𝐴𝑄

(3.2)

The detailed description of the calculation and assumptions is shown in Appendix C.1.
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3.3.3 Levelized cost of product

The total annualized cost (TAC) are comprised of the annualized capital cost (ACC) and the operating
cost (OPEX) as shown in Equation 3.3.

𝑇𝐴𝐶 = 𝐴𝐶𝐶 + 𝑂𝑃𝐸𝑋 (3.3)

The ACC are calculated as shown in Equation 3.4 using the annuity factor AF.

𝐴𝐶𝐶 = 𝐹𝐶𝐼 · 𝐴𝐹 (3.4)

The AF is calculated as shown below including the interest rate (IR = 8 %) and plant life time (PL
= 20 years).

𝐴𝐹 =
𝐼𝑅 · (1 + 𝐼𝑅)𝑃𝐿
(1 + 𝐼𝑅)𝑃𝐿 − 1

(3.5)

The levelized cost of product (LCOP) is calculated based on Equation 3.6. The TAC are divided by
the annual product output. Besides the mass based calculation, the LCOP can also be based on the
energy content of the product.

𝐿𝐶𝑂𝑃 =
𝐴𝐶𝐶 + 𝑂𝑃𝐸𝑋

𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡
=

𝑇𝐴𝐶

𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡
(3.6)

3.3.4 Sensitivity analysis

With the sensitivity analysis, the impact of cost components and assumptions can be assessed. Ta-
ble 3.2 shows the values altered in the sensitivity analysis. Besides economic assumption, technical
parameters are changed.

Table 3.2 Upper and lower values used in the sensitivity analysis

Lower Base Upper Unit
Electricity from grid 20 60 100 €/MWh
Electricity from pulp mill 60 83 100 €/MWh
Natural gas 15 25 50 €/MWh
Fuel oil 50 80 150 €/MWh
Biomass 10 20 30 €/MWh
MeOH market price 400 800 1200 €/t
Interest rate 6% 8% 10% -
Water electrolysis cost 400,000 600,000 800,000 €/MW
Efficiency water electrolysis 60% 70% 80% -
CO2 capture cost 0 50 80 €/t
CO2 electrolysis cost 600,000 800,000 1,000,000 €/MW
Efficiency CO2 electrolysis 6.4 5.6 4.8 kWhel/kgCO
Maintenance 5% 7% 9% of FCI
FCI anthraquinone process -50% - +50% of FCI

3.4 CO2 balance

In order to assess the environmental impact of the implemented processes and exported PtX products
in terms of climate impact, a simplified CO2 balance calculation was performed. The used emission
factors (EF) are depicted in Table B.4 in the Appendix. The system boundary influences the results
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immensely. Here, the system boundary is chosen from the perspective of the pulp mill and not from
a national level with a consequential approach.

Figure 3.3 shows the system boundary of the CO2 balance for Chapter 4. For the integrated PtX
plant, the system boundary comprises the pulp mill and the PtX plant. In the greenfield case, the
plant is supplied by steam generated with natural gas and electricity only from the grid. In the
greenfield case, emissions for waste water and other utilities are not considered. For the integrated
PtX plants, all electricity consuming utilities are considered in the electricity balance and therefore
included in the CO2 balance.

Figure 3.3 Definition of system boundaries for CO2 balance for integrated (left) and greenfield (right) plant as
used in Chapter 4 for the PtX processes

The CO2 balance for the integrated plant considers emissions from grid electricity (only applicable
for the 150 MWel plants) and additional natural gas needed for the PtX plant (Equation 3.7). Addi-
tionally, for the combustion of purge streams in the lime kiln, the replaced natural gas is included
with a credit in the CO2 balance.

¤𝑚𝐶𝑂2 = ¤𝑒𝐺𝑟𝑖𝑑 + ¤𝑒𝑁𝐺 − ¤𝑒𝑁𝐺,𝑎𝑣𝑜𝑖𝑑𝑒𝑑

= 𝑃𝑒𝑙,𝑔𝑟𝑖𝑑 · 𝐸𝐹𝑔𝑟𝑖𝑑,𝑒 𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦 + ¤𝑚𝑁𝐺 · 𝐿𝐻𝑉𝑁𝐺 · 𝐸𝐹𝑁𝐺 − 𝑃𝑡ℎ,𝑝𝑢𝑟𝑔𝑒 · 𝐸𝐹𝑁𝐺

(3.7)

All product emission factors are either calculated based on the product mass (t CO2/t product) or
the product’s energy content (g CO2/MJ product) as shown in the following equations:

𝐸𝐹𝑝𝑟𝑜𝑑𝑢𝑐𝑡,𝑚𝑎𝑠𝑠 =
¤𝑚𝐶𝑂2
¤𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡

(3.8)

𝐸𝐹𝑝𝑟𝑜𝑑𝑢𝑐𝑡,𝑒𝑛𝑒𝑟𝑔𝑦 =
¤𝑚𝐶𝑂2

¤𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡 · 𝐿𝐻𝑉𝑝𝑟𝑜𝑑𝑢𝑐𝑡
(3.9)

For the greenfield plant, the product emission factor is calculated according to the following
equation. Heat needed or released from the process is assumed with the emission factor of natural
gas and a conversion efficiency of 90 % (based on LHV).

¤𝑚𝐶𝑂2 = ¤𝑒𝐺𝑟𝑖𝑑 − ¤𝑒𝑃𝑢𝑟𝑔𝑒 ± ¤𝑒𝐻𝑒𝑎𝑡 + ¤𝑒𝑁𝐺

= 𝑃𝑒𝑙,𝑔𝑟𝑖𝑑 · 𝐸𝐹𝑔𝑟𝑖𝑑,𝑒 𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦 − 𝑃𝑡ℎ,𝑝𝑢𝑟𝑔𝑒 · 𝐸𝐹𝑁𝐺 ± 𝑃𝑡ℎ,ℎ𝑒𝑎𝑡 ·
𝐸𝐹𝑁𝐺

0.9 + ¤𝑚𝑁𝐺 · 𝐿𝐻𝑉𝑁𝐺 · 𝐸𝐹𝑁𝐺

(3.10)

The system boundary in Figure 3.4 shows the CO2 balance for the lime kiln decarbonization
(Chapter 5). For the lime kiln the annual change in fossil CO2 emissions is calculated.

The CO2 balance comprises the fossil emissions from onsite combustion of fossil fuels namely
natural gas or fuel oil in the lime kiln (¤𝑒𝐹𝑜𝑠𝑠𝑖𝑙𝐹𝑢𝑒𝑙). Not all cases show fossil emissions from the
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Figure 3.4 Definition of system boundary for the CO2 balance used in Chapter 5 for lime kiln decarbonization

combustion of fossil fuels. For some cases, additional electricity is needed from the grid. The
emissions of the grid electricity (¤𝑒𝐺𝑟𝑖𝑑) are included in the calculation. The change in annual fossil
CO2 emissions is summarized by the following equation:

Δ¤𝑒𝐹𝑜𝑠𝑠𝑖𝑙 = ¤𝑒𝐺𝑟𝑖𝑑 + ¤𝑒𝐹𝑜𝑠𝑠𝑖𝑙𝐹𝑢𝑒𝑙 (3.11)

3.5 Key performance indicators

In order to evaluate and compare the processes, the following key performance indicators (KPIs)
are calculated. The Power-to-Fuel efficiency (𝜂𝑃𝑡𝐹) describes the efficiency from electricity to fuel.
The electrical power includes the electricity required for water or CO2 electrolysis (Pelectrolysis) and
the auxiliary processes like for example compression and pumping (PAuxiliary). For the integrated
plants PIntegration includes the increase or decrease of electricity availability in the pulp mill caused
by the integration. For the greenfield plants, PIntegration is excluded. The energy content of the fuel is
calculated using the LHV.

𝜂𝑃𝑡𝐹 =
¤𝑚𝑃𝑟𝑜𝑑𝑢𝑐𝑡 · 𝐿𝐻𝑉𝑃𝑟𝑜𝑑𝑢𝑐𝑡

𝑃𝐸𝑙𝑒𝑐𝑡𝑟𝑜𝑙𝑦𝑠𝑖𝑠 + 𝑃𝐴𝑢𝑥𝑖𝑙𝑖𝑎𝑟𝑦 + 𝑃𝐼𝑛𝑡𝑒 𝑔𝑟𝑎𝑡𝑖𝑜𝑛
(3.12)

The carbon efficiency (𝜂𝐶𝐸) describes the amount of carbon contained in the product to the amount
of carbon feed to the process as CO2.

𝜂𝐶𝐸 =
¤𝑛𝐶,𝑝𝑟𝑜𝑑𝑢𝑐𝑡

¤𝑛𝐶,𝐶𝑂2
(3.13)

The hydrogen efficiency (𝜂𝐻𝐸) is defined as the hydrogen contained in the final product to the
hydrogen entering the process as H2.

𝜂𝐻𝐸 =
¤𝑛𝐻,𝑝𝑟𝑜𝑑𝑢𝑐𝑡

¤𝑛𝐻2,𝑖𝑛
(3.14)

The CO2 abatement cost (AC) is calculated as shown in the following equation:

𝐴𝐶 =
𝐶𝑝𝑟𝑜𝑐𝑒𝑠𝑠 − 𝐶𝑟𝑒 𝑓 𝑒𝑟𝑒𝑛𝑐𝑒

𝑒𝑟𝑒 𝑓 𝑒𝑟𝑒𝑛𝑐𝑒 − 𝑒𝑝𝑟𝑜𝑐𝑒𝑠𝑠
(3.15)

The investigated process is compared to a reference case. The annual cost (C) and annual CO2
emissions (e) of both are needed for the calculation. The base case for the calculations in Chapter 5
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are based on a natural gas fired lime kiln as reference. The reference for the PtX products in Chapter 4
considers the fossil equivalent with market price and emission factor as the reference. The limitations
and issues of AC are discussed in literature [176].

Another indicator for the economic comparison between the products is the increase in pulp price
(IPP) for products sold at current market prices. The calculation is depicted in Equation 3.16. The
difference between TAC of the production process and annual revenue from product sale at market
price of the fossil product has to be covered by the pulp sale. Therefore, the cost difference is divided
by the annual pulp production yielding the increase in pulp price in €/ADt (Air Dried ton).

𝐼𝑃𝑃 =
𝑇𝐴𝐶 − 𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑟𝑜𝑑𝑢𝑐𝑡,𝑚𝑎𝑟𝑘𝑒𝑡𝑝𝑟𝑖𝑐𝑒

𝑚𝑝𝑢𝑙𝑝
(3.16)

3.6 Adiabatic flame temperature

The adiabatic flame temperature (AFT) is the temperature for the combustion of fuel under adiabatic
conditions with the stoichiometric amount of air for complete combustion. The AFT is used in
Chapter 5 for the calculation of the fuel demand in the lime kiln. The calculation model is implemented
in Python using the CoolProp library for calculating the temperature dependent heat capacities.

Input parameters to the model are the elemental composition, the LHV on dry basis and the
temperature of the fuels. Combustion air is supplied at 20 °C with a composition of 79 % N2 and 21 %
O2. The model calculates the air demand for the combustion considering the elements C, H, O and S.
With the air demand and the fuel, the flue gas composition is calculated based on an elemental mass
balance. The energy balance of the process is iteratively calculated converging towards the adiabatic
combustion temperature fulfilling Equation 3.17. The equation shows the energy balance with the
energy inputs by air (calculated with the heat capacity and temperature difference) and by the fuel
(based on the mass flow and the LHV). The reference temperature Tref is equal to the fuel supply
temperature. By doing so, air and flue gas have to be calculated based on this reference temperature.
The integral on the right side of the equation depicts the energy of the flue gas based on the heat
capacity, temperature difference and mass flow of each component (H2O, CO2, SO2, N2). The integral
is evaluated from the reference temperature Tref to TAFT.

¤𝑚 𝑓 𝑢𝑒𝑙𝐿𝐻𝑉𝑓 𝑢𝑒𝑙 + ¤𝑚𝑎𝑖𝑟𝑐𝑝,𝑎𝑖𝑟(𝑇𝑎𝑖𝑟 − 𝑇𝑟𝑒 𝑓 ) =
4∑

𝑛=1

� 𝑇𝐴𝐹𝑇

𝑇𝑟𝑒 𝑓

¤𝑚 𝑓 𝑙𝑢𝑒 𝑔𝑎𝑠,𝑛𝑐𝑝,𝑛 𝑑𝑇 (3.17)

3.7 Experimental work

The experimental work can be divided into the purification of MeOH via rectification, or selective
removal of impurities via activated carbon adsorption and precipitation with Fe(II) ions. For all types
of experiments, the same analytic methods are utilized.

3.7.1 Analytic methods

Karl Fischer titration

The Karl Fischer titration is a quantitative method for the determination of water content in a solution.
The underlying reaction equation for the method is the Bunsen reaction (Eq. 3.18) [177]. For a surplus
of SO2, the addition of iodide will cause the reaction to occur according to the equation until all the
water is consumed. Once the water is consumed, excess iodide will accumulate and can be detected
by its brown color. The used device is TitroLine 7500 KF by SI Analytics which is a fully automated
volumetric Karl Fischer titration.

2 H2O + SO2 + I2 −−−→ 2 HI +H2SO4 (3.18)
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Nitrogen and sulphur analysis

The total nitrogen and sulphur content contained in the samples are measured with the elemental
analyzer multi EA 5000 by Analytik Jena. The sample is combusted and flue gases are sent to the
analyzers.

Density measurement

The density measurement with Anton Parr DMA 4500 was used to determine the water and MeOH
content. The procedure included the measurement of water before and after a set of measurements
in order to confirm that no drift has occurred. Doubles or triplets were measured at 20 °C. Based
on available literature data, the MeOH and water content can be calculated [178]. The assumption
for this calculation is that the sample only contains water and MeOH. The other present components
were neglected as the concentrations are very low.

3.7.2 Methanol samples

The experimental work uses real samples of crude MeOH produced in the pulping process. The
samples were not specifically analyzed for the contained compounds. Known parameters are water
content and the concentration of total sulphur (S) and nitrogen (N) content. Figure 3.5 shows as
diamonds the points from which samples are taken. The technical operation and function of the plant
was discussed in Section 2.8.1. Point "1" is the MeOH stream before the decanter and topping column.
This sample will have higher concentrations of S, N and turpentines than sample point "2". The
topping column removes the light components and the decanter removes the turpentines meaning
that sample "2" will generally have lower S, N and turpentine concentrations. The total mass flow of
incoming SOG from the pulp mill is 650 kg/h. Based on operational experience, the mass flow can
differ depending on for example the season or water content of the processed wood.

Figure 3.5 Process flowsheet diagram of the MeOH purification plant in operation at the pulp mill. The points
of the samples are indicated by two diamond shapes.

Figure 3.6 shows the concentration of S and N in the raw MeOH (sample point "1") for random
sampling days. More than one data point is available for 02.09.2021. The points are connected with
lines for optical reasons. The 17 data points collected between 02.09.2021 and 29.12.2021 show the
wide range of concentrations occurring. The mean value of S and N are 2.71 and 1.13 g/kg. The
high variance of the data points shows that the composition of the samples for the experiments vary
massively. Consequently, the result are difficult to reproduce with another sample taken on a different
day. Furthermore, the samples showed optical differences in color and the amount of turpentines
which accumulated as a second phase.
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Figure 3.6 Concentration of S and N in the raw MeOH shown for samples taken at point "1" for different days
and times

3.7.3 Rectification pilot plant

The experimental purification of MeOH from CO2 hydrogenation and the FC from the pulp mill is
investigated with a pilot plant. The P&ID of the continuously working rectification column is shown
in Figure 3.7. The column itself and most of the auxiliary equipment is manufactured of borosilicate
glass. Smaller parts are made of premium steel and PTFE. The plant operates under atmospheric
pressure.

The feed is pumped from the storage vessel B301 to the column. The pump P301 is a gear pump.
The pump power (0 - 100 %) describes the rotations per minute of the electric drive. As it is a gear
pump, the volume flow correlates linearly with the pump power. With the density of the feed, the
mass flow can be calculated based on the calibration curve of the pump (see Appendix F.1). The
pump can deliver a mass flow in the range of one digit kg/h. The feed can be preheated with heat
exchanger E303 supplied with heat by thermostat TH303. The feed temperature is measured with
T311. The feed position can be changed to every bottom point of a column section as indicated by the
small lines in the P&ID. The column body consists of 4 sections (C301 to C304). The inner diameter
is 43 mm. The column is packed with Sulzer CY with a total length of 4710 mm. The gauze packing
is a high performance packing with a low HETP.

The top of the column is equipped with a cooler and reflux splitter. The splitter is built with a
piston that is lifted by a magnet. The piston is moved according to set times for withdrawal of the top
products and reflux to the column. The withdrawn product is cooled in E304 and collected in vessel
B302. The three way valve between the heat exchanger and storage vessel allows for taking samples
during operation.

The reboiler is heated by thermostat TH301. In order to support the circulation of the liquid for
improved heat transfer, a small N2 stream is introduced to agitate the liquid. The reboiler holds
around 3 l of volume. The withdrawal of the bottom product is regulated with a siphon. Heat
exchanger E305 cools the bottom product. The cooled product flows over the tip of the siphon into
the storage vessel B303. The valve in between allows the sampling during operation.

In total, 13 temperature measurements are installed. Including reboiler and condenser, 10 Pt-100 are
recording the temperature profile along the column. Further measurements are the feed temperature
(T311) and the temperatures of the heating oil leaving the thermostats (T312 and T313). The pressure
difference between the column head and the reboiler vapor phase are measured. This measurement
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Figure 3.7 P&ID of the rectification pilot plant
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hose is constantly flushed with N2 to avoid the accumulation of liquids. The total flow of N2 to the
column is set to 35 cm3/min. The N2 exits at the top of the condenser. All vessels are connected via
a hose system to avoid the buildup of pressure. Most of the components of the plant are placed in a
vented housing for explosion protection.

The feed is weighted and stored in 5 l canister for the experiments. The scale for preparing the
MeOH water mixture has a resolution of 5 g and the scale for the FC samples of 1g. If the integrated
purification is investigated, the water MeOH mixture and FC sample is mixed in the canister before
being poured into the storage vessel B301. As the reboiler is expected to contain mostly water, the
reboiler is filled with deionized water for the start up. The start up phase aims at finding steady-state
conditions as quickly as possible.

During the operation, the parameters are set according to the experimental schedule (see Table
6.2 in Chapter 6). The feed enter at T306 with a temperature of 65 °C. Steady-state conditions were
found for a stable temperature profile across the column length. The start-up phase takes roughly 2
hours and between experiments, the steady state is reached roughly after one hour. The duration of
experiments carry between 1 and 3 hours. Depending on the length of the experiment samples of the
bottom and top product are taken several times. The mass flows of the top and bottom stream are
collected in the storage vessels. After each experiment samples are taken from the storage vessels as
the final value of the product.

The mass balance of the plant is calculated. The input is derived from the density of the feed and
the volume flow of the feed. The output comprises the weight of product in the storage vessels B302
and B303. Additionally, the weight of the samples taken during operation are added. The mass based
distillate to feed ratio is calculated with the feed stream and the top product. The feed stream, top
product and bottom product are sampled. For each sample, the density is measured to calculate the
water and MeOH content. Additionally, the total S and N content of the top and bottom samples is
analyzed in order to close the elemental mass balance. Additionally, the water content was analyzed
by Karl Fischer titration for the feed and top product.

3.7.4 Selective removal of impurities

Activated carbon (AC) or Fe(II) ions are used in experiments for the selective removal of impurities.
The experiments can be divided in a more qualitative set of experiments for the determination
of general process parameters and a quantitative set with triplets for each setting. The S and N
concentration (Section 3.7.1) are determined before and after the experiments. A complete mass
balance was not calculated for the process.

The MeOH samples from the pulp mill are filled together with either AC or Fe(II) ions, and a
magnetic bar in a glass screw top bottle. The bottle is placed on a magnetic stirrer. AC is from Carl
Roth (activated and pulverized). For the supply of Fe(II) ions, iron(II) chloride tetrahydrate (>98 %)
was used. Experiments are run usually at 600 rpm. Time of reaction is varied between 1 and 24 hours.
The temperature of the experiments is generally at room temperature (air-conditioned lab) except for
one experiment at 0°C which was performed in an ice bath. For the qualitative experiments, 80 ml of
crude MeOH are used. In the quantitative experiments the volume is reduced to 50 ml. For increasing
the pH value, 2 ml of 5 M NaOH solution are added to the bottles to adjust the pH value to roughly
12. After the experimental run, the solid is filtered out with a paper filter. In case of the recycling of
the AC, the AC is dried at 105 °C.
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4 Process simulation of PtX routes

This chapter presents the mass and energy balance, economic evaluation, CO2 balance and the process
simulations of the integrated PtX production routes. The following processes were modeled:

– Methanol (4.4)

– Synthetic Natural Gas (4.5)

– Hydrogen peroxide (4.6)

– Acetic acid (4.8)

– Fischer Tropsch syncrude (4.7)

The theoretical background of the processes can be found in Section 2.6. The plants are scaled to two
plant sizes with an electricity demand of the electrolysis of 50 MWel or 150 MWel. The processes were
integrated into the pulp mill. For comparison of key performance indicators and CO2 emissions, the
greenfield plant are used as benchmark for comparison.

4.1 Carbon capture

MEA absorption, a well-established technology for carbon capture from flue gases emitted by power
plants, is chosen for post-combustion capture to separate CO2 [179, 55]. To determine the simplified
mass and energy balances, reference data was utilized. A CO2 capture rate of 90 % was assumed,
although higher rates are possible. Higher capture rates would increase energy requirements and
costs [179]. The reboiler duty for a 30 wt.% MEA solution ranges from 3.6 to 4.0 GJ/t CO2 [180].
However, more advanced process configurations can reduce the reboiler duty to a range of 3.52 to
2.22 GJ/t CO2 [181]. For this study, we assume a reboiler energy demand of 3.5 GJ/t CO2 operating
at 120°C [61, 182]. Cooling requirements were not considered. The electricity demand was estimated
at 0.5 MJ/kg CO2 [183]. CO2 leaves the process at 25 °C and 1 bar.

4.2 Water electrolysis

The alkaline water electrolyser was chosen as technology for the calculations. Advantages in contrast
to PEMEL are predominantly the lower cost [48, 49]. The flexibility of a PEMEL is also not required
in case of operation in a pulp mill. The water electrolysis is modeled as a black box model satisfying
the mass and energy balance of the process. The mass balance is based on reaction equation 2.16.
The purity of H2 and O2 was set to 100 %. H2 leaves the water electrolysis at a pressure of 30 bar
and temperature of 80 °C. The investment cost of the electrolyser is 600,000 €/MW. The lifetime was
assumed to 10 years. As base case, the efficiency of the electrolysis is chosen to be 70 % based on the
LHV of H2. This number is in line with literature data [48, 49]. The efficiency is supposed to increase
to 74 % till 2050 according to Irena [48].

The operation of the water electrolysis releases heat. For a 1 GW electrolyser, the heat removal was
assessed to 171 MW for a PEM electrolyser [184]. In this work the waste heat generation is assumed
to be 20 % of the electrical power input. The rest (10 % electrical power input) is dissipated to the
environment or is used for heating the incoming water to the required operating temperature.
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4.3 CO2 electrolysis

The CO2 electrolysis model is based on the commercial process by Halder Topsoe called eCOs. It
consists of a high temperature solid oxide electrolyser cell and membrane separation (see Appendix A).
The reaction proceeds according to Equation 2.18 where CO2 is reduced to CO on the cathode and O2
evolves on the anode side. The model is based on a black box model that satisfies the mass balance
as described by the reaction equation. Consequently, the carbon efficiency of the process is 100 %.
Additionally the energy consumption was estimated to be 7 kWh/m3 [85, 185]. The CO stream has a
purity of 99.5 mol% [2]. Impurity arises only from CO2 [2]. The CO stream is assumed to leave at 40
°C. The oxygen stream from the anode has a purity of 100 %. The economics for high temperature CO2
electrolysis in literature are mostly based on a comparison of the process with established electrolysis
technologies [186, 187, 188]. In this assessment 800,000 €/MW are used for the investment cost with
a life time of 10 years. The cost are comparable to SOEL systems for H2 production [48, 49, 189].
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4.4 Production of methanol

The methanol (MeOH) models and results are presented in this section. Table 4.1 shows the four
investigated cases. Since the pulp mill produces a MeOH rich stream at the evaporation plant, this
stream is integrated with the Power-to-Methanol process in two cases indicated with "-FC". The
condensed SOG is the methanol stream referred to here as "FC".

Table 4.1 Definition of cases for the MeOH models

Case Plant size in MWel Foul condensate
50 50 -
150 50 -

50-FC 150 x
150-FC 150 x

4.4.1 Process design and modeling

The flowsheet of the MeOH model also including the pretreatment step for FC is depicted in Figure
4.1. As property method for the parts with high pressure RKSMHV2 was used. In the low pressure
separation section the NRTL-RK model was applied. Henry components are defined for CO2, CO,
H2S, NH3 and H2. The foul condensate treatment uses NRTL as property method. According to the
IMPCA specification, the purity of MeOH must be higher than 99.85 wt. % and the water content
should be below 0.1 wt. % [190]. Therefore in this simulation the purity for MeOH is set to 99.9 wt. %.
The sulphur content, relevant for the cases with FC from the pulp mill, is limited to 0.5 mg/kg [190].

Figure 4.1 Flowsheet of the MeOH model in Aspen Plus. The pretreatment step for the foul condensate (FC) is
shown in blue.

CO2 is compressed in a four stage compressor with intercooling to the process pressure of 50 bar.
H2 is compressed in a two stage compressor with intercooling. The molar ratio of H2 to CO2 was set
to 3:1 according to the stoichiometry of the reaction equation. The reactor feed is then mixed with the
recyled gas stream and preheated before entering the reactor. The outlet temperature of the feed to
the reactor was set to 215 °C with a temperature approach of 30 °C. The isothermal reactor at 250 °C
is modeled with the kinetcis based on Vanden Bussche and Froment with adjustments by Mignard
and Pritchard [191, 192]. Since the rection is exothermal, high temperature heat can be gained from
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the reactor. A pressure drop of 2 bar in the reactor was assumed representing the pressure drop in
the whole reaction section.

After preheating the feed stream to the reactor, the outlet stream from the reator is cooled to 55°C
in order to separate the unreacted gas from the liquid products in FLASH1. The gaseous stream is
compressed and recycled back to the reactor feed. A purge of 0.5 wt. % of the recycle stream ensures
no accumulation of inert gases. The liquid product stream is degased in another flash drum FLASH2
after pressure reduction to 1 bar. The gaseous stream is compressed in a three stage compressor with
cooling and liquid removal between the compressor steps. Liquids are returned to FLASH2. In the
distillation column, water and MeOH are separated. The specifications are set to ensure a MeOH
content of 0.2 wt.% in the waste water and a MeOH content at the top of 99.9 wt. %. The parameters
of the distillation column C1 is shown in Table D.1 in the Appendix. Both waste water and MeOH
are cooled to 30 °C.

For the integrated foul condensate treatment, one stripping column separates the light components
like H2S, DMS and NH3. This pretreatment process is necessary to meet the required purities of
sulphur in the final product. The composition of the foul condensate is given in Appendix D.1. Heat
exchanger FC-HX1 cools the top product to 60 °C. In the flash separator, MeOH can be recovered as
liquid phase. The settings of column F-C1 are also found in Table D.1 in the Appendix.

4.4.2 Technical and energetic analysis

The KPIs of the MeOH production process is summarized in Table 4.2. The carbon efficiency of the
MeOH process is 95.8 %. When adding the FC, the carbon efficiency increases further which is based
on the mathematical definition of the carbon efficiency. A carbon efficiency above 100 % is reached
for 50 MWel-FC as the MeOH output is increased along with no increased CO2 input following
the calculation as described in Equation 3.13. The same observation can be made for the hydrogen
efficiency. The calculations incorporates the MeOH output but only the H2 fed to the process as input.
The Power-to-Fuel efficiency of the greenfield process without FC is 56.7 %. Due to the integration
with the pulp mill it decreases for the 50 and 150 MWel plant as the process reduces the availability
of electricity.

Table 4.2 KPIs for MeOH processes (𝜂𝑃𝑡𝐹 in brackets is for greenfield plant)

Case 50 MWel 150 MWel 50 MWel-FC 150 MWel-FC
𝜂𝐶𝐸 95.8% 95.8% 102.2% 97.9%
𝜂𝐻𝐸 63.8% 63.8% 68.1% 65.3%
𝜂𝑃𝑡𝐹 56.5% (56.7%) 55.5% (56.7%) 60.2% (60.5% ) 56.7% (58.0%)

The mass balance of the process is shown in Appendix D.1. Furthermore, the mass balance of the
contaminants (sulphur and nitrogen containing compounds, and terpenes) introduced with the foul
condensate is shown in Table D.4 in the Appendix.

Table 4.3 presents the energy balance of the process. Besides electricity for water electrolysis, the
MeOH process also requires electrical energy for compression and pumping which adds 7.4 MWel
for the 150 MWel plants to the electricity demand. The integration also causes a higher electricity
demand which is further explained in the next section. The energy input via FC is 2.2 MWth. The
MeOH production process is a net heat exporter for all cases. However, as shown via pinch analysis,
the process requires steam from the pulp mill as not enough high temperature heat is available. The
purge streams of the MeOH process and FC pretreatment process are used in the lime kiln and can
replace up to 9 % of the thermal energy demand.

4.4.3 Integration

The impact of the MeOH plants on the pulp mill’s utilities are depicted in Table 4.4. The O2 demand
of the pulp mill is met for all cases. Indeed, a huge surplus is generated. The increase in waste water
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Table 4.3 Energy balance of MeOH process in MWel or MWth (a only MeOH considered)

Case 50 MWel 150 MWel 50 MWel-FC 150 MWel-FC
Input

Electricity total 52.7 160.9 52.7 161.0
- Water electrolysis 50.0 150.0 50.0 150.0
- Compression 2.5 7.4 2.5 7.4
- Integration 0.2 3.5 0.3 3.6
FCa - - 2.2 2.2
Heat 11.3 33.9 11.7 34.7

Output
MeOH 29.8 89.3 31.7 91.2
Heat 21.5 64.4 21.8 65.2
Purge 1.4 4.3 1.7 4.6

is marginal compared to the treated waste water in the pulp mill. The increase for deionized water
is similarly marginal. With the process 3 and 10 % of the available CO2 of the pulp mill must be
captured for the 50 and 150 MWel process. The purge streams can be combusted in the lime kiln and
substitute up to 9 % of the heat demand for 150 MWel-FC. The purge streams consist of purge from
the head product of FC-C1 and of the recycle stream around the MeOH reactor.

Table 4.4 Impact of integrating the MeOH plants (Positive values for electricity generation due to heat integra-
tion means a drop in electricity generation)

50 MWel 150 MWel 50 MWel-FC 150 MWel-FC
CO2

CO2 separated 57,321 171,962 57,321 171,962 t/a
Share of total CO2 3% 10% 3% 10%

O2
O2 production 62,517 187,551 62,517 187,551 t/a
Coverage of O2 demand 227% 680% 227% 680%

Waste water treatment
Additional amount 22,747 68,241 24,450 69,966 t/a
Increase in waste water 0.1% 0.4% 0.2% 0.4%

Deionized water
Additional amount 70,394 211,182 70,394 211,182 t/a
Increase in deionized water 0.4% 1.2% 0.4% 1.2%

Heat integration
Electricity generation 1.55 4.66 1.60 4.78 MWel
Process cooling demand 4.2 12.5 4.5 13.3 MWth

Lime kiln
NG replaced 1.4 4.3 1.7 4.6 MWth

The electricity availability in the pulp mill decreases by 1.55 to 4.78 MWel. The detailed analysis on
the electricity balance is presented in Table 4.5. Based on the pinch analysis, the electricity generation
in the pulp mill will decrease due to a demand of the MeOH process for low and medium pressure
steam. The detailed results of the pinch analysis are presented in Appendix D.1. The increase in
electricity demand for waste water treatment, deionized water generation and process cooling is
marginal. As the O2 demand is covered by O2 from water electrolysis, the O2 plant can be shut down
leading to an electricity availability of 1.43 MWel.
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Table 4.5 Effect of integration on the electricity balance of the pulp mill (positive values mean a decrease in
electricity availability)

50 MWel 150 MWel 50 MWel-FC 150 MWel-FC
Waste water treatment 0.00 0.01 0.00 0.01
Deionized water 0.02 0.06 0.02 0.06
O2 -1.43 -1.43 -1.43 -1.43
Heat integration 1.55 4.66 1.60 4.78
Process cooling 0.06 0.18 0.07 0.19
total 0.20 3.48 0.26 3.60

4.4.4 CO2 balance

The emission factor of MeOH is shown in Figure 4.2 for the variation of the used grid electricity
emission factor. For the 50 MWel plants, represented by horizontal lines in the figure, no electricity is
imported from the grid. Since the purge streams can replace natural gas in the lime kiln, the resulting
emission factor is -3 g CO2/MJ for the 50 MWel plant.

Figure 4.2 Impact of electricity emission factor on the emission factor of MeOH (Reference: 97.1 g CO2/MJ for
MeOH produced from natural gas [193])

The 150 MWel plants show a linear increase with the emission factor of electricity. The intersection
with the y-axis is at the same point as the corresponding plant with 50 MWel input to the electrolysis.
The slope of both curves is very similar. 150 MWel-FC shows a slightly smaller slope since the product
output is increased by the addition of the FC at an equal electricity demand compared to the 150
MWel plants. The greenfield plant shows a higher y axis intersection point as the heat demand of the
process is covered by steam generated from natural gas combustion (see Table D.6 in the Appendix).
Furthermore, the curve is steeper since all electricity is taken from the grid. Consequently, the
impact of the grid electricity is more severe on the product’s emission factor. The comparison with
the reference value for fossil MeOH gives a marginal emission factor of 0.16 t CO2/MWh. For the
integrated 150 MWel plants the marginal emission factor is roughly at 0.32 t CO2/MWh.
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4.4.5 Economic analysis

The levelized cost of MeOH (LCOM) ranges from 1207 to 1500 €/t as shown in Figure 4.3. The
detailed cost breakdown is shown in Table D.5 in the Appendix. The cases including FC have lower
cost compared to their equivalent plant size without FC as the added FC increases the product amount
with minor additional investment and operating cost. No cost is assigned to the FC. The LCOM drops
by 6 and 2 % for the 50 and 150 MWel plant size compared to the plants without FC.

The LCOM is dominated by the operating cost (84 % of TAC) and especially by electricity cost. For
the 50 MWel plant, the impact of electricity cost is the highest and accounts for 820 €/t MeOH. The
revenue of O2 sale is in the range of 67 to 72 €/t MeOH. The LCOM is also depicted in Figure 4.3
excluding the electricity cost. The resulting prices are able to be below current market prices (800
€/t). The LCOM without ACC is reduced by 195 to 244 €/t MeOH. Resulting cost are not competitive
with current market prices.

Figure 4.3 Levelized cost of MeOH

The increase in pulp selling price is calculated to a maximum of 85 €/ADt for the 150 MWel plant
(Table 4.6). Generally, the 50 MWel plants have lower impact on the pulp price as the product amounts
are roughly only one third of the larger plants but associated with higher LCOM. Furthermore, cases
with FC show slightly lower prices than without FC. The CO2 abatement cost are 303 and 349 €/t
CO2 for the 50 MWel plants with FC and without FC. The abatement cost are not calculated for the
150 MWel plants as the cases lead to an increase in CO2 emissions.

Table 4.6 Increase in pulp selling price in €/ADt for market enumeration (800 €/t) of MeOH and CO2 abatement
cost in €/t CO2

Case 50 MWel 150 MWel 50 MWel-FC 150 MWel-FC
Increase in pulp price 46 85 42 82
CO2 abatement cost 349 - 303 -

The sensitivity analysis (see Figure D.1 in the Appendix) confirms the high impact of electricity
related changes. The electricity cost shows changes in LCOM of up to 22 %. The cost and efficiency
of water electrolysis also influence the LCOM substantially for all cases of up to 13 %.
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4.4.6 Discussion

Table 4.7 summarizes studies on the production of MeOH from CO2 and H2 since 2019. The table
might not be comprehensive. Further reading on process comparisons can be found here [194].
The operating pressure varies between 50 and 92 bar. The most used reactor type is the isothermal
reactor operating at 210 to 290 °C. The other reactor modes show a bit wider range of temperatures.
Temperatures below 200 °C can be considered unreasonable [104] and is only found in one case. The
reactor temperature is a tradeoff between per pass conversion due to the exothermicity of the reaction
and the recoverable heat desirably at higher temperatures.

Carbon efficiencies range from 56.6 to 100 %. Due to purge streams, by-product formation and
dissolved CO2 or CO in the liquid streams leaving the process, high carbon efficiencies of 100 %
are unreasonable. The lower range of carbon efficiency also seems unreasonable since the process
should be optimized to convert as much carbon as possible to MeOH. Most studies report efficiencies
above 90 % which is a reasonable value. The Power-to-Fuel efficiency depends on the efficiency of
the electrolyser. As SOEL usually reaches higher efficiencies, the resulting PtF efficiency also shows
higher values of up to 79 %. For the low temperature electrolysers (usually between 60 and 70 %
efficiency), the PtF efficiency ranges between 40 and 60 %.

The plant sizes cover a wide range from 5.9 to 1904 (with electrolysis efficiency of 70 % for [195])
MWel. The LCOM range from 325 to 2646 €/t. Almost all studies report cost below 1000 €/t.
The comparison of cost between the lowest reported LCOM is difficult as all studies have different
assumptions and boundary conditions. The comparison of electricity cost would be the most valuable
parameter to explain the low cost. Zhang et al. report levelized cost below 500 €/t with an electricity
price of 62 €/MWh, a high O2 selling price of 150 €/t O2 and a high efficiency electrolysis [196].
Schemme et al. and Cordero-Lanzac et al. use a H2 price of 4.6 €/kg and 3.0 €/kg [197, 198]. The H2
price in this thesis just based on investment for the electrolysis and electricity cost equals 3.6 or 4.7
€/kg for grid electricity or electricity from the pulp mill. The cost breakdown does not show how the
low cost are derived for these publications with extraordinary low LCOM.

Concerning the CO2 balance, the pulp mill integrated plants show great potential to produce low
emission MeOH. The green heat available at the pulp mill is one advantage compared to greenfield
plants. Furthermore, the integrated 150 MWel plant can almost produce MeOH that is competitive
with MeOH derived from fossil resources based on the German grid mix. For lower emission factors
of grid electricity, the plant can easily reach the emission reductions of 70 % as defined by the
European Union [210]. For the integrated plants, the emission factor for grid electricity is at roughly
0.1 t CO2/MWh to reach the 70 % emission reduction. For the greenfield plant the emission factor is
0.02 t CO2/MWh which can hardly be reached by any means of renewable electricity generation.

4.4.7 Intermediate summary

The production of MeOH via CO2 hydrogenation was presented in this section. The main findings
are:

• The MeOH produced by CO2 hydrogenation combined with the MeOH from the pulp mill
reaches for all plant sizes the required purities of the final product. The FC stream (2.2 MWth)
increases the product output and can be valorized.

• The Power-to-MeOH process shows high carbon efficiencies. With FC, the carbon efficiencies
can mathematically be increased. The Power-to-Fuel efficiency reaches 56.5 % for the 50 MWel
plant. Compared to the greenfield plant, the efficiency is decreased due to the integration with
the pulp mill.

• The integration with the pulp mill shows an increased heat demand of the process for low
and medium pressure steam which leads to a reduced electricity production. Waste water
amount, deionized water demand and cooling demand increase only marginally compared to
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the amounts processed in the pulp mill. The pulp mill’s O2 demand can be fully satisfied. The
purge streams are energetically used to replace natural gas in the lime kiln.

• The 150 MWel plants show marginal emission factors at roughly 0.32 t CO2/MWh. The 50 MWel
plants show a slightly negative emission factor as no electricity is imported from the grid and
natural gas can be substituted in the lime kiln.

• The levelized cost are between 1207 and 1500 €/t with the electricity cost as the most important
cost factor. The plants with integrated FC purification show lower product cost. The CO2
abatement cost are 303 and 349 €/t CO2 for the 50 MWel plants with and without FC purification.
The increase in pulp price ranges from 42 to 85 €/ADt.
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4.5 Production of synthetic natural gas

In the following section, the process for the production of SNG from H2 and CO2 is introduced and
results are presented. Plant sizes with 50 and 150 MWel electricity input to the electrolysis were
investigated.

4.5.1 Process design and modeling

Figure 4.4 shows the flowsheet of the SNG model implemented in Aspen Plus. The model uses
the Soave-Redlich-Kwong property method which is suitable for hydrocarbon processing and gas
processes.

Figure 4.4 Flowsheet of the SNG model in Aspen Plus

CO2 is compressed in a two stage compressor with inter-cooling to 12 bar. H2 is throttled from 30
to 12 bar. Together with the recyle stream, the gas is preheated in HX1 by cooling the outlet of reactor
RX1. The outlet temperature in this heat exchanger for the cold stream entering the reactor is set to 300
°C with a temperature approach of 30 °C. RX1 and all other reactors are modelled as adiabatic reactors
with the kinetic model based on Neubert et al. [211]. The kinetic model is retrieved from Zang et al.
including the adjustments of Rönsch et al.[212, 213]. A pressure drop of 0.5 bar was assumed in each
reactor to also take into account losses in other parts of the plant like heat exchangers. The gas after
RX1 has a temperature of 606 °C. It is cooled to 300 °C after HX2. The stream is split and 65 wt.%
is recycled back to RX1 via compressor COMP1. The other gas stream follows a series of adiabatic
reactors with inter-cooling and two water knockout drums. The gas in RX2 is heated from 300 °C to
499 °C. It is cooled in HX3 to 250 °C. The temperature after RX3 increases to 377 °C. HX4 reduced the
temperature to 25 °C. The condensed water is removed in FLASH1 (adiabatic). After the flash drum
the gas stream is preheated to 250 °C before it enters reactor RX4. After cooling the reactor outlet
stream to 20 °C, the condensed water is removed in another flash drum. The resulting SNG contains
95.4 mol% CH4, 3.8 mol% H2, 0.5 mol% CO2 and 0.2 mol% H2O. If the SNG shall be fed to the grid
further adjustments to reach the required specification might be necessary like for example drying.

The temperatures occurring in the reactors are in the range of available catalyst from Haldor Topsoe
(250 - 700 °C) [114]. Reactors are sized to reach a GHSV of 4000 h-1 with a bed porosity of 0.44 [214].
Reactors have a length of roughly 4 to 6 m. The diameter was sized according to the reactor volume.

4.5.2 Technical and energetic analysis

Table 4.8 shows the KPIs for the SNG processes. Carbon and hydrogen efficiency are the same for all
processes since the process design is independent of plant size. In terms of carbon efficiency, the SNG
production reaches a very high efficiency which is due to the high conversion and the once through
process design with no purge streams. The calculation includes only methane as product. Carbon is
lost via the waste water and as unreacted CO2 or CO in the SNG. The hydrogen efficiency is below 50
% with water production through the SNG reaction being the major loss.
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Table 4.8 KPIs for SNG processes (𝜂𝑃𝑡𝐹 in brackets is for greenfield plants)

Plant size 50 MWel 150 MWel
𝜂𝐶𝐸 98.4% 98.4%
𝜂𝐻𝐸 49.2% 49.2%
𝜂𝑃𝑡𝐹 58.9% (56.5%) 57.7 % (56.5%)

The Power-to-Fuel efficiency depends on the plant size for the integrated plants since integration
does not scale linearly with plant size. For this reason, the 50 MWel plant shows a by 1.2 % higher
efficiency than the 150 MWel plant. For the greenfield plant, the efficiency is due to no synergistic
integration effects lower and independent of plant size.

The energy balance of the SNG plants (Table 4.9) shows a surplus of heat which can be used
effectively in heat integration as discussed later. The SNG output is at 28.9 and 86.7 MWth,LHV for the
50 and 150 MWel plant. Besides electricity to the water electrolysis, the process needs electricity for
the compressors in the SNG process and for pumping in the MEA process. The amount of additional
electricity needed is canceled out by the electricity demand through integration with the pulp mill
for the 150 MWel plant. For the 50 MWel plant the electricity demand through integration can excel
the demand for compression and pumping. The mass balance of the process is shown in Appendix
D.2.

Table 4.9 Energy balance of SNG process in MWel or MWth

Plant size in MWel 50 150
Input

Electricity total 49.1 150.2
- Water electrolysis 50.0 150.0
- Compression and pumping 1.2 3.7
- Integration -2.1 -3.4
Heat 6.0 17.9

Output
SNG 28.9 86.7
Heat 20.3 61.0

4.5.3 Integration

The impact of the SNG process on the pulp mill’s utilities is shown in Table 4.10. Generally, the
increase in waster water and deionized water demands are marginal in comparison to the mass flows
already processed in the pulp mill. The SNG plants are only capable to process 3 or 8 % of the total
available CO2. With O2 as by-product, the pulp mill is able to cover the O2 demand. Steam generated
with excess heat can be used for the generation of 0.72 or 2.16 MWel.

The overall impact on the electricity balance of the pulp mill is shown in Table 4.11. A marginally
increased energy demand is calculated for waste water treatment, deionized water and process
cooling. Since the supply of O2 can be completely satisfied by water electrolysis, 1.43 MWel of the O2
plant become available. Additional electricity can be generated in the turbines by the utilization of
excess heat from the process. Especially high pressure steam can be generated in the SNG processes.
In Appendix D.2 you find details on the heat integration. Since the savings of O2 production do not
scale with plant size, the surplus electricity for the 50 MWel plant size will have a higher impact than
for the larger plant size.
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Table 4.10 Impact of integrating the SNG plants (Positive values for electricity generation due to heat integration
means a drop in electricity generation)

Plant size in MWel 50 150 Unit
CO2

CO2 separated 42,991 128,974 t/a
Share of total CO2 3% 8%

O2
O2 production 62,516 187,549 t/a
Coverage of O2 demand 227% 680%

Waste water treatment
Additional amount 35,103 105,310 t/a
Increase in waste water 0.2% 0.7%

Deionized water
Additional amount 70,393 211,180 t/a
Increase in deionized water 0.4% 1.2%

Heat integration
Electricity generation -0.72 -2.16 MWel
Process cooling demand 2.3 6.8 MWth

Table 4.11 Effect of integration on the electricity balance of the pulp mill (positive values mean additional
electricity demand)

Plant size in MWel 50 MWel 150 MWel
Waste water treatment 0.00 0.01
Deionized water 0.02 0.06
O2 -1.43 -1.43
Heat integration -0.72 -2.16
Process cooling 0.03 0.10
Total -2.10 -3.43
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4.5.4 CO2 balance

Since the emission factor of SNG is massively dependent on the carbon intensity of electricity (if
imported from the grid), Figure 4.5 shows the emission factor of SNG over the emission factor of the
grid electricity. For the integrated 50 MWel plant, the emission factor is calculated to 0 g CO2/MJ, as
it is independent of the grid electricity. For the integrated plant with 150 MWel, part of the electricity
is sourced from the grid and therefore the grid electricity influences the emission factor of SNG.
Furthermore, the integration with the pulp mill allows for a higher electricity production reducing
the need for electricity from the grid (see Table 4.11). For the greenfield plants, all electricity is taken
from the grid. A small credit is given for the production of surplus heat which replaces natural gas
as energy source. The emission factor for the integrated plant is damped due to the electricity supply
from the pulp mill indicated by the decreased slope compared to the greenfield plant’s slope.

This fact also becomes obvious when looking at the marginal emission factor for electricity. Natural
gas as reference is shown as the dashed horizontal line with a value of 55.8 g CO2/MJ [215]. The
intersection with this line represents the emission factor for electricity to yield SNG with an emission
factor equal to the fossil equivalent. The marginal emission factor for the 150 MWel plant are 0.124
for the greenfield or 0.193 t CO2/MWh for the integrated plant.

Figure 4.5 Impact of electricity emission factor on the emission factor of SNG (Reference: Natural gas with 55.8
g CO2/MJ [215])

4.5.5 Economic analysis

The levelized cost of SNG (Figure 4.6) are calculated for 50 and 150 MWel to 240 and 206 €/MWh.
The difference in cost between the plant size is derived from the lower cost for the grid electricity and
the economy of scale for the capital cost which also translates to other cost categories like for example
maintenance. However, only the chemical plant profits from the economy of scale as the electrolysis
has a scaling factor of 1. Comparing the levelized cost of SNG to market prices of 25 €/MWh shows the
immensely higher cost for SNG. Of course, natural gas is traded on the market with prices variation
that can lead to making SNG more competitive. Main cost drivers of the LCOSNG are electricity and
the annualized capital cost which account for roughly 58 % and 15 %. The water electrolysis accounts
for 80 % or 89 % of the investment cost for the 50 and 150 MWel plant.
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Figure 4.6 Levelized cost of SNG

Since the electricity cost has a very high share, Figure 4.6 shows the levelized cost for an electricity
price of 0 €/MWh. For free electricity, the cost drops to 100 or 86 €/MWh which is still a 3 to 4 fold
increase compared to the normal market price for natural gas. The stars display the cost without
capital cost. Here the levelized cost are reduced by about 35 €/MWh.

The sensitivity analysis in Appendix D.2 shows that electricity related changes have a major impact
on the levelized cost of SNG. First of all, the electricity price either for grid electricity or electricity
from the pulp mill has a major impact on the cost. It is very obvious that the impact of electricity cost
on the total cost predominate. Furthermore, the efficiency of the water electrolysis can change the
LCOSNG by roughly + 14 % or by -12 % for both plant sizes. The change in efficiency influences the
electricity cost and the investment cost of the electrolysis at the same time. The investment cost of the
water electrolysis has a medium strong effect on the LCOSNG. The impact of annuity, CO2 price and
maintenance cost is the smallest for both plant sizes.

The increase in pulp price to cover the SNG sold at market price (25 €/MWh) would be 76 and 192
€/ADt pulp for the smaller and larger plant size. CO2 abatement cost are calculated to 1076 €/t CO2
for the 50 MWel plant. Abatement cost are not calculated for the 150 MWel plant since CO2 emissions
are increasing for the German grid mix.

4.5.6 Discussion

Table 4.12 shows recent studies on the production of SNG from CO2 and H2. For all studies, the
H2/CO2 equals 4 which is the stoichiometry of the reaction (see reaction 2.31). Studies on co-
electrolysis are not included. However, co-electrolysis shows higher efficiencies and better economics
compared to a SOEL for pure H2 production [216, 217].

Comparing the levelized cost of SNG to market prices for natural gas reveals a big difference.
The calculated cost for the integrated cases show 8 to 10 fold higher prices considering a natural
gas price of 25 €/MWh. The levelized cost represent production cost not including a revenue for
the manufacturer meaning that real market prices must be even higher than the LCOSNG. A green
premium can be expected for sustainable SNG. However, this premium is very unlikely to cover the
gap between market price and LCOSNG.
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SNG prices shown in Table 4.12 generally also show tremendously higher cost in comparison to
natural gas. Prices range from 28 to 567 €/MWh. However, a detailed comparison is difficult since
economic and technical assumptions differ. The wide scattering indicate the impact of different
assumption. Just considering electricity cost and the PtF efficiency of the greenfield process (56.5 %),
an electricity price of 14 €/MWh must be applied to reach a LCOSNG of 25 €/MWh. Therefore, very
low LCOSNG as calculated by some studies seem very unrealistic.

The PtF efficiency comparison shows also a wide scattering with values mostly above 60 %. Due
to the higher efficiency of the SOEL, one would expect even higher PtF efficiency. This relation is
however not clearly visible from the data.

4.5.7 Intermediate summary

The production of SNG via CO2 hydrogenation integrated in a pulp mill was presented. Main findings
are:

• The LCOSNG are calculated to 240 and 206 €/MWh for the 50 and 150 MWel plant size. The
price clearly exceeds the natural gas price. Main cost driver is the electricity cost.

• Carbon efficiencies of the process are very high (98.4%) due to the almost full conversion and
once through process layout without purge streams. Consequently, captured CO2 can efficiently
be converted to SNG.

• Through integration with the pulp mill, waste heat from the SNG process can generate addi-
tional electricity in the pulp mill. Together with savings from the O2 production, the process
integration shows a net positive electricity balance. The O2 demand can be met by the O2 from
the water electrolysis.

• The PtF efficiency of a greenfield plant is 56.5 %. With the pulp mill integration, the efficiency
is increased by the electricity surplus of integration to 58.9 and 57.7 % for the 50 and 150 MWel
plant.

• The marginal emission factor for grid electricity is 0.124 t CO2/MWh (150 MWel plant). The
integrated plant can more effectively reduce the emission factor of SNG compared to a greenfield
plant. One downside of SNG is that it cannot in contrast to other processes substitute natural
gas by purge stream combustion in the lime kiln.

A detailed evaluation of using SNG in the lime kiln of the pulp mill is presented in Chapter 5.
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4.6 Production of hydrogen peroxide

This section is concerned with hydrogen peroxide (H2O2) production. Table 4.13 shows the three
investigated cases. H2O2 is used in the pulp mill for pulp bleaching. The pulp mill is supplied with
a 50 to 60 wt. % solution of H2O2 which is further diluted for application in the pulp mill. In all
investigated cases a stream of crude H2O2 will be directly used onsite without purification (water
removal). The H2O2 for the market is purified to 70 wt. %. Three plant sizes are investigated with
one being able to exactly cover the H2O2 demand of the pulp mill.

Table 4.13 Definition of cases for the H2O2 models

Case Plant size in MWel Purification
6 5.5 no
50 50 partial
150 150 partial

4.6.1 Process design and modeling

The production process of H2O2 is based on the commercial anthraquinone process as described in
Section 2.6.5. Figure 4.7 shows the model as implemented in Aspen Plus. The model uses UNIF-LL
and NRTL as property methods. Henry components are not used for simplicity. UNIF-LL is suitable
for polar, non-electrolyte processes at low pressure with two liquid phases as present in the working
solution. The method is limited to a certain temperature range (10 - 40 °C) which is exceeded in
parts of the model. Furthermore, the method is only advised for preliminary design calculations.
However, it is the best fit for the process type and conditions. NRTL is used for the calculations in
the purification section.

Figure 4.7 Flowsheet of the H2O2 model

The working solution consists of the quinone and a solvent mixture. 2-ethyl anthraquinone (AQ,
CAS: 84-51-5) is used as quinone which is the most commonly used one [116]. 2-ethyl anthrahydro-
quinone (AHQ) is not available in the databank and was therefore added by drawing the molecular
structure. The quinone concentration in the working solution is 17 wt. % which is the lower bound
reported in [232]. In the hydrogenated form it is soluable in polar solvents [115]. Tributyl phosphate
(CAS: 126-73-8) is used as the hydroquinone solvent [115] which is supposed to have a concentration
of 18 - 35 wt. % in the working solution [232]. The actual concentration in the working solution
is set to 25 wt. %. The quinone solvent is supposed to be nonpolar and aromatic. A mixture of
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1,3,5-trimethylbenzene (CAS: 108-67-8) and 1,2,3,5-tetramethylbenzene (Isodurene, CAS: 527-53-7) is
used as quinone solvents. Isodurene has a concentration of 17 wt. % in the working solution (11 - 42
wt. % [232]). The concentration of 1,3,5-trimethylbenzene is set to 42 % (40 - 60 wt. % [232]).

In the hydrogenation reactor, H2 and AQ react to AHQ as shown in Equation 4.1. The reaction
is catalysed by a palladium catalyst [115]. The hydrogenation reactor can be either designed with a
fixed bed catalyst or slurry catalyst system. However, in this model the catalyst presence and reactor
design are neglected. The reactor was modeled as RStoic reactor with a heat exchanger for correcting
the energy balance of the process step. The conversion of Equation 4.1 is set to 60 % which is in line
with literature [116, 233]. The reactor was set to isothermal conditions. A pressure drop of 0.5 bar
was assumed. The operating temperature range as reported in literature (40 to 75 °C [116, 232, 233])
is considered. The feed enters the adiabatic reactor with 33 °C. Through the exothermic reaction,
the temperature of the stream leaving the reactor rises to 60 °C. The energy balance of the reactor
was corrected with the heat exchanger. The released heat during the reaction is calculated with a
calculator block. The reaction releases 103.79 kJ/mol [233]. The heat exchanger heats the outlet of
the reactor to the correct temperature. Full conversion of H2 is assumed.

H2 +AQ −−−→ AHQ (4.1)

The outlet stream of the hydrogenation reactor is throttled to 1.5 bar before the oxidation reaction
(Equation 4.2). Before the oxidation reactor the stream is cooled in HX1 to 35 °C. Together with air
(inlet conditions: 1 bar and 25°C), which is compressed to 1.5 bar in COMP1, the streams are fed to
the reactor. Air enters the process with the composition as indicated in Appendix B.1. The oxidation
reactor is modeled as RStoic reactor with heat exchanger and gas-liquid separation. The pressure
drop was set to 0.5 bar. The conversion is set to 99 %. The heat of reaction is again adjusted by the
heat input of the heat exchanger. The reaction releases 84.92 kJ/mol [233]. The gas phase is separated
in the flash operating under adiabatic conditions. The gaseous phase contains mostly the residual
air, components of the working solution and H2O2. In order to recover the product, the stream is
cooled to 20 °C in HX3. In FLASH2 the gas phase is again separate from the liquid phase. The gas
phase consists mostly of depleted air, traces of the working solution and H2O2. The liquid stream
is combined with the liquid stream of the reactor and cooled to 30 °C before the extraction column.
The air feed to the oxidation reactor was adjusted to reach a mole fraction of O2 to 5 % in the gaseous
outlet after FLASH2.

AHQ +O2 −−−→ H2O2 +AQ (4.2)

The extraction column is modeled with 5 stages. H2O2 is supposed to be withdrawn in the
aqueous water phase at the bottom. The water is supplied at 25 °C and pumped to 1.5 bar. The top
outlet of the extraction column contains the working solution and traces of water. The water flow
is set with a DesignSpec to reach a crude H2O2 solution with a mass purity of 40 % as reported in
literature [115, 116, 233]. The working solution needs to be treated before recycling. Typical steps are
regeneration and drying. Water and gases are removed in an ideal splitter from the working solution
in the model. The working solution is pumped back to 4 bar. The lost working solution is replaced
and 0.1 wt. % of the AQ in the recycle stream is replaced.

The stream containing H2O2 from the extraction column can be further purified. Depending on the
case, the stream is either completely or partially sent to the pulp mill. The purification is operated at
0.1 bar to prevent the decomposition of H2O2 at higher temperatures [115]. The vacuum pumps at the
bottom and top of column C2 provide the required vacuum with the help of VALVE3. In FLASH 3,
the leftover gases are removed from the stream at 53 °C. Furthermore, water is removed in this step.
The distillation column has 5 stages and purifies the crude solution to 70 wt. %. The losses of H2O2
in the top stream are set to 0.01 wt. %. The reflux ratio is set to 0.22 and the distillate to feed ratio to
0.515. The bottom product (H2O2) is cooled from 66 to 30 °C.
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4.6.2 Technical and energetic analysis

The hydrogen efficiency is calculated to 99.9 %, 97.9 % and 97.8 % for the 6, 50 and 150 MWel plant.
The losses of H2 in form of H2O2 occur in the purification step as not all H2O2 can be recovered as
product. Furthermore, losses occur with the air leaving the oxidation reactor. As no purification is
performed, the 6 MWel plant has the highest hydrogen efficiency.

Table 4.14 presents the mass balance of the process. The energy balance can be found in the
Appendix D.3. The deionized water is used in the water electrolysis and the extraction column.
O2 contained in the air is used in the oxidation reactor and the air is released with a lower O2
content. Therefore, the air outlet flow is decreases compared to the inlet flow. The working solution is
recirculated in the process. Losses occur with the air leaving the oxidation reactor, waste water or the
final product. Therefore a small amount must be compensated by a makeup stream. Additionally, a
small portion of the anthraquinone is regularly replaced with each recycle step. The annual demand
of the pulp mill for pure H2O2 is 14.7 kt. This demand is covered by the crude, non-purified H2O2
with a flow rate of roughly 2 t/h (pure). The leftover H2O2 is purified and sold on the market. For
the 6 MWel plant, the onsite demand of H2O2 exactly fits the plant’s capacity.

Table 4.14 Mass balance of H2O2 process in t/h

Plant size in MWel 6 50 150
Input

Water 4.0 35.8 107.6
Air 10.5 94.6 283.8
Makeup working solution 0.0 0.3 0.9

Internal
H2 (water electrolysis) 0.1 1.1 3.2
Working solution 135.2 1214.1 3642.3

Output
O2 (water electrolysis) 0.9 8.3 25.0
Air 8.6 78.2 234.4
H2O2 in solution to pulp mill 4.9 4.9 4.9
H2O2 pure to pulp mill 2.0 2.0 2.0
H2O2 in solution to market - 22.0 71.5
H2O2 pure to market - 15.4 50.0
Waste water 0.0 17.2 55.8

4.6.3 Integration

H2O2 is a molecule that in contrast to the other presented PtX products does not need CO2 as feedstock
for the synthesis. Consequently, no CO2 is captured and bound. Table 4.15 shows the integration with
the utilities of the pulp mill. As stated earlier, the production of H2O2 is very water intensive which
is reflected in the demand for deionized water and waste water treatement. Besides the deionized
water for water electrolysis, water is used for the extraction of H2O2 from the working solution. Even
though the process itself does not produce water as a side product, the waste water flow is solely
from the water for extraction. With the presented production processes, the pulp mill’s demand for
H2O2 can be covered onsite.

The O2 demand can only be covered by 25 % for the 6 MWel plant. The other plant’s O2 production
exceed the required O2 demand onsite. The heat integration is limited to the exchange of hot water
and does not affect the electricity production in the steam turbine. Not all heat can be directly used
in the process or recovered as hot water. Therefore, a substantial amount of waste heat must be
dissipated to the environment via the process cooling units.
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Table 4.15 Impact of integrating the H2O2 plants (Positive values for electricity generation due to heat integration
means a drop in electricity generation)

Plant size in MWel 6 50 150
O2

O2 production 6,905 62,516 187,548 t/a
Coverage O2 demand 25% 227% 680%

Waste water treatement
Additional amount 184 128,712 418,839 t/a
Increase in waste water 0.0% 0.8% 2.7%

Deionized water
Additional amount 29,851 268,684 806,908 t/a
Increase in deionized water 0.2% 1.6% 4.7%

Heat integration
Process cooling demand 3.9 49.1 151.0 MWth

The electricity balance for integrating the H2O2 process is shown in Table 4.16. The electricity
generation is not affected as no steam is exchanged between the H2O2 process and the pulp mill. The
tremendous demand for process cooling leads to a high electricity demand for the operation of the
cooling towers. The 50 and 150 MWel plants cover the O2 demand of the pulp mill and lead to a shut
down of the pressure swing adsorption plant. For the 6 MWel plant, the plant is still operational to
supply most of the required O2. In summary, the electricity availability increases for the 6 and 50
MWel plants and decreases for the 150 MWel plant.

Table 4.16 Effect of integration on the electricity balance of the pulp mill (positive values mean additional
electricity demand)

Plant size in MWel 6 50 150
Waste water treatment 0.00 0.02 0.06
Deionized water 0.01 0.07 0.22
O2 -0.36 -1.43 -1.43
Heat integration - - -
Process cooling 0.06 0.71 2.19
Total -0.29 -0.63 1.03

4.6.4 CO2 balance

The emission factor for H2O2 in dependence of the grid electricity emission factor is shown in Figure
4.8. The reference is based on the conventional process with a concentration of 50 % in solution
derived from the Ecoinvent databank [234]. The reference and data presented here is based on pure
H2O2. The CO2 emissions are allocated to the total H2O2 output.

The emission factor of the 6 and 50 MWel plant is independent of the grid electricity. The process
has additionally no impact on the natural gas demand (no purge stream combustion) resulting in
horizontal curves are 0 t CO2/t H2O2. The integrated 150 MWel plant shows a linear relationship for
the emission factor of the product intercepting in the origin. For the greenfield plants, the production
amount of crude H2O2 and purified H2O2 is kept the same as for the integrated plants. The emissions
are allocated on the mass of the purified H2O2. The 50 and 150 MWel plants show almost no difference
for the final emission factor even though the share of production amounts of crude and purified H2O2
differ. The 6 MWel plant is excluded as a greenfield plant. Compared to the integrated 150 MWel
plant, the slope is greater since more electricity is sourced from the grid. Furthermore, the curve
is offset by 0.1 t CO2/t H2O2 due to the heat required for the process. It can be discussed whether
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Figure 4.8 Impact of electricity emission factor on the emission factor of H2O2 (Reference: 1.12 t CO2/t H2O2
[234])

the low temperature heat can be supplied by waste heat and not by steam derived from natural gas
combustion as the required temperature level is below 100 °C. In case of no emissions for heat supply,
the curve starts in the origin but still shows a greater slope than for the integrated 150 MWel plant.

The marginal emission factor for the greenfield plants is at 0.33 t CO2/MWh. For the integrated
plant, the marginal emission factor is found to be 0.59 t CO2/MWh.

4.6.5 Economic analysis

Figure 4.9 shows the levelized cost of H2O2 for the three plant sizes. The cost are calculated based on
pure H2O2 to the market. The crude H2O2 to the pulp mill for the 50 and 150 MWel plants is given a
credit since it replaces bought H2O2. For the 6 MWel plant, the credit for replaced H2O2 is removed
to yield a positive price. If it is included, the LCOH2O2 would be -45 €/t which is the difference
between the market price (750 €/t) and the LCOH2O2 shown in Figure 4.9. For this plant size, all cost
are allocated to the H2O2 output. The investment cost for the reactors and extraction column could
not be sized due to a lack of data availability. Therefore, the equipment cost assumptions are shown
in Appendix D.3.

The levelized cost range between 535 and 705 €/t. The share of operating cost ranges from 79 to
86 %. Compared to the other PtX processes, the impact of electricity cost is smaller. The highest
impact is found for the 50 MWel plant of 274 €/ t H2O2. The replaced H2O2, accounts for a credit of 95
and 29 €/t for the 50 and 150 MWel plant. The replacement and makeup of the working solution adds
81 to 92 €/t to the levelized cost. For the 6 MWel plant, the other cost components of the operating
cost ("Other" in the figure) take up a higher share. This is due to the fact that some cost components
especially based on labor cost do not scale with size and are therefore more influential for smaller
plant sizes. Economy of scale and lower electricity cost decrease the product price for the 150 MWel
plant compared to the 50 MWel plant. The credit for replaced H2O2 is shrinking for the larger plant
size as the credit is allocated on a higher volume of sold product in comparison to the 50 MWel plant.

The CO2 abatement cost show negative values as the levelized cost is below the market price
meaning that the reduction of CO2 will result in a positive revenue from producing H2O2. With the
same reasoning, the pulp price will decrease if the H2O2 is sold at market price. Larger plant sizes
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Figure 4.9 Levelized cost of H2O2 in €/t

lead to a higher decrease due to the effect of allocating the increased saving on the same amount of
pulp.

Table 4.17 Change in pulp selling price in €/ADt for market enumeration (750 €/t) of H2O2 and CO2 abatement
cost in €/t CO2

Plant size in MWel 6 50 150
CO2 AC - -165 -542
Change in pulp price -1 -35 -132

The figures of the sensitivity analysis are depicted in Appendix D.3. Due to the uncertainty and
lack of information involved with modeling this process, the sensitivity analysis is a very important
tool. The investment cost of the anthraquinone process has a lower reliability and the cost assessment
includes only the major equipment. Many other side processes like for example working solution
treatment are not included in the model. Therefore, the variation of the FCI for this process indicates
the influence on the levelized cost. Varying the FCI by ± 50 % gives a change of - 13 to 12 % of the
final product cost. Even with higher FCI, the levelized cost do only for the 6 MWel plant exceed the
market price. The electricity price and water electrolysis related parameters show also a tremendous
impact. The annuity factor and H2O2 market price show the lowest impact on the levelized cost.

4.6.6 Discussion

The discussion addresses the comparison with the electrochemical process, the impact of partial
purification, model validation and economics.

The reported electrical energy demand of the electrochemical production of H2O2 ranges from 2 to
17.6 kWh/kg H2O2 [115, 120]. For the electrified H2O2 process presented here, the electrical demand
ranges from 2.8 to 3 kWh/kg H2O2 considering the pulp mill integration and crude H2O2 after the
extraction process. The electrical energy intensity of the anthraquinone process is in the lower range
of the electrochemical process. Therefore, the energy consumption which is also one of the main
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cost drivers can reach similar consumption figures for both process options. Consequently, the main
difference in cost will be mostly based on the investment cost difference of the two systems. The
investment cost are also affecting some of the operating cost. Usually, the electrochemical processes
produce H2O2 at low concentration making the purification very costly and energy intensive. De-
pending on the purification and peripheral equipment for the electrochemical process, the utilization
of the electrochemical process might be especially interesting for the supply of the onsite demand
since no purifiaction is necessary. Building the anthraquinone process of the sizes for the 6 MWel
plant seems unreasonable. Especially for this small capacity it is questionable as the process is quite
complex and the cost scales with size. Here the electrochemical production process might be the
better option.

The goal of integrating the H2O2 process into the pulp mill is to reduce cost and energy consumption.
The crude H2O2 can be directly used in the pulp mill. The pulp mill needs a stream of crude H2O2
with 2 t H2O2/h. This translates to a saved heat demand in the purification column of 1.7 MWth in the
condenser and reboiler. The feed flow to the distillation is reduced by 13 or 4 % for the 50 or 150 MWel
plant. The reduced feed flow leads to a smaller column size which reduces the investment cost and
related operating cost. However, this change is especially marginal for bigger plants. Furthermore,
the reduced heat demand reduces the cost for heat. For greenfield plants, the heat might be attributed
with cost and has also an impact on CO2 emissions.

No other process simulation data or pilot plant data are available in the scientific literature on the
production process. Therefore, the model validation and comparison has to be done with figures
indicated in literature sources. All data reported here is based on the 150 MWel case. Goor et al.
report a H2 demand of 60 to 65 kg H2 per t H2O2 produced [115]. The process gives a H2 demand
of 59.8 kg H2/t H2O2 which is at the lower range indicating an efficient H2 utilization. The process
model considers a full conversion of H2 in the hydrogenation reactor which is reasonable. However,
H2 dissolved in the working solution as well as side reactions of the anthraquinone are not considered
which would increase the figure presented above.

The requirement for anthraquinone is reported to 7 t AQ/t H2O2 [115]. The process model shows
11.7 t AQ/t H2O2 which results in a higher mass flow of AQ and of the working solution in general.
The concentration of H2O2 in the working solution after the oxidation reactor is supposed to be
between 0.8 and 1.9 wt. % [116]. The process model shows a concentration of 1.4 wt. % which is in
line with the literature and contradicts the before mentioned high flow of AQ and working solution.
The recovery of H2O2 in the extraction step should be at 95 % [116]. The model’s recovery is at 100
% exceeding the literature value. Goor et al. report a replacement of 1-3 kg quinone per t of H2O2
[115]. In the models a replacement of 5.8 kg/t H2O2 is implemented. Therefore, the cost of quinone
replacement are considered conservatively.

The levelized cost of H2O2 are below the market price and seem very competitive. The investment
cost considers only the main equipment. Not included are for example auxiliary process steps which
add to the investment cost like the purification and special treatment of the working solution or
the special treatment of residual streams leaving the plant like air or waste water. The increase in
investment cost as shown in the sensitivity analysis increases the levelized cost of H2O2. Nevertheless,
the levelized cost are in a reasonable range close to the market price and the assessment can be further
improved with more information on the process technology and increased detail of the process
model. 300 $ per t H2O2 are reported for the capital cost [235]. The capital cost calculated are
1/3 of the reported cost varying between 109 to 116 €/t H2O2. Therefore, the capital cost might be
underestimated in the calculations.

Furthermore, the assessment of the emission factor for H2O2 shows that the process is in comparison
to the other PtX processes very promising. Even with a less efficient process than modeled here, the
reachable emission factors can guarantee a successful decrease of CO2 emissions for a wide range of
grid emission factors.
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4.6.7 Intermediate summary

This section presents the production of H2O2 based on H2 from water electrolysis. The key findings
and conclusions are:

• The process shows an efficient utilization of H2. All plant sizes can supply the pulp mill with
the required amount of crude H2O2. The working solution is internally recycled and results in
a huge mass flow.

• The levelized cost of H2O2 is below the market price. Bigger plant sizes show lower cost. The
impact of electricity price is not as significant as for other PtX processes.

• The emission factor of H2O2 produced in the 6 and 50 MWel plant is zero. The marginal emission
factor for grid electricity to reach equal emissions as the fossil comparator is 0.59 t CO2/MWh for
the 150 MWel plant. For the greenfield plant the marginal emission factor is 0.33 t CO2/MWh.
The numbers indicate the high potential to reduce CO2 emissions even with higher emission
factors for electricity.

• The production of H2O2 is a very water intensive process with a high demand for deionized
water and waste water treatment. Furthermore, no CO2 can be captured and bound in the
product. The low temperature level of heat in the process has no impact on the electricity
generation. However, the demand for process cooling leads to a higher electricity demand for
the operation of the cooling system.

• CO2 abatement cost are negative since the cost of H2O2 is below the market price. The levelized
cost below market price lead also to a reduction in pulp selling price ranging from -1 to -132
€/ADt.

• The presented process represents novel data for the utilization of H2 to produce green H2O2.
Due to the lack of data for validation of the process models and costing data, the results need
to be considered carefully. However, the results seem extremely promising in terms of cost and
CO2 emissions. H2O2 should be investigated further as a promising PtX product.
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4.7 Production of Fischer Tropsch syncrude

This section deals with the modeling and results of the FT process. Table 4.18 shows the different
cases under investigation. The cases use different types of syngas preparation (RWGS unit with water
electrolysis or CO2 electrolysis with water electrolysis), gas loop designs (open and closed loop) and
plant sizes (50 MWel and 150 MWel to electrolysis). The concept to utilize CO2 electrolysis as syngas
preparation for FT processes was first proposed by van Bavel et al. [236]. This section was in most
parts already published [237, 238].

Table 4.18 Cases of the FT process (CL: closed loop, OL: open loop)

Cases Syngas preparation Gas loop design Plant size in MWel
RWGS-CL-50 RWGS CL 50
RWGS-CL-150 RWGS CL 150
RWGS-OL-50 RWGS OL 50
RWGS-OL-150 RWGS OL 150
CO2E-CL-50 CO2 electrolysis CL 50
CO2E-CL-150 CO2 electrolysis CL 150
CO2E-OL-50 CO2 electrolysis OL 50
CO2E-OL-150 CO2 electrolysis OL 150

4.7.1 Process design and modeling

The FT process requires a syngas rich in H2 and CO. In this work, the syngas is either supplied
by a RWGS process based on H2 from water electrolysis and CO2, or by separate CO2 and water
electrolysis. Figure 4.10 shows the flowsheet as implemented in Aspen Plus.

Figure 4.10 Flowsheet of the FT model showing the two types of syngas preparation (red: RWGS, blue: CO2
electrolysis) and gas loop design (open (without dashed lines) and closed loop design (with dashed lines))

The conversion of CO2 in the RWGS unit is described by Equation 2.19. The RWGS reaction is
endothermic and requires high-temperature thermal energy input to drive the equilibrium reaction.
The process flowsheet of the RWGS process, as modeled in this study, is illustrated by the red lines in
Figure 4.10. H2 enters the process from water electrolysis at a pressure of 30 bar and a temperature
of 80 °C. CO2 is supplied at 25 °C and 1 bar. The operating pressure of the RWGS process is 26 bar.
Therefore, H2 is throttled, and CO2 is compressed in a two-stage compressor with intercooling to 30
°C to reach the operating pressure. Prior to entering the RWGS reactor (RX1), the gases are heated
to 300 °C in HX1. Preheating the reactor inlet with the outlet flow is limited to avoid metal dusting,
which refers to the disintegration of metals into carbon and metal particles at temperatures of 400 to
800 °C under high CO partial pressures potentially leading to material degradation [239]. To avoid
extreme temperatures on both sides of heat exchanger, preheating the inlet and cooling the outlet in
the temperature range of metal dusting should be avoided.



67

The RWGS reactor (RX1) is modeled as an RGibbs reactor that minimizes Gibbs energy. It is
assumed to be a fired tubular reformer with catalyst-filled tubes heated by combustion, similar to
the concept used in steam methane reforming [240]. Combustion heat is necessary to achieve high
temperatures in the reformer tubes for supplying heat to the endothermic reaction (Eq. 2.19). The
reactor temperature is set at 900 °C. A pressure drop of 1 bar is assumed. Purge streams from the
FT process or natural gas (if purge streams are insufficient) are used as fuel. The efficiency of the
fired heater is assumed to be 90% based on the LHV of the fuel. The outlet stream from the reactor is
cooled to 30 °C, and water is separated in an adiabatic flash drum (FLASH1). The separated water is
sent to the wastewater treatment plant.

The syngas generation concept with CO2 electrolysis involves a three stage compressor with inter-
cooling to 30 °C for the compression of CO which is supplied at 40 °C and 1 bar. The CO2 electrolysis
itself is modelled with a simplified mass and energy balance as described in Section 4.3. H2 is throttled
to the operation pressure of 25 bar.

This study utilizes the LTFT process, operating within the temperature range of 200 to 250 °C, which
predominantly yields wax, diesel, and naphtha [97]. The waxes obtained can be further processed
through hydrotreating to produce hydrocarbons with shorter chain lengths. This process is not
inlcuded here. The produced syncrude needs further treatment in a refinery before being suitable
as fuel. The FT synthesis generates a mixture of various chain lengths and component types, such
as alkanes, alkenes, aldehydes, and alcohols. The distribution of chain lengths can be described
using the ASF distribution, as shown in Equation 2.28. The reaction mechanism is based on chain
propagation and the chain growth probability 𝛼 represents the likelihood of chain propagation or
termination. By employing the ASF distribution, it becomes possible to calculate the mass fraction
𝑤𝑛 of a species with a specific chain length n.

To determine the chain growth probability 𝛼, Equation 4.3, derived for a cobalt catalyst, was
employed [241]. In this equation, c denotes the molar concentration of H2 and CO, 𝑘𝛼 represents the
selectivity constant (56.7 x 10-3), 𝛽 signifies the selectivity exponential parameter (1.76),Δ𝐸𝛼 represents
the selectivity activation energy difference between propagation and termination reactions (120.4 x
10-3 J mol-1), T denotes the temperature in Kelvin, and R represents the gas constant in J mol-1 K-1.
Since the chain growth probability underestimates the production of methane [98], the selectivity
towards methane was adjusted in the model as also done in other studies [242]. The selectivity was
fixed to 2 wt.%.

𝛼 =
1

1 + 𝑘𝛼( 𝑐𝐻2
𝑐𝐶𝑂
)𝛽𝑒𝑥𝑝(Δ𝐸𝛼

𝑅 ( 1
493,15 − 1

𝑇 ))
(4.3)

The FT reactor (RX2) was simulated as a stoichiometric reactor, achieving a per pass conversion rate
of 60 % for CO, and operating at a temperature of 220 °C. A slurry bed reactor was chosen with an inlet
H2/CO ratio of 2. A subroutine in Aspen Plus was utilized to calculate the chain growth probability
and product distribution based on the ASF equation. In this model, the focus was solely on alkanes
as the main products in LTFT, considering alkanes with chain lengths up to 40 carbon atoms. To
simplify the calculations, the chain lengths ranging from 31 to 35 and 36 to 40 were combined and
represented as alkanes with chain lengths of 33 and 38, respectively. When employing a Co catalyst
in LTFT, the assumption of considering only alkanes can be justified due to the minimal formation
of olefins and oxygenates [103]. The reactor model utilized a zero-dimensional approach, where
the input concentrations of H2 and CO, as well as the isothermal reactor temperature, were used to
calculate the chain length distribution. It is important to note that in a real reactor, the temperature
and concentration profiles vary spatially, resulting in a location-dependent chain length distribution.

At the reactor temperature, longer chain alkanes exist in the liquid phase and accumulate within
the slurry phase of RX2. The catalyst suspended in the liquid phase is separated from the liquid
FT products. The separation process was not included in the model. The gas phase exiting the
reactor contains alkanes and unreacted reactants. In the case of a closed loop design, the gas phase
also contains light alkanes introduced by the recycle stream. Heat exchanger HX4 reduces the
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temperature of the gas to 130 °C. Subsequently, in flash drum FLASH2, the gas phase is separated
from the two liquid phases consisting of water and medium-chain-length alkanes. Further cooling to
25 °C, followed by another flash drum (FLASH3), accomplishes the separation in two liquid phases
and a gas phase. The total wastewater generated from the FT process is collected and then throttled
to 1 bar before being cooled to 30 °C in HX7. This cooling step is necessary for subsequent treatment
in the wastewater plant. The liquid syncrude fractions are collected and throttled to 1 bar as well.
The cooled syncrude, at a temperature of 30 °C, undergoes separation into liquid and gas phases
in FLASH4. Lighter components and gases that were dissolved under higher pressure are removed
during this stage. The purge stream is combusted. More information on the syncrude is given in
Appendix D.5.

The gaseous stream from FLASH3 can either be completely purged (in open loop design) or mostly
recycled (in a closed loop design). All purge streams from the FT plant are incinerated preferably in
the RWGS unit or else in the lime kiln. In a closed loop design, the tail gas is predominantly recycled.
To avoid the accumulation of inerts and alkanes with lower chain lengths, a purge stream of 5 wt.%
is extracted from the recycle stream. In the RWGS configuration, the internal recycle accounts for 65
wt.%, while the external recycle stream is set at 30 wt.%. In CO2 electrolysis-based processes, there is
no external recycle, and 95 mol% of the recycle stream is directed back to the FT reactor. All recycle
streams need to be compressed to the operating pressure to compensate for pressure losses in reactors
RX1 and RX2.

4.7.2 Technical and energetic analysis

Table 4.19 shows the KPIs of the cases for comparison. The highest carbon efficiency is reached for
RWGS-CL at almost 80 %. The carbon efficiency of the CO2E-CL cases are slightly below RWGS-CL.
Obviously, the open loop configurations reach lower carbon efficiencies. Interesting to see is that
CO2E-OL has higher carbon efficiencies than RWGS-OL. This is due to no loss of CO2 with the tail
gas.

Table 4.19 KPIs for FT processes (𝜂𝑃𝑡𝐹 in brackets for greenfield plants)

Case RWGS-CL RWGS-OL CO2E-CL CO2E-OL
Plant size in MWel 50 150 50 150 50 150 50 150
𝜂𝐶𝐸 79.8 % 79.8 % 26.6 % 26.6 % 78.4 % 78.4 % 44.2 % 44.2 %
𝜂𝐻𝐸 29.0 % 29.0 % 13.4 % 13.4 % 40.3 % 40.3 % 24.3 % 24.3 %

𝜂𝑃𝑡𝐹
39.5 %

(36.8 %)
38.8 %

(36.8 %)
17.0 %

(16.6 %)
16.7 %

(16.6 %)
30.6 %

(29.7 %)
30.1 %

(29.7 %)
17.4 %

(17.0 %)
17.5 %

(17.0 %)

Hydrogen efficiencies are higher for the closed loop configuration and for cases with CO2 electrol-
ysis. Consequently, CO2E-CL reaches the highest efficiency with 40.3 %. For CO2 electrolysis the
loss of H2 via water which is generated in the RWGS process is reduced and therefore the hydrogen
efficiency is increased. The highest Power-to-Fuel efficiency is found for RWGS-CL-50. The efficien-
cies are in contrast to hydrogen and carbon efficiency dependant on the plant size as the integration
with the pulp mill does not scale linearly with plant size. Open loop configurations have for both
syngas production concepts a similar efficiency. However, for the the closed loop configuration, the
RWGS process is superior. Even when including the natural gas needed for the RWGS reactor, the
efficiency would only drop to 34 % which is still above CO2E-CL. The efficiencies for greenfield plants
are generally lower than the integrated ones which is due to the fact that no additional electricity
available through heat integration or shutdown of O2 production is available.

The energy balance in Table 4.20 shows that besides energy for water and CO2 electrolysis of 50 or
150 MWel, electrical energy is also needed for pumping and compression work. The power demand
accounts for 3 to 5 % of the total electrical energy demand. For CO2E the demand is lower than for
RWGS as the recycle streams are smaller and less CO2 needs to be captured.
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Table 4.20 Energy balance of FT processes in MW

Scenarios RWGS-CL RWGS-OL CO2E-CL CO2E-OL
Plant size in MWel 50 150 50 150 50 150 50 150

Input
Electricity total 51.7 155.2 52.3 156.9 51.4 154.2 51.4 154.2
- Water electrolysis 50.0 150.0 50.0 150.0 28.4 85.3 27.5 82.5
- CO2 electrolysis 0.0 0.0 0.0 0.0 21.6 64.7 22.5 67.4
- Compression 1.7 5.2 2.3 6.9 1.4 4.2 1.4 4.2
Natural gas 4.3 12.8 0.0 0.0 0.0 0.0 0.0 0.0
Heat 11.3 33.8 12.5 37.4 6.8 20.5 6.4 19.2

Internal
Heat RX1 9.7 29.2 5.7 17.1 0.0 0.0 0.0 0.0

Output
Syncrude 19.0 57.1 8.7 26.0 15.3 45.8 8.7 26.2
Purge 5.5 16.4 20.6 61.9 5.7 17.1 21.4 64.3
Heat 32.9 98.8 25.0 75.0 15.0 45.1 11.4 34.1

The RWGS reactor requires between 5.7 and 29.2 MWth for heating. For RWGS-OL the heat demand
is lower as no recycle stream increases the mass flow in the reactor. Since the purge streams and tail
gas streams are not sufficient to supply the RWGS reactor in the closed loop configuration with enough
thermal energy, additional natural gas is needed. Surplus purge streams are finally used in the lime
kiln. For the processes with CO2 electrolysis all purge streams are used in the lime kiln. Generally,
all processes are net heat exporters. Syncrude outputs are similar for the open loop configurations.
However, for the closed loop configuration RWGS-CL shows higher syncrude outputs compared to
CO2E-CL.

Table 4.21 shows the mass balance of the processes. Water and CO2 demand is greater for the RWGS
cases compared to CO2E cases. Water increases due to a higher H2 production for the conversion of
CO2 to CO in the RWGS unit. The CO2 demand is higher as CO2 electrolysis converts CO2 to CO with
a higher selectivity. Tail gas flows are smaller for CO2E cases as no CO2 is diluting the gas stream.
Furthermore, for open loop configurations the flows are lower as no recycle stream is increasing
the flow. The higher flow rates for RWGS indicate the need for bigger equipment and consequently
higher capital cost. Additionally no external recycle is used in CO2E cases. The compressor COMP2
is therefore not needed. O2 production by water and CO2 electrolysis are higher for RWGS than for
CO2E cases. Accordingly, waste water generation and purge stream are higher for RWGS cases.

4.7.3 Integration

Table 4.22 shows the impact of the FT processes on the utilities in the pulp mill. Captured CO2 is in
the range of 3 to 15 % of total CO2 available. All cases are able to cover the O2 demand of the pulp
mill. Actually, a tremendous amount of O2 surplus can be sold or used otherwise. The increase in
waste water flows is well below 1 % compared to the total waste water treated in the pulp mill. Waste
water flows are lower for cases with CO2 electrolysis. So is the demand for deionized water.

By the utilization of waste heat from the FT process, all cases except RWGS-OL and CO2E-OL-50
increase the generation of electricity. Especially for RWGS-CL, the additional heat generation by
natural gas combustion in the RWGS reactor allows the production of steam. A more detailed picture
of heat integration is shown in Appendix D.5. For all processes, the demand for process cooling
increases. Except for RWGS-CL, which needs additional natural gas, all cases can provide a good
portion of thermal energy needed in the lime kiln thereby substituting natural gas. For CO2E-OL,
the lime kiln’s demand is exceeded and the surplus purge stream is used for high pressure steam
generation.
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Table 4.21 Mass balance of the FT processes in t/h (a from FLASH4)

Scenarios RWGS-CL RWGS-OL CO2E-CL CO2E-OL
Plant size in MWel 50 150 50 150 50 150 50 150

Input
Water 9.4 28.2 9.4 28.2 5.3 16.0 5.2 15.5
CO2 7.6 22.9 10.6 31.9 6.1 18.3 6.3 19.0
Natural gas (RWGS) 0.3 1.0 0.0 0.0 0.0 0.0 0.0 0.0

Internal
Tail gas 15.8 47.4 5.8 17.3 7.6 22.9 2.2 6.5
Internal recycle 10.3 30.8 0.0 0.0 7.3 21.8 0.0 0.0
External recycle 4.7 14.2 0.0 0.0 0.0 0.0 0.0 0.0
H2 (water electrolysis) 1.1 3.2 1.1 3.2 0.6 1.8 0.6 1.7
CO (CO2 electrolysis) 0.0 0.0 0.0 0.0 3.9 11.6 4.0 12.0

Output
O2 (water electrolysis) 8.3 25.0 8.3 25.0 4.7 14.2 4.6 13.8
O2 (CO2 electrolysis) 0.0 0.0 0.0 0.0 2.2 6.6 2.3 6.9
Syncrude output 2.0 6.0 0.9 2.8 1.6 4.7 0.9 2.7
Waste water 5.8 17.4 4.9 14.8 2.4 7.1 1.5 4.6
FT purgea 0.1 0.3 0.0 0.1 0.2 0.5 0.0 0.0
Purge 0.8 2.4 5.8 17.3 0.4 1.1 2.2 6.5

Table 4.22 Impact of integrating the FT processes (Positive values for electricity generation due to heat integra-
tion means a drop in electricity generation)

Scenario RWGS-CL RWGS-OL CO2E-CL CO2E-OL Unit
Plant size in MWel 50 150 50 150 50 150 50 150

CO2
CO2 separated 57,244 171,733 79,628 238,881 45,627 136,882 47,540 142,620 t/a
Share of total CO2 3% 10% 5% 15% 3% 8% 3% 9%

O2
O2 production 62,516 187,549 62,516 187,549 52,139 156,418 51,679 155,038 t/a
Coverage of O2 demand 227% 680% 227% 680% 189% 567% 187% 562%

Waste water treatment
Additional amount 43,618 130,857 37,115 111,343 17,858 53,574 11,520 34,561 t/a
Increase in waste water 0.3% 0.8% 0.2% 0.7% 0.1% 0.3% 0.1% 0.2%

Deionized water
Additional demand 70,393 211,180 70,393 211,180 40,028 120,085 38,727 116,182 t/a
Increase in deionized water 0.4% 1.2% 0.4% 1.2% 0.2% 0.7% 0.2% 0.7%

Heat integration
Electricity generation -2.24 -6.72 0.00 0.00 -0.12 -0.35 0.28 -3.01 MWel
Process cooling demand 7.3 22.0 1.0 3.0 1.5 4.4 0.4 9.5 MWth

Lime kiln
NG replaced 0.0 0.0 14.9 44.8 5.7 17.1 21.4 50.0 MWth
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Table 4.23 allows a more detailed view on the change in electricity balance. The increase in waste
water, deionized water and process cooling leads to a minor increase in electricity demand. Heat
integration (for more detail see Appendix D.5) as discussed before leads especially for RGWS-CL to
a significant increase in electricity generation. Together with the O2 production which accounts for
1.43 MWel, all cases show an increase in total electricity availability.

Table 4.23 Effect of integration on electricity balance for FT processes

Scenario RWGS-CL RWGS-OL CO2E-CL CO2E-OL
Plant size in MWel 50 150 50 150 50 150 50 150
Waste water treatment 0.01 0.02 0.01 0.02 0.00 0.01 0.00 0.00
Deionized water 0.02 0.06 0.02 0.06 0.01 0.03 0.01 0.03
O2 -1.43 -1.43 -1.43 -1.43 -1.43 -1.43 -1.43 -1.43
Heat integration -2.24 -6.72 - - -0.12 -0.35 0.28 -3.01
Process cooling 0.11 0.32 0.01 0.04 0.02 0.06 0.01 0.14
Total -3.54 -7.76 -1.39 -1.32 -1.51 -1.68 -1.14 -4.27

4.7.4 CO2 balance

The emission factors of syncrude are calculated and compared to the fossil comparator of 94 g CO2/MJ
according to the RED II Directive [210]. Electricity based fuels need to reach a 70 % emission reduction
in relation to the fossil comparator. The system boundaries and calculation do not adhere to the RED
II rules. Therefore, the comparison to the emission reduction goals of RED II need to be treated with
caution.

Figure 4.11 shows the emission factors for syncrude. In contrast to the small scale plants which can
cover their electricity demand onsite, the large scale plants are highly impacted by grid electricity.
Therefore, the emission factor for syncrude of larger plant sizes are above the fossil comparator. The
smaller plant size do actually show negative values for the emission factor except for RWGS-CL-50.
The cases RWGS-CL need natural gas for the heating of the RWGS reactor and thus emit additional
CO2 which accounts for 12.5 g CO2/MJ. The impact of avoided natural gas in the lime kiln is obviously
higher for the open loop configurations. In the closed loop configuration with CO2 electrolysis, the
natural gas saving reduce the emission factor by 20.8 g CO2/MJ. The case CO2E-OL-50 shows the
lowest emission factor for the smaller plant size. For the larger plant size, RWGS-CL-150 shows the
lowest emission factor.

Since the impact of used electricity is tremendously influencing the emission factor of syncrude,
Figure 4.12 shows the variation of the carbon intensity of the used grid electricity for integrated
and greenfield plants. Since smaller plant sizes are not supplied with electricity from the grid, the
emission factor is independent of the grid electricity emission factor. Therefore the cases are shown
as horizontal lines in the graph. Theses configurations are well below the fossil comparator. For the
greenfield plant using only electricity from the grid, the emission factor of syncrude is independent
of the plant size and therefore the graph only shows one line for each case (in total four). For the
integrated plants of RWGS-CL, RWGS-OL and CO2E-CL with different plant sizes, the intersection
with the y axis is at the same point with the exception of CO2E-OL. For this case, the purge stream of
the 150 MWel plant exceeds the thermal power demand by the lime kiln. Consequently, the natural
gas reduction potential is exceeded and the surplus heat reduces the electricity demand from the
grid.

The marginal emission factor of electricity to reach syncrude emission factors equal to the fossil
comparator are generally higher for the integrated plants in comparison to greenfield plants. Marginal
emission factors for integrated plants are in the range of 0.18 to 0.21 t CO2/MWh. For greenfield plants
the marginal emission factor range from 0.1 to 0.15 t CO2/MWh. The curves are steeper for open loop
configurations for integrated and greenfield plants compared to the closed loop configurations. This
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Figure 4.11 Emission factors for FT syncrude of the integrated plants in g CO2/MJ (Transportation fuel: 94 g
CO2/MJ [210])

means that the emission factor of syncrude increases more significantly with the emission factor of
electricity compared to closed loop configurations. On the other hand, open loop configurations show
a lower y axis intersection point meaning that for lower grid emission factors these cases can reach
lower emission factors for syncrude. Processes with CO2 electrolysis show marginally lower emission
factors with the exception of CO2E-CL-150. This case shows higher emissions than RWGS-CL-150
above 0.25 t CO2/MWh.

4.7.5 Economic analysis

The economic analysis shows levelized cost of syncrude to be between 3.35 and 7.84 €/kg as shown
in Figure 4.13. The levelized cost expressed in other units and the detailed cost breakdown is shown
in Appendix D.5.

The majority of the cost (82 - 85 %) comes from operating expenses. In all cases, the electricity cost
contributes the largest proportion to LCOS, ranging from 51 to 61 %. The impact on LCOS follows a
descending order, with electricity cost, maintenance cost, and the ACC being the three most influential
factors. The lowest LCOS value is observed in case RWGS-CL-150 at 3.35 €/kg. Generally, larger plant
sizes exhibit lower LCOS due to the benefits of scale in investment cost and reduced grid electricity
cost. Additionally, LCOS are considerably higher for the open-loop configuration meaning that the
economic benefit from substituting natural gas is limited. The revenue generated from substituting
natural gas in the lime kiln has a greater impact compared to the sale of O2. The highest savings from
natural gas amount to -0.59 €/kg for CO2E-OL-50, whereas the highest savings from O2 sale are -0.18
€/kg for RWGS-OL-50.

The sensitivity analysis (see Appendix D.5) shows that electricity cost, efficiency of water electrolysis
and cost of water electrolysis have the highest impact on the LCOS. The impact of the natural gas
price, especially interesting for the open loop configurations, is not very significant. Figure 4.13 shows
also the levelized cost either without expenses for electricity or without expenses for ACC. Without
cost for electricity, the lowest cost can be found at 1.63 €/kg for RWGS-CL-150 showing again that
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Figure 4.12 Emission factor of syncrude varying carbon intensity of electricity

Figure 4.13 Levelized cost of FT syncrude in €/kg
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electricity cost is a major cost factor. For the same case, not including ACC the cost are calculated to
2.77 €/kg.

If the syncrude is sold at the market price of crude oil (0.74 €/kg based on 100 $/Bbl and 0.85
kg/l), the extra expense incurred by the FT process needs to be compensated through pulp sales. The
increase in pulp price is shown in Table 4.24. For the smaller plant, the cost of pulp sales price rises
by 75 to 80 €/ADt. The production cost for the larger plant size experiences an approximate increase
of 190 €/ADt.

Table 4.24 Increase in pulp selling price in €/ADt for market enumeration of FT syncrude and AC in €/t CO2

Scenarios RWGS-CL RWGS-OL CO2E-CL CO2E-OL
Plant size in MWel 50 150 50 150 50 150 50 150
Increase in pulp price 78 191 80 199 77 187 75 195
CO2 AC 1144 - 1103 - 991 - 848 -

If applying a CO2 tax to the change in fossil emissions onsite which would have to be paid by the
pulp mill, the cost for the CO2 tax will impact the levelized cost of syncrude as shown in Figure 4.14.
These scenarios are especially interesting for open loop configurations since the substitution of natural
gas reduces fossil CO2 emissions. For RWGS-CL the levelized cost are increasing as the additional
combustion of natural gas in the RWGS reactor increases the fossil CO2 emission. All other curves are
descending. The slope of the open loop cases is steeper than for the closed loop cases as more natural
gas is replaced in the lime kiln. Nevertheless, the intersection points with the closed loop cases lay
above 600 €/t CO2. This analysis shows that open loop cases become only under favorable market
conditions at high CO2 prices competitive.

For the CL-150 case, CO2 electrolysis becomes cheaper than RWGS at 560 €/t CO2. For the 50
MWel plant size this point is at 680 €/t CO2. The impact of CO2 tax on the additional natural gas
consumption is therefore rather small.

Figure 4.14 Impact of CO2 tax for fossil CO2 emissions on the levelized cost of FT syncrude

4.7.6 Discussion

Table 4.25 shows available studies on the production of fuels via the FT process. Raw materials for
the process are CO2 and H2. Syngas preparation is performed with the RWGS process. The table
does not include concepts based on co-electrolysis for the production of the required syngas.
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The per pass conversion of the studies varies between 40 and 85 %. The assumption of 60 % is
therefore reasonable. Higher per pass conversions are beneficial in terms of investment and operating
cost. The product separation was in most studies modelled with flash separators. Some studies,
especially focusing on the production of fuels include distillation as a way to separate the mixture
into suitable fractions. Furthermore, some publications include hydrocracking as an upgrading step
to increase the yield in fuels. The impact of the H2 demand is neglectable as shown by König et al.
The H2 demand accounted for less than 0.5 % of the total H2 demand of the PtL process [243].

The carbon efficiency of this work differs substantially between the cases. In the open loop design,
the carbon efficiency shows very low values compared to the closed loop design. A carbon efficiency
of roughly 80 % in the closed loop design is also confirmed by Hannula et al. and König et al.
[244, 243, 242]. High carbon efficiencies as calculated by Albrecht et al. and Dietrich et al. seem
unreasonable because of the purge stream to purge shorter chain alkanes [245, 246]. The only feasible
option is to reform the tail gas with a reformer or RWGS reactor breaking down the short chain
alkanes to syngas. For this the internal recycle has to be further decreased. The high carbon efficiency
in Albrecht et al. and Dietrich et al. also lead to high Power-to-Fuel efficiencies and low product cost.
The maximum Power-to-Fuel efficiencies in this thesis are reached with the RWGS process. Similarly,
many studies confirm the Power-to-Fuel efficiency of roughly 40 % for the RWGS technology in closed
loop configuration [244, 243, 242, 247, 248, 249, 240, 89]. One study considering the CO2E path reports
a PtF efficiency of 53 % which is tremendously higher than the efficiency calculated here [250].

Product price comparison is difficult due to different economic assumptions (for example: plant
size, electricity price, CO2 price, ...). Albrecht et al. and Dietrich et al. calculate low product prices
which seem based on their high carbon and Power-to-Fuel efficiency too promising. Also Schemme
calculated very low product prices. The prices calculated by Dimitriou et al. are on the other hand
extremely high. One reason is that the calculation is for a small scale plant. However, the comparison
to fossil crude oil can be drawn. The calculated levelized cost of syncrude for case RWGS-CL-150 at
3.35 €/kg is 4.5 times higher than the current crude oil price. For case RWGS-OL-50 (highest LCOS),
the cost is 10.1 times higher. Generally, the LCOS calculated by other authors are also well above the
current crude oil prices.

The comparison of emission factors for syncrude was shown in Figure 4.11. The results show
specifically that the smaller plant sizes are beneficial since no grid electricity is necessary. For the
150 MWel plants, the grid electricity is a huge burden. However, bigger plants can also reach a
cut in product’s emission factor compared to fossil transportation fuel. Additionally, compared to
greenfield plants which have to retrieve all the electricity from the grid, the integrated plants show
lower emissions. This is due to the savings in natural gas and the damped demand for grid electricity.
The assumption of giving a credit for the substituted natural gas for process heat is not in line with
current legislation. If this credit is not given, the integrated plants would still have a lower emission
factor for syncrude than the greenfield plants. Another process option can be the electrically heated
RWGS reactor. This technology is commercialized by many companies already. Since the RWGS-CL
cases are very promising in terms of efficiency and cost, the CO2 balance could be improved with
an electrically heated reactor avoiding natural gas combustion in the fired reactor and substituting
natural gas in the lime kiln with the purge stream made available.

The produced syncrude needs to undergo treatment in a refinery before utilization as fuel or
chemical. Syncrude can be either co-processed in an existing refinery or in dedicated refineries for
processing FT syncrude [103]. Additional emissions for processing like hydrocracking and material
losses in the processing needs to be considered. Therefore, the emission factor of the final product
would increase compared to the emission factors presented here.

Technical parameters like per pass conversion or chain growth probability (including H2/CO ratio,
reactor temperature and pressure) were not changed in this study. For the impact of technical
parameters please refer to the literature [89, 240, 258].
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4.7.7 Intermediate summary

This section explores the integration of a FT process into a pulp mill, examining various plant sizes,
gas loop designs, and syngas preparation methods. The findings suggest that utilizing CO2 and H2
for FT syncrude production in a pulp mill holds promise for enhancing environmental viability and
the efficiency of the FT process. The combined and integrated processes yield the following results:

• In the open loop configuration, carbon efficiency is lower, and in closed loop design, it doesn’t
exceed 80 %. The use of RWGS as a syngas preparation process leads to lower hydrogen
efficiency due to water production as a by-product.

• CO2 electrolysis in the syngas production process is less cost-effective with lower carbon and
Power-to-Fuel efficiency for closed loop scenarios. However, in open loop cases, it outperforms
in terms of carbon, hydrogen and Power-to-Fuel efficiency, and cost.

• Heat integration and the substitution of O2 produced in the pulp mill result in higher onsite
electricity availability, improving Power-to-Fuel efficiency compared to a greenfield plant.

• The levelized cost for syncrude ranges from 3.35 to 7.84 €/kg, decreasing for larger plant sizes
and increasing for open loop configurations. In closed loop configurations, RWGS cases exhibit
lower costs than CO2 electrolysis cases. However, for open loop configurations, plants based on
CO2 electrolysis have lower LCOS.

• Integration of 50 MWel plants into the pulp mill generally show low emission factors of the
product, while 150 MWel plants increase emissions due to grid electricity. CO2 electrolysis-
based plants show lower emissions than RWGS-based plants. Using an electrically heated
RWGS reactor can improve the CO2 balance of the process.

• If market prices are paid for syncrude, a smaller plant size can be compensated with a pulp
sales price increase of 74–79 €/ADt. This cost increases to approximately 190 €/ADt for larger
plant sizes.
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4.8 Production of acetic acid

The acetic acid (AA) production process is presented and discussed in the following section. Four
cases which differ in terms of plant size and CO production process are investigated as shown in
Table 4.26.

Table 4.26 Definition of cases for the AA models (CO2E: CO2 electrolysis)

Case CO production Plant size in MWel
RWGS-50 RWGS 50
RWGS-150 RWGS 150
CO2E-50 CO2E 50
CO2E-150 CO2E 150

4.8.1 Process design and modeling

The AA production is based on the commercial Cativa process. Raw materials are CO and MeOH.
MeOH is produced as described in Section 4.4. CO is provided via the RWGS reaction or CO2
electrolysis. The CO2 electrolysis is modelled as a black box (Section 4.3).

The RWGS model is depicted in Figure 4.15. Compared to the process in the FT synthesis, an
additional membrane separation step is included. The Peng Robinson equation of state with Matthias
coefficients is used as property method.

Figure 4.15 Flowsheet of the RWGS process for the production of CO as raw material for the Cativa process

The feed consisting of CO2 and H2 is mixed with the recycle stream coming from the first membrane
stage. CO2 is compressed in a two stage compressor with intercooling to 15 bar. The molar H2/CO2
ratio before the reactor is adjusted to 1 by changing the flowrate of CO2. The reactor feed is preheated
to 300 °C. A maximum preheating is not possible due to metal dusting (see 4.7.1). The RWGS reactor
operates at 900 °C and has a pressure drop of 1 bar to account for losses in the whole process. The
reactor minimized the Gibbs energy and finds the thermodynamic equilibrium. Since the reaction in
the reactor is endothermic, sufficient heat to maintain an isothermal temperature of 900 °C has to be
supplied by combustion. After cooling to 30 °C in HX2, water is flashed under adiabatic conditions
in FLASH1 from the gas stream.

The membrane separation model is based on two membrane stages. The process configuration
follows an industrial example reported by Teuner et al. [259]. The split ratios in the membrane stages
were set based on an educated guess (see Table D.16 in the Appendix). For the retentate and permeate
a pressure drop of 0.2 bar and 10 bar was assumed. The permeate of the first stage is recycled back
to the RWGS reactor via a two stage compressor with intercooling. A purge stream of 0.5 wt. % is
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implemented to avoid accumulation of inerts. The retentate of the first stage is enriched in CO and
further enriched in the second membrane stage to a CO concentration of 98.95 mol %. Teuner at al.
report a purity of 99.25 or 99.48 Vol. % for a similar process with membrane separation [259]. The
CO leaves at a pressure of 13.6 bar. The permeate of the second stage is recycled back to the inlet of
the first stage after compression to 14 bar and cooling to 30 °C.

The Cativa model was developed based on information by patents and other literature sources. As
property method NRTL with the Hayden-O’Connell equation of state for the vapor phase (dimeriza-
tion of carboxylic acids) was used. The process can bedivided into the reactor and purification section
(Flowsheet see Figure 4.16).

Figure 4.16 Flowsheet of the Cativa model for AA production

The reactor RX1 was modelled as a RStoic reactor at 200 °C [260, 126, 261] with the reactions and
corresponding conversion rates shown in Table 4.27. Reaction rates are based on [123, 125]. The
production of propionic acid was adjusted to reach 600 to 800 ppm in the bottom product of C2
[125, 124]. The operation temperature of the reaction section is 35 bar which is a typical operation
pressure [123, 260, 126, 261] as the carbonylation rate drops significantly for partial pressures of CO
below 10 bar [125, 262].

Table 4.27 Conversion in RStoic reactor of Cativa process

Reaction equation conversion based on
CO + CH3OH −−−→ CH3COOH 0.98 MeOH
CH3OH + CO −−−→ CO2 + CH4 0.005 CO
CH3COOH + CH3OH −−−→ CH3CH2COOH + H2O 0.0008 MeOH
CO + H2O −−−→ H2 + CO2 0.005 CO

The liquid fed to the reactor is pumped to 35 bar and preheated in HX6 to 180 °C. The composition
is set to 9.7 wt. % methyl iodide (CH3I), 4.7 wt.% water and 14.4 wt.% methyl acetate which is in line
with literature and patents [125, 126, 260, 263]. The CO is compressed to the operating pressure. CO
purity should be above 99 mol % containing less than 0.3 mol % H2 [261, 263]. The reactor outlet is
sent to FLASH1 in order to separate gases from the liquid stream. The gaseous stream is cooled to
5 °C and flashed in another separator to recycle the condensed species. The gaseous product mostly
containing gases like H2, CO, CO2 and CH4 are sent to incineration.
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The liquid product from FLASH1 is expanded to 1 bar and vaporized before entering column C1
[126]. C1 has 20 stages and the feed enters on stage 13 with 112 °C. The reflux ratio is set to 4 and
the distillate to fed ratio is set to 0.185. In C1, low boilers like CH3I are separated as head product.
The bottom product contains the catalyst, AA and water. The catalyst is not explicitly modeled. The
bottom product stream is set to 1.5 mol % of the feed stream. The side draw contains mostly water
and AA which is further purified in column C2. Here, water is separated as head product. C2 has
50 stages with feed stage 13. The distillate to feed ratio is set to 0.12 and the reflux ration to 40. The
bottom stream exits with a purity of 99.77 wt. % and needs further purification to reach the desired
purity of 99.85 wt. % (glacial acetic acid). Column C3 separates propionic acid from the final product
which is produced as side product. C3 has 20 stages and feed stage is on stage 6. The distillate to feed
ratio is set to 0.9975 and the reflux ration to 3.3. AA is cooled to 30 °C in HX7.

The gaseous top stream of column C1 is further cooled to 25 °C and washed in absorber C4 (8
stages). MeOH enters at the top of the column with 25 °C. The goal is to remove methyl iodide from
the gas stream. The MeOH flow rate is set to reduce the methyl iodide concentration in the gaseous
product stream to below 50 ppm. The gas stream is cooled to 5 °C and flashed to recover MeOH.
The rest is purged and sent to combustion. All liquid streams except the bottom stream of C3 which
contains propionic acid are collected and recycled to the reactor. The recycle stream was closed by
adjusting the makeup flows with an excel tool.

4.8.2 Technical and energetic analysis

The carbon efficiency of both routes for CO generation show very high carbon efficiencies (Table 4.28).
Even for such a long process chain from CO generation, MeOH production to finally AA production,
the processes show a carbon efficiency above 95 %. The efficiency of the CO2 electrolysis is higher as
the process has no losses via a purge stream and as the purity of CO in the CO stream is higher in
comparison to the RWGS unit leading to less carbon losses via gaseous purge streams in the Cativa
process. The hydrogen efficiency of the CO2 electrolysis based processes is higher than for the RWGS
based processes. This is due to the fact that H2 is lost as water in the RWGS process.

Table 4.28 KPIs for the Cativa processes (a including natural gas for heating the RWGS reactor)

CO generation RWGS CO2E
Plant size 50 150 50 150
𝜂𝐶𝐸 95.5% 95.5% 96.1% 96.1%
𝜂𝐻𝐸 47.4% 47.4% 63.3% 63.3%
𝜂𝑃𝑡𝐹 53.9% 53.1% 47.9% 47.1%
𝜂𝑃𝑡𝐹,𝑁𝐺

a 49.2% 48.5% - -
𝜂𝑃𝑡𝐹,𝑔𝑟𝑒𝑒𝑛 𝑓 𝑖𝑒 𝑙𝑑 54.8% 54.8% 49.1% 49.1%

The PtF efficiency for processes with RWGS unit exceed the one of CO2 electrolysis based processes.
However, the RWGS reactor heating is also a tremendous energy input to the process which should
not be neglected. If also the natural gas demand of the RWGS reactor is considered in the calculation
the efficiencies of RWGS and CO2E come closer together. However, the efficiency of the RWGS based
process is still higher. For the greenfield plant, the efficiencies are higher compared to the integrated
plant as no cut in electrical energy generation is considered here (see Section 4.8.3).

Annual AA production amounts are 55.6 (RWGS-50), 166.9 (RWGS-150), 48.6 (CO2E-50) and 145.9
kt/a (CO2E-150). The table with the mass balance can be found in Appendix D.4. The energy balance
is shown in Table 4.29. The energy demand for water electrolysis equals the predefined 50 and 150
MWel for RWGS. In CO2E cases the electrolysis demand is split between water and CO2 electrolysis.
CO2 electrolysis accounts for 35 % of the power input to the electrolysers. 65 % are fed to the water
electrolysis. Together with pumping and compression power, the defined electricity input to the
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electrolysers is exceeded by 8 to 12 %. As will be reported in the next section, integration with the
pulp mill leads to a decreased electricity generation onsite.

Table 4.29 Energy balance of the AA production process in MW (a for heating the RWGS reactor, b of MeOH,
Cativa or RWGS process)

CO generation RWGS CO2E
Plant size in MWel 50 150 50 150

Input
Electricity total 55.0 167.4 54.1 165.2
- Water electrolysis 50.0 150.0 32.7 98.1
- CO2 electrolysis 0.0 0.0 17.3 51.9
- Compression and pumping 4.1 12.2 2.8 8.4
- Integration 0.9 5.2 1.3 6.7
Natural gasa 3.7 11.0 0.0 0.0
Heat 23.3 70.0 23.2 69.7

Internal
H2 35.0 105.0 22.9 68.7
CO 9.9 29.8 8.7 26.0
MeOH 22.1 66.4 19.3 57.9

Output
AA 29.6 88.9 25.9 77.7
Purgeb 1.6 4.8 1.1 3.4
Heat 39.0 116.9 25.9 77.8

All cases show a heat surplus. The heat surplus of the RWGS processes is larger due to the fact
that additional natural gas is combusted in the RWGS reactor. The heat surplus however as shown by
pinch analysis does not turn into steam generation since much heat is available at low temperature
levels. The energy efficiencies of CO generation including only electricity as input are 50 % for CO2
electrolysis and 79 % for the RWGS unit. If also the heat demand of the RWGS reactor is considered,
the efficiency drops to 56 %. The numbers show, that for these assumptions, RWGS is the more
efficient CO generation technology.

4.8.3 Integration

The integration with the pulp mill’s utilities is shown in Table 4.30. The increase in deionized
water demand and waste water amount is marginal. The amounts are lower for the cases with CO2
electrolysis as less deinoized water is needed for water electrolysis and no waste water is generated in
the CO production process by CO2 electrolysis. The O2 production exceeds the demand in all cases.
The 50 MWel plants are able to make use of 5 % of the available CO2 onsite. For the 150 MWel plant,
14 or 16 % of the available CO2 need to be captured. The purge streams of MeOH production, CO
generation via RWGS and AA production is used in the RWGS reactor for heating. Therefore, in these
cases no purge stream is combusted in the lime kiln. For CO generation based on CO2 electrolysis,
the purge streams are used to substitute natural gas in the lime kiln.

The AA production process has a high demand for low and medium pressure steam as shown
by heat integration in Appendix D.4. Therefore, the electricity generation in the turbine drops
substantially as steam is extracted for the AA process. The drop in electricity generation reaches
7.99 MWel for CO2E-150. Table 4.31 shows the whole impact of integration on the electricity balance.
Besides lower electricity generation through heat integration, waste water treatment, deionized water
generation and process cooling cause a higher need for electricity. The shutdown of the O2 plant
makes 1.43 MWel available. In total, the integration causes a decreased electricity availability for all
cases.
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Table 4.30 Impact of integrating the AA processes (Positive values for electricity generation due to heat
integration means a drop in electricity generation)

CO generation RWGS CO2E
Plant size in MWel 50 150 50 150

CO2
CO2 separated 85,293 255,878 74,080 222,232 t/a
Share of total CO2 5% 16% 5% 14%

O2
O2 production 62,515 187,545 54,124 162,370 t/a
Coverage of O2 demand 227% 680% 196% 589%

Waste water treatment
Additional amount 34,294 103,063 14,811 44,596 t/a
Increase in waste water 0.2% 0.7% 0.1% 0.3%

Deionized water
Additional demand 70,392 211,175 46,041 138,124 t/a
Increase in deionized water 0.4% 1.2% 0.3% 0.8%

Heat integration
Electricity generation 2.26 6.35 2.66 7.99 MWel
Process cooling demand 4.24 12.66 3.32 9.93 MWth

Lime kiln
Natural gas replaced 0.0 0.0 1.1 3.4 MWth

Table 4.31 Effect of integration on electricity balance for the AA production

CO generation RWGS CO2E
Plant size in MWel 50 150 50 150
Waste water treatment 0.00 0.01 0.00 0.01
Deionized water 0.02 0.06 0.01 0.04
O2 -1.43 -1.43 -1.43 -1.43
Heat integration 2.26 6.35 2.66 7.99
Process cooling 0.06 0.18 0.05 0.14
Total 0.91 5.17 1.29 6.74

4.8.4 CO2 balance

The emission factor of AA is shown in Figure 4.17 for the utilization of the German grid mix. The
reference value is taken from a Life Cycle Assessment database. The 150 MWel plants overshoot
the reference value due to the high impact of the grid electricity. Additionally, 0.10 t CO2/t AA are
added to the RWGS cases for reactor heating by the combustion of natural gas. RWGS-150 shows a
lower emission factor than CO2E-150. For the CO2E cases, a credit of 0.04 t CO2/t AA is assigned
for the substitution of natural gas by purge stream combustion in the lime kiln. For both cases, the
50 MWel plants show a tremendously lower emission factor compared to the reference and the 150
MWel plants.

Figure 4.18 shows the emission factor of AA over the electricity factor of the imported grid electricity.
Due to no grid electricity import for the 50 MWel plant sizes, the emission factor of AA is independent
of the grid electricity. The additional natural gas combustion in RWGS-50 leads to a positive emission
factor. For CO2E-50, the emission factor is slightly negative as natural gas is substituted by purge
streams.

The 150 MWel plants share the same y-axis intersection as their corresponding 50 MWel plant.
The slope of CO2E-150 is slightly steeper than for RWGS-150. Starting at a lower y-axis value, the
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Figure 4.17 Emission factors of AA for the integrated plants (Reference: 1.31 t CO2/t AA [234])

CO2E-150 curve intersects with RWGS-150 at 0.23 t CO2/MWh. After this point RWGS-150 would
be beneficial in terms of emissions. However, the difference between the two cases is marginal. The
marginal emission factor with equal emissions as the fossil reference are at roughly 0.25 t CO2/MWh
for both cases. The curves of the greenfield plants show due to full grid electricity utilization a higher
slope. Additionally, the curves have a higher y-axis intersection which is due to heat demand supplied
by natural gas combustion for heating the RWGS process and for steam supply to the process. The
marginal emission factor for electricity is at 0.08 and 0.10 t CO2/MWh for the greenfield plants.

Figure 4.18 Emission factor of AA varying the carbon intensity of importedelectricity (Reference: 1.31 t CO2/t
AA [234]
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4.8.5 Economic analysis

The levelized cost of AA is shown in Figure 4.19. A detailed cost break down can be found in
Appendix D.4. Levelized cost are in the range of 1065 to 1386 €/t. Larger plants show lower cost
due to the economy of scale and lower electricity cost for the grid electricity. The revenue from O2
sale amounts to 15 - 24 €/t AA. Cost for electricity is in the range of 45 to 52 % of the TAC. The ACC
is the second most influential cost factor with a share of 17 to 19 %. The water and CO2 electrolysis
accounts for 43 to 72 % of the FCI. Especially for CO2E-150 the cost impact of the electrolysis is due
to no economy of scale more dominant. The rest of the FCI is attributed to the chemical process
equipment.

As electricity is the most influential cost driver, Figure 4.19 also shows the levelized cost excluding
electricity. The LCOAA drops by 692 to 513 €/t AA with a more significant drop for 50 MWel plants.
The LCOAA without cost for electricity would be lower than current market prices. For the exclusion
of ACC from the cost calculation, the decrease is only 191 to 258 €/t AA. Again for the smaller plant
size the drop is more significant.

Figure 4.19 Levelized cost of AA

The sensitivity analysis in the Appendix D.4 shows the impact of economic and technical assump-
tions on the LCOAA. For all cases the impact of electricity cost is the most significant. For the 150 MWel
plants a change in grid electricity price causes a change of +/- 18 % or +/- 19 % for RWGS-150 and
CO2E-150. For CO2E-150 all other changes result in a maximum change of 7 % of the LCOAA. The
efficiency of water electrolysis shows for RWGS-150 the second most significant change of -8 to 10 %.
All other assessments are below 7 %. For the 50 MWel plants besides electricity cost, the efficiency
of water electrolysis and maintenance cost are also significant. For RWGS-50, the impact of water
electrolysis efficiency is due to the higher installed power in comparison to CO2E-50 more significant.

Further economic analysis is shown in Table 4.32. The increase in pulp price calculation considers
a market enumeration (900 €/t) for AA. As the calculated LCOAA is close to the market price, the
highest pulp price increase is 53 €/ADt (CO2E-150). The smallest increase is calculated for CO2E-150
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at 39 €/ADt. The CO2 abatement cost are 380 and 361 €/t CO2 for RWGS-50 and CO2E-50. Due to an
increase in emissions, the CO2 abatement cost for 150 MWel plants are not reported here.

Table 4.32 Increase in pulp selling price in €/ADt for market enumeration of AA and CO2 abatement cost in
€/t CO2

CO generation RWGS CO2E
Plant size in MWel 50 150 50 150
Increase in pulp price 42 45 39 53
CO2 abatement cost 380 - 361 -

4.8.6 Discussion

The model validation is difficult due to limited availability of data in literature. Jones reports a CO
utilization of above 94 % [124]. In the models presented here, the CO utilization reaches 97.6 % (CO
input compared to the final product output). The side pull from column C1 is reported to have an AA
concentration of 93-94 % [126]. In the model, the side pull shows a concentration of 95.4 wt. % which
is close to the range as reported in the patent. A comparison to the only available process model in
literature by Dimian and Kiss [123] is useless as they did not validate their model. Furthermore, data
for comparison is lacking and the soundness of the modeling approach can be improved.

The economic comparison with the market price shows that AA can be a promising product. For
green AA, the market price would be also higher than for fossil AA making it even more interesting
in terms of economics. However, the process route is quite long and it is questionable if pulp mills are
keen to dive into chemical process engineering. Compared to the other PtX routes, AA production
not only needs the Cativa process which is itself already very complex but also the MeOH and CO
production. The willingness of a pulp mill to invest in this chemical site is questionable. Therefore,
a partnership with a chemical company might be useful to realize the project onsite. Otherwise a
split production of AA might be an option. MeOH produced in the pulp mill can be used for AA
production with fossil CO at a different site than the pulp mill. This would harness the green heat
supply by the pulp mill to the Cativa process which has a tremendous heat demand.

4.8.7 Intermediate summary

This section presented the production of AA in a pulp mill based on two different CO generation
technologies. Main findings are:

• Both process routes show despite many process steps carbon efficiencies above 95 %. In terms of
energy efficiency, the RWGS process routes are superior compared to CO2 electrolysis. However
in terms of hydrogen efficiency, the CO2 electrolysis is more efficient.

• Besides electricity for the electrolysis processes, compression and pumping also requires a
significant amount of electricity. Purge streams are available for combustion in the RWGS
reactor or the lime kiln. The RWGS cases need also additional natural gas to satisfy the heat
demand of the RWGS reactor. The electrically heated RWGS reactor could be a way to improve
the CO2 balance.

• All cases require low and medium pressure heat from the pulp mill. The availability of low
carbon heat is beneficial in comparison to greenfield plants. However, in all cases the cut in
electricity generation by heat integration together with higher demands for other utilities results
in a net reduction of electricity availability in the pulp mill.

• The emission factor of AA is dependent on the emission factor of the used grid electricity for
the 150 MWel plants. With the German grid mix, the emission factor of AA will exceed the
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fossil reference. The marginal emission factor for the 150 MWel plants are at 0.25 t CO2/MWh
(0.08 to 0.1 t CO2/MWh for the greenfield plants). The supply of green heat to the process is
besides the damped impact of electricity the main difference of the integrated compared to the
greenfield plants.

• LCOAA are in the range of 1065 to 1386 €/t AA. Main cost driver is the electricity cost and the
ACC. Larger plant sizes show lower LCOAA. The LCOAA is very promising in comparison to
market prices for fossil AA.

• The CO2 abatement cost are 361 and 380 €/t CO2 for CO2E-50 and RWGS-50. The increase in
pulp price is moderate at 39 to 53 €/ADt.
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4.9 Holistic discussion and comparison of production routes

This section deals with the comparison of the various routes and products that were presented in
Sections 4.4 to 4.7. From the comparison, the best process options for integrating PtX routes into pulp
mills are evaluated and discussed. General statements of the integrated plants can also be transferred
to greenfield plants.

4.9.1 Integration and technical parameters

This section discusses and compares the processes in terms of technical parameters and integration
into the pulp mill. All shown figures show values which are normalized by the input of electrical
energy to the PtX plant including power demand of electrolysis, compression and pumping, and
integration. As the values are normalized with the electricity demand including the pulp mill
integration, the values do not transfer directly to greenfield plants. Figure 4.20 shows the CO2
flows in the pulp mill. CO2 from imported electricity is excluded in the figure. The bound CO2 is
obviously always smaller than the captured CO2 flow. The ratio of bound to captured CO2 is also
a representation of the carbon efficiency. However, for MeOH cases, the carbon of FC found in the
product is not included in this CO2 balance. The bars for H2O2 are zero as no CO2 is captured for this
production process and no natural gas is substituted or additionally consumed. The highest flow of
bound CO2 per input of electricity is reached for AA production meaning that this process can bound
the most CO2 per input of electricity. The lowest values for bound CO2 are found for the open loop
FT processes as the tail gas is burnt and CO2 is released with the flue gas of the lime kiln or RWGS
reactor.

The substitution of natural gas in the lime kiln by the combustion of purge streams reduces the
CO2 emissions from natural gas combustion. The CO2 savings equal zero for SNG, AA-RWGS, FT-
RWGS-CL and H2O2 as no purge streams are available. The highest values are found for the other FT
processes. Additional CO2 emissions arise from the combustion of natural gas which happens only
in the RWGS reactor for FT syncrude and AA production.

Figure 4.20 Comparison of CO2 flows in t CO2/MWhel (CO2 from grid electricity not shown)

The impact on the steam balance of the pulp mill is depicted in Figure 4.21. The steam energy flow
is aggregated not taking into account the temperature levels. H2O2 neither exports nor imports steam
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resulting in no bars in the diagram. A very high steam demand is found for MeOH and AA. As MeOH
already shows a quite high thermal energy demand, the AA process, especially the purification steps
including 3 distillation columns, are added to the steam demand of the MeOH process. A high steam
demand means a reduction of steam availability in the pulp mill which results in a reduced electricity
generation. For increasing plant sizes, the required steam supply by the pulp mill can exceed the
onsite availability. Consequently, the PtX process and pulp mill would need another energy source
like an additional fuel boiler. Steam export to the pulp mill, as for SNG, FT-RWGS-CL, FT-CO2E-CL
and FT-CO2E-OL-150, means an increased generation of electricity which can however be limited
by the capacity of the turbine. An energetic improvement of the CO2 capture process which is one
of the main steam consumers can reduce the steam demand of the PtX process tremendously. This
would shift all bars upwards. Nevertheless, MeOH and AA processes will most likely remain steam
importers.

Figure 4.21 Comparison of steam import and export of the PtX processes in MWhth/MWhel

In summary, steam exporting processes are advised for mills with available capacity in the turbine
for electricity generation. This might also be the best option for integrated mills or mills planning to
invest in a lignin separation (provided available turbine capacity). Mills with an already high energy
surplus will be capable of integrating a steam importing PtX processes. For example a mill with a
limited capacity in the turbine, planned energy efficiency increasing measures or an expansion of the
production capacity requires an investment in the steam cycle to increase the electricity generation
capacity. In this case, a steam importing PtX plant erases the need for the steam cycle modification.
Since the numbers are derived from pinch analysis, the real life heat integration might be different.
The Δ𝑇 of 20 K was used to get a more conservative result. However, the setup of the heat exchanger
network needs to be designed specifically for each pulp mill. Generally a non-ideal heat integration
means less interchanged energy and a higher demand for heating and cooling utilities. Consequently,
the numbers in Figure 4.21 are subject to changes.

Figure 4.22 shows the normalized flows of waste water, O2, deionized water and process cooling.
The demand for deionized water and production of waste water correlate. Higher deionized water
demand means that more H2 is produced which will produce waste water as side product in the
reactions with CO2/CO (except for H2O2 as product). The O2 production is very similar for processes
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using only water electrolysis as the power input is equal per definition. For cases using water and CO2
electrolysis, the O2 production is lower. Pulp mills with a bottleneck in deionized water production
or waste water treatment are advised to choose process with lower figures for these utilities like for
example MeOH, AA-CO2E or FT-CO2E. As explained earlier, processes with CO2 electrolysis show a
lower waste water amount. The MeOH process produces very little waste water but exhibits a high
demand for deionized water. Especially, H2O2 is very water intensive. Deionized water is used for
water electrolysis and additionally for the extraction of H2O2. Furthermore, the process has a high
demand for process cooling. The demand for the 6 MWel plant is lower due to no purification of
the crude H2O2. For the other processes, the cooling demand is in similar ranges except for some
FT cases with very low cooling demand. For pulp mills with a limited cooling capacity, H2O2 is not
advised. The cooling demand was derived from pinch analysis. The real heat exchanger network
as stated earlier might not reach the ideal heat integration as calculated. Therefore, an even higher
process cooling demand might arise. Furthermore, it is unclear if the heat transferred to hot water
can be efficiently used onsite or sold to a third party.

Figure 4.22 Comparison of normalised waste water, deionized water, O2 and process cooling demand/flow in
t/MWhel or MWhth/MWhel

The by-product O2 is valorized onsite for the substitution of O2 derived from onsite production (or
truck delivery to the pulp mills if no on-site generation is available). The production of O2 usually
exceeds the onsite demand. Therefore, the O2 production is not a critical factor for choosing the PtX
production process. If the utilization of O2 beyond the required demand can be realized (for example
in the waste water treatment plant or for O2-enriched combustion), the O2 production amount might
become important.

Figure 4.23 reports the purge stream for combustion in the lime kiln. The figures shows only
the purge stream combusted in the lime kiln not including purge streams combusted in the RWGS
reactor. The cases with RWGS unit consume the purge stream themselves and additional natural
gas for reactor heating is needed. No purge streams for combustion in the lime kiln are found for
SNG, AA-RWGS, FT-RWGS and H2O2. SNG and H2O2 have no purge streams at all. MeOH and AA
have purge streams with a low thermal power compared to the open loop configurations of the FT
process which are designed to supply the lime kiln with fuel besides the syncrude production. For
FT-CO2E-OL the difference between the 50 and 150 MWel plant derives from the fact that the total tail
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gas of the 150 MWel plant exceeds the lime kiln’s capacity and is therefore combusted in the recovery
or bark boiler.

Figure 4.23 Comparison of purge streams sent to the lime kiln for combustion in MWhth/MWhel

Consequently, pulp mills aiming for a simultaneous decarbonization of the lime kiln should go for
a process with high purge stream to the lime kiln. For pulp mills with an already decarbonized lime
kiln the high purge stream flow might not be beneficial.

4.9.2 Economics

In this section, the economics are compared in terms of pulp price increase and in terms of difference
between LCOP and market price. With this assessment the economically most favorable routes can
be identified.

Figure 4.24 compares the levelized cost of product to the fossil comparator. 0 % indicates equivalent
cost. It is important to keep in mind that the levelized cost exclude a revenue for the producer.
Therefore, market prices of the products must be higher than the LCOP to generate a revenue for the
producer. The graph shows that MeOH and AA (derivate of MeOH) are the closest to the market
price. The increase is between 18 and 87 %. For free electricity, the cost decrease to a maximum of 40
% reduction compared to the fossil product. Excluding the ACC from the cost calculation leads to a
less significant product price change of -3 to 57 %. H2O2 shows a cost reduction for all cases ranging
from -6 to -29 %. For free electricity, the cost are further reduced by up to -61 %. The cost of the
H2O2 process must be treated with caution as explained earlier (Section 4.6). SNG and FT syncrude
prices are a lot higher than market prices of fossil products. SNG overshoots market prices by 724
and 864 %. The increase for FT syncrude is in the range of 353 to 959 %. Even without electricity cost
or ACC, the products still show a tremendous increase compared to the fossil comparators.

The comparison also shows that LCOP are dependent on production capacity of the plant. In order
to further lower the product cost, larger plant sizes can be considered. However, the maximum plant
size is not limited by the available CO2 but by the available heat onsite if no additional heat generation
capacity should be installed. Schemme shows for MeOH production that the resulting price changes
from 1.985 €/lDE (50 MWMeOH output) to 1.867 €/lDE (441 MWMeOH output) [257]. König shows a
dependence of plant capacity on the product cost for annual production amounts below 1 Mt/a [258].
The levelized cost of syncrude changes between 3.64 to 3.36 €/kg. Based on these assessments, the
LCOP can be slightly reduced with larger plant capacity but the effect is not extremely significant.
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More significant in this thesis is the assumption for electricity cost of grid electricity which is lower
than for the electricity supplied by the pulp mill.

Figure 4.24 Comparison of LCOP to the market prices of the fossil equivalents (MeOH: 800 €/t, Natural gas: 25
€/MWh, AA: 900 €/t, H2O2: 750 €/t, Crude oil: 0.74 €/kg)

Figure 4.25 gives a more detailed insight in the composition of the TAC. The ACC’s share is below
20 % for all cases. For SNG the share is the smallest with the exception of H2O2-6. The impact of
ACC is the highest for the H2O2 production routes except H2O2-6. As discussed before, electricity
cost for electricity imported from the grid or received from the pulp mill are the biggest share of TAC.
Electricity cost account for up to 61 % of TAC. The amount of electricity imported from the grid is
bigger compared to the electricity provided by the pulp mill for the 150 MWel plants. The share of
imported grid electricity is however not significantly greater than the pulp mill’s electricity as the
price is lower. Especially for the AA production processes and FT-RWGS-CL, the impact of electricity
cost on the TAC is lower compared to the other processes. Especially low is the impact indeed for
H2O2. Higher operating cost come from makeup of anthraquinone. Furthermore, H2O2-50 and -150
also contain a credit for replaced H2O2 which distorts the assessment.

Figure 4.26 shows the impact on the pulp selling price assuming that market prices are paid for the
products. The change in pulp selling price ranges from -132 to 199 €/ADt. Market prices for pulp
are in the range of 300 to 800 €/ADt. Negative prices are found for H2O2 as the calculated LCOH2O2
is below the market price. The lowest price increase is found for MeOH and AA meaning that these
products are also promising in terms of economics. Since AA is a derivate of MeOH, the prospects
for this product are similarly good. Further derivates from MeOH could be investigated as promising
routes.

However, the calculated increase in pulp price depends massively on the assumed market price of
the product and the pulp mill’s capacity. A change of these two variables will impact the increase
of pulp price. Pulp mills with a higher pulp production capacity will show a lower increase in
pulp price since the deficit would be allocated on a higher pulp production. Higher market prices
will also reduce the increase in pulp price or even lead to a decrease in pulp price for LCOP below
market prices. Furthermore, the market price of fossil product will not be equal to the market price
of sustainable products. It can be expected that the PtX products from the pulp mill can attain much
higher market prices than the fossil product. This leads to an even smaller or negative pulp price
increase.
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Figure 4.25 Comparison of TAC broken down for the most relevant cost categories (ACC contribution is hatched)

Figure 4.26 Increase in pulp price if market prices are enumerated
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Table 4.33 shows the CO2 AC for cases with a reduction in CO2 emissions. The AC are organized in
ascending order. Following the merit order principles, lower AC are more cost effective in reducing
CO2 emissions than higher AC. The by far lowest cost, as also already discussed in this section
before, is found for H2O2 followed by MeOH and AA. The cost for H2O2 are negative meaning a CO2
reduction equals a reduction of cost. For the other cases, the reduction of CO2 emissions will cause
higher cost.

Table 4.33 Comparison of CO2 abatement cost in €/t CO2

Process CO2 abatement cost
H2O2-150 -542
H2O2-50 -165
MeOH-50-FC 303
MeOH-50 349
AA-CO2E-50 361
AA-RWGS-50 380
FT-CO2E-OL-50 848
FT-CO2E-CL-50 991
SNG-50 1076
FT-RWGS-OL-50 1103
FT-RWGS-CL-50 1144

The calculation of AC is very sensitive to different assumptions like for example market prices for
the fossil comparator. The comparison with literature based on different assumptions than in this
thesis needs to be treated with caution. Ueckerdt et al. calculated AC for e-gasoline to 800 €/t CO2
or to 1200 €/t CO2 for e-methane which is in the same range than the values calculated here [264].
The product’s AC must also be assessed in terms of the sector they can be used for. MeOH can
be used for fuel blending. Therefore, it would be a more cost effective way to reduce CO2 in the
transport sector than FT fuels. The blending of MeOH is limited and therefore other fuels are still
needed for a deeper decarbonization. On the other hand, MeOH can be used as feedstock in the
chemical industry. Here ACs for biomass based MeOH are assessed to -150 to 450 €/t CO2 [265]. In
the chemical industry, MeOH has to compete with other sustainably produced raw materials but also
with other technological options like CCS or energy efficiency measures for example.

4.9.3 Efficiency

Figure 4.27 shows carbon, hydrogen and Power-to-Fuel efficiency for all investigated cases and prod-
ucts. Power-to-Fuel and carbon efficiency do not apply to the production of H2O2.

Carbon efficiencies range from 26.6 % for FT-RWGS-OL to 102.2 % for MeOH-50-FC. The highest
carbon efficiencies are reached for MeOH, SNG and AA. The open loop FT routes harness carbon
efficiency for the supply of fuel to the lime kiln. High carbon efficiencies should be preferred as CO2
separation is an energy intensive process. The heat demand of the CO2 scrubber influences the heat
integration with the pulp mill immensely. If the captured CO2 can be efficiently stored in a product,
the CO2 reduction of the pulp mill is increased. The hydrogen efficiency is the highest for H2O2
production as the selectivity of the process is very high and almost no side products and no water are
produced. For process routes with either RWGS or CO2 electrolysis, the hydrogen efficiency will be
higher for the routes with CO2 electrolysis.

The Power-to-Fuel efficiency ranges from 16.7 % for FT-RWGS-OL-150 to 60.2 % for MeOH-50-FC.
Generally high efficiences are reached for MeOH, SNG and AA-RWGS. The open loop FT processes
again sacrifice the efficiency for the supply of fuel gases to the lime kiln. However, also the closed
loop cases are limited in efficiency compared to other products like MeOH or SNG. Despite the low
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(a) Carbon efficiency

(b) Hydrogen efficiency

(c) Power-to-Fuel efficiency

Figure 4.27 Carbon, hydrogen and Power-to-Fuel efficiency for comparison
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efficiency, FT syncrude might have a market for decarbonization of niches that cannot be decarbonized
by other renewable or PtX product.

4.9.4 CO2 emissions

In order to determine the most promising product in terms of CO2 emission reduction, Figure 4.28
shows the product specific emissions normalized by the fossil comparator (MeOH: 97.1 g CO2/MJ,
SNG: 55.8 g CO2/MJ, H2O2: 1.12 t CO2/t H2O2, FT syncrude (transportation fuel): 94 g CO2/MJ, AA:
1.31 t CO2/t AA). Through normalization, the products can be compared to each other. The zero line
equals the same CO2 emissions as the fossil product. Consequently, negative values mean a reduction
of CO2 emissions.

Figure 4.28 Comparison of CO2 emissions (normalized by fossil comparator, 150 MWel plants represented as
dashed lines)

Despite the many lines, the figure is supposed to show some general trends. The 50 MWel (and
6 MWel) plants show horizontal lines as they are independent of the grid electricity. Consequently
these plants have the best potential to produce low or even negative emission products. The most
significant decrease can be observed for the FT plants: - 246 % for CO2E-OL-50, - 202 % for RWGS-
OL-50 and -122 % for CO2E-CL-50 which is mostly associated with the substitution of natural gas in
the lime kiln. Inversely FT-RWGS-50 shows the highest emission factor due to additional natural gas
combustion.

The 150 MWel plants are represented by linear curves. The marginal emission factor for the products
is roughly in the range of 0.2 bis 0.3 t CO2/MWh (excluding H2O2). At this emission factor for grid
electricity, the emission factor of the PtX product equals the fossil comparator. In order to reach an
emission reduction, the emission factors for grid electricity must be below the marginal emission
factor. Figure D.38 in Appendix D.6 zooms in on the area of the marginal emission factor for a more
precise assessment of the routes. Lower grid emission factors are required to reach the legislative
goals defined by the EU for electricity based fuels (roughly 0 to 0.15 t CO2/MWh). H2O2 however,
does not cross the zero line for the considered range of grid electricity emission factor and shows
the lowest emissions for a wide range. Besides different zeros, the curves of the 150 MWel plants
exhibit different slopes. For a higher grid emission factor, MeOH shows comparatively the lowest
product emission factor. In this region, FT syncrude produced by RWGS-OL-150 and CO2E-OL-150
show the highest increase. Contrary, for lower grid emission factors, these cases exhibit the highest
decrease in emissions due to the impact of substituted natural gas. For the region of low emission
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grid electricity, in all other cases than RWGS-OL-150 and CO2E-OL-150 the emission factors of the
products are moving closer together.

For greenfield plants (not shown in the graph), the marginal emission factor would be a lot lower
than for the pulp mill integrated plants. Marginal emission factors are well below 0.2 t CO2/MWh.
Consequently, very low emission factors for electricity are required to reach the same product emission
factor as for the pulp mill integrated plants.

The plant size will of course also influence the resulting emission factor as it affects the amount of
imported grid electricity. The calculations here were only performed for two exemplary plant sizes
(except for H2O2). For smaller plant sizes, the demand for grid electricity is usually lower or equals
zero. Therefore, the resulting emission factor of the product will be the lowest. For larger plant sizes,
the demand for grid electricity increases. The ratio of electricity delivered by the pulp mill would
approach zero for huge plant sizes. Consequently, the product almost exhibits the emission factor
of a greenfield plant excluding the impact of heat supply. Therefore, very large plant sizes harness
the advantage of utilizing a high share of low carbon electricity from the pulp mill but keeping the
advantage of green heat to some extent. Furthermore, the plant size is limited by the availability of
heat in the pulp mill. If the heat availability is exceeded, the needed heat must be delivered by other
resource possibly leading to additional CO2 emissions.

Some products are replacing the fossil production routes that can be easily introduced to the market.
These products can therefore lead to a faster CO2 emission reduction instead of products for which a
new infrastructure needs to be established (for example FT syncrude upgrading). Furthermore, the
graph does not show which product is more promising as it reduces emissions in a hard to abate
sector.

4.9.5 CO2 electrolysis vs. RWGS

CO2 electrolysis and RWGS process are investigated as competing technologies for the supply of CO
to the AA and FT process. All graphs for comparison are found in the Appendix D.7. In general, the
comparison of the FT-OL process shows a very different behavior than the conventional FT-CL or the
AA process.

Figure D.39 in Appendix D.7 shows the graphs for the efficiencies. In terms of hydrogen efficiency,
the CO2 electrolysis based paths are superior as no H2 is used for the conversion of CO2 to CO in
the RWGS process. The water resulting from the RWGS reaction decreases the hydrogen efficiency
substantially. For the carbon efficiency, all the routes are very similar except for FT with open loop
configuration. In this case, CO2 electrolysis outperforms the RWGS process as the tail gas of the
RWGS process removes much carbon from the process containing much unconverted CO2. The
Power-to-Fuel efficiency of RWGS cases is higher for all cases except FT-OL. Here, the CO2 electrolysis
based processes are slightly more efficient. If the natural gas is also taken into account for the other
cases in the calculation, the efficiency of the RWGS process would drop but still be higher than CO2
electrolysis.

The comparison of the levelized cost of product between CO2 electrolysis and RWGS process (Figure
D.40) shows higher cost with CO2 electrolysis based cases for AA and FT-CL. Only for FT-OL, the
processes with CO2 electrolysis show slightly lower LCOS. Nevertheless, the only remarkable cost
difference is found for FT-CL processes. For the other cases the difference is below 5 %.

The assessment of CO2 emissions (Figure D.41) shows that the CO2 electrolysis based processes
exhibit lower emissions for the 50 MWel plant size compared to the RWGS cases. This is mainly due
to no additional natural gas needed and increased amount of natural gas substituted in the lime kiln.
For the 150 MWel plants the slope of the curves are similar. Lower emission factors are preferable
for FT-CO2E-150-CL and AA-CO2E-150 as the curves intersect with the corresponding RWGS cases
at roughly 0.2 t CO2/MWh. For FT-OL-150, RWGS is generally preferable.
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5 Decarbonization and defossilization of the lime
kiln

This chapter deals with the decarbonization and defossilization of the lime kiln as the lime kiln can
be one of the last point sources for fossil CO2 in pulp mills. In order to further reduce fossil emissions,
three feedstock options namely biomass, CO2 or electricity for the production of H2, and combinations
of those are viable. Other possible solutions like for example plasma calcination or electrical heating
are not considered here. Furthermore, all investigated systems can probably be technically retrofitted
without immense changes to the system. The theoretical background for lime kilns in pulp mills can
be found in Section 2.1.2. As the process is very similar to cement production, the presented concepts
can also be used in the cement industry. In Figure 5.1, the mass balance (and electricity to electrolysis)
of all process options are shown. In Section 5.1, the considered cases are defined. The modeling
and evaluation is presented in Section 5.2. Based on the model, the generated results for mass and
energy balances, CO2 balance and economics are presented in Section 5.3. The results are discussed
in Section 5.4 and subsequently summarized in the conclusion.

Figure 5.1 Overview on process options (not all flows apply for every case, dashed box shows the available
lime kiln)

5.1 Investigated cases

The decarbonization and defossilization of the lime kiln is investigated for 10 different cases as shown
in Table 5.1. The table indicates which fuel is used and if CO2 is captured and further processed to



98

SNG or MeOH. The combustion of natural gas in the lime kiln is defined as the base case. The only
other cases relying on fossil fuels are FO and H2-NG. Fuel oil can be used as alternative fuel in the
lime kiln by the pulp mill without any technical challenges.

Table 5.1 Presentation of cases investigated for the decarbonization and defossilization of the lime kiln (NG:
natural gas, PC: producer gas, SG: syngas, SNG: synthetic natural gas, FO: fuel oil, W: wood residues, MeOH:
Methanol)

Cases Share of thermal power Carbon
capture

SNG/MeOH
productionNG PG/SG H2 SNG FO W

Base Case (BC) 100 % - - - - - - -
FO - - - - 100 % - - -

Wood - - - - - 100 % - -
H2-NG 50 % - 50 % - - - - -

H2-SNG-partial - - 50 % 50 % - - partial SNG
H2-SNG-full - - 50 % 50 % - - full SNG

G-Air - 100 % - - - - - -
G-Air + H2 - 50 % 50 % - - - - -

G-H2 - 100 % - - - - - -
G-O2-MeOH - 100 % - - - - full MeOH

The utilization of H2 in the lime kiln must be limited. Based on a withdrawn patent by Heidelberg
Cement AG, an addition of up to 50 % of the thermal power as H2 is viable in lime kilns [21]. This
limit is used in the assessments here. In H2-NG, natural gas is partially substituted by H2 from water
electrolysis based on this assumption. In order to further decrease CO2 emissions, in H2-SNG-partial
CO2 from the lime kiln’s flue gas is captured and converted to SNG which is burnt in the lime kiln.
The amount of captured CO2 equals the required amount needed for the synthesis. With this system,
carbon is recycled and no fossil CO2 is emitted onsite. Full carbon capture leads to a surplus SNG
production which is fed to the gas grid. The H2-SNG process with carbon recycling is inspired by
[266, 267].

The biomass based process options are based on the combustion of milled wood residues or
the gasification of bark with different gasification agents. Wood can be milled and the powder is
combusted in the lime kiln. Bark can be either gasified with air, H2 or O2/H2O. Air gasification is
an already established process in pulp mills and yields a producer gas with very low heating value
(G-Air). If the availability of bark is limited, G-Air + H2 can reduce the bark demand by substituting
50 % of the producer gas with H2. In hydrogasification, the combination with H2 as gasification
agent reduces also the bark demand in comparison to G-Air. The resulting syngas contains a high
amount of methane. The idea for G-O2-MeOH is to make use of the O2 from water electrolysis in the
gasifier. O2/H2O gasification is a more efficient process to produce a syngas with high heating value
compared to air gasification. MeOH is chosen as the best PtX option available in terms of cost and
efficiency for the utilization of the CO2. MeOH is sold on the market.

5.2 Modeling

Modeling was done with Aspen Plus V12. The water electrolysis was modeled as black box which
is explained in Section 4.2. The SNG and MeOH model are already presented in Section 4.5 and 4.4.
The same parameters and settings are used in this chapter.
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5.2.1 Lime kiln

The lime kiln is modeled with a simplified mass balance as shown in Figure 5.2. The energy balance
is simplified by calculating the theoretical energy demand of the lime kiln.

Figure 5.2 Mass balance of the lime kiln (dashed lines)

The mass balance of the lime kiln model comprises only the gas phase including the combustion
reaction, water evaporation from the lime and CO2 from the lime. The goal of the model is to calculate
mass flow and composition of the flue gas as well as input flows of combustion air and fuel. Detailed
modeling of the whole process is out of the scope of this work. For example, the heat transfer
inside the rotary kiln must be simulated for every fuel with CFD. This would in return influence the
auxiliary equipment like air preheating and flash dryer which must be included in the modeling as
well. Additionally, the impact of CO2 partial pressure in the flue gas has an impact on the required
temperature in the lime kiln. However, this effect was found to neglectable as shown in E.4 in the
Appendix.

The combustion air flow was adjusted so that 3 mol % of O2 are found in the wet flue gas after
the lime kiln. The air composition is shown in Table B.2. The wet lime mud enters with a dry solid
content of 75 wt. % and a total mass flow of 25 t/h. It is assumed, that the product stream leaving the
lime kiln is completely dry. Therefore, the complete water of the lime mud enters the gas phase. It is
also assumed that the incoming lime consists of 100 % CaCO3 and that the CaCO3 to CaO conversion
is 98 % on mass basis. The resulting CO2 from this reaction enters the gas phase.

The thermal energy demand in the lime kiln depends on the used fuel as stated by different authors
[25, 268, 20]. Svedin et al. developed an empirical formula based on CFD simulations for the required
heat input (heat rate: HR, in GJ/t CaO) in a lime kiln [268]. The heat input depends on the adiabatic
flame temperature (𝑇𝐴𝐹𝑇) in °C and the flame length (FL) in m as shown in Equation 5.1 [268]. The
impact of the AFT is dominant since it is a four-digit figure compared to the FL which is a two-digit
figure. The results of the adiabatic flame temperature calculation and composition of fuels are shown
in the Appendix E.1.4 including values for comparison from literature. A flame length of 7 m was
used based on industry information. Only for Wood, the flame is expected to be more bushy and was
therefore reduced to 5 m. The flame length must be determined specifically for each case either with
experiments [269] or numerical simulations [270, 271, 272].

𝐻𝑅 = 14.1 − 0.00365𝑇𝐴𝐹𝑇 + 0.0481𝐹𝐿 (5.1)

The calculated heat rates are not matching with the heat input reported by the model pulp mill.
Therefore, the heat inputs of the different fuels were normalized based on the base case. The base
case is the combustion of natural gas. The thermal input is 50 MWth. The thermal power of the other
fuels is scaled accordingly leading to the heat demands shown in Table E.1 in the Appendix.

5.2.2 Carbon capture

The MEA scrubber is based on a simplified mass and energy balance as described in Section 4.1. The
varying CO2 concentrations in the flue gas, will cause a change in reboiler heat demand. However,
Gardarsdottir et al. showed that this impact is marginal in the range of 10 to 30 mol % under adiabatic
conditions in the adsorption column and is therefore neglected in the calculations here [273].
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5.2.3 Dryer

Before gasification or milling, biomass must undergo drying. This biomass drying process employs
a belt dryer operating with a heat supply at 90 °C. The temperature of the heat stream leaving the
dryer is at 60 °C. The assumed thermal energy consumption for every ton of evaporated water is at
1.3 MWhth, while the electrical energy consumption amounts to 32 kWh per ton of dry biomass [274].
To model the biomass dryer, a simplified mass and energy balance calculation is employed, utilizing
these energy consumption figures and the removed water content as key parameters. Water leaves in
gaseous form and is released to the atmosphere.

5.2.4 Wood powder production

The combustion of wood powder comprises the wood drying and milling. Typically hammer mills
are used to grind wood to a particle size of 1-3 mm [15, 20]. The mill consumes 50 kWh/t of oven dry
wood [20]. The mill is modeled with a simple energy balance to calculate the electricity demand.

5.2.5 Gasification

Three gasification models with either Air, H2 or O2/H2O as gasification agent model the conversion
of solid bark into producer gas or syngas. A flowsheet of the gasification models is shown in Figure
5.3. The equipment in the dotted boxes are only used for the indicated cases. As type of gasifier, a
circulating fluidized bed gasifier was chosen. The elemental composition of bark and wood residues
can be found in Appendix B.2.

Figure 5.3 Flowsheet of the gasification process as modeled in Aspen Plus for cases G-Air, G-H2 and G-O2
(dotted boxes differentiate between the cases)

After drying the moisture content of the biomass is reduced from 38.2 to 15 wt.% which is a typical
water content of biomass for gasification [275]. The gasification is modeled using a RYield and
RGibbs reactor performing the decomposition and the chemical equilibrium calculations. In the first
reactor, the bark is decomposed into its elemental composition. In the RGibbs reactor, the chemical
equilibrium composition of the available components comprised of biomass and gasification agent is
calculated. Since the equilibrium models underpredict the methane formation, the methane content
at the outlet of the RGibbs reactor was fixed. For air gasification it was fixed to 5 mol % [276, 277] and
for O2/H2O gasification the value was set to 10 mol % [278, 277] which is in line with experimental
values. A pressure drop of 0.2 bar is set in the gasifier to account for the pressure drop in the whole
process chain. The temperature of the gasifier was set to 800 °C for G-Air, 850 °C for G-H2 [279] and
900 °C for G-O2. The temperature was regulated by adjusting the flow rate of the gasification agents
for G-Air and G-O2. The temperature of the gasifier in G-H2 was adjusted by the preheating of the
H2 stream in the heat exchanger. In the gasifier for G-H2 a temperature approach of -161.8 °C as
proposed by Mozaffarian and Zwart was implemented in the RGibbs reactor [279]. In all gasifiers,
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1 wt. % of carbon and 50 wt. % of ash are removed as char and bottom ash from the process. The
removed carbon accounts for unconverted char in the gasifier. For G-H2, the carbon conversion is 80
% and therefore the carbon removal was set to 20 wt. % [279].

The gasification agents fluidize the bed material and bark. Due to the implemented pressure
loss and set operating pressures, the gasification agent undergo compression or pumping. Air is
preheated to 291 °C with heat from producer gas cooling. O2 and water are preheated to 400 °C
starting from 80 °C as received from the water electrolysis and 20 °C as from the water grid. Water is
also evaporated in this step. H2 is preheated to 409 °C. The producer gas or syngas from the gasifier
is cooled in the heat exchanger after the gasifier. In G-Air, the stream is cooled to 700 °C and the heat
is supplied to increase the temperature of the air for gasification. The producer gas was not further
cooled. The latent heat of the gas stream is important in the lime kiln since the lower heating value
of the producer gas is very low. In G-H2 and G-O2, the gas was cooled to 30 °C to recover valuable
high temperature heat and to enable the water separation in the following flash drum. The water
removal was implemented since the gases carry a high fraction of water. It is a possibility of reducing
the mass flow of the fuel to the lime kiln in order to decrease the mass flow of the resulting flue gas.
The syngas and producer gas are not further purified since it is not used for a chemical synthesis.
Impurities introduced to the lime kiln will be removed via a larger lime purge stream and the flue
gas is cleaned according to legislative requirements.

5.3 Results

The results section presents the mass and energy balances of the processes divided by fuel preparation
(5.3.1), lime kiln (5.3.2) and PtX process (5.3.3). Based on the simulation results, the processes are
integrated into the pulp mill with focus on utilities, biomass availability and change in electricity
balance. The cases are assessed in terms of CO2 emissions (5.3.5) and economics (5.3.6).

5.3.1 Fuel preparation

The tables for mass and energy balance are shown in the Appendix E.1.1 and are not further elaborated
on here. The focus here is on the energy efficiency of the fuel preparation. The energy efficiency of
the fuel preparation as an indicator for comparison is shown in Table 5.2. The energy efficiency is
calculated including the energy flows and values shown in the table. Wood has the highest efficiency
with 100 % as wood is directly used in the process without any process that decreases the energy
content of the fuel. The second highest efficiency is found for H2-NG. As a part of the natural gas is
replaced by H2 which is produced with an efficiency of 70 % the process shows a high fuel preparation
efficiency. For the other processes, the efficiency is in between 62.5 and 68.9 %. The efficiency of the
gasification based routes is higher than for H2-SNG. G-Air+H2 is more efficient than G-Air since the
production of H2 is more efficient than the production of producer gas. These numbers do not account
for the integration with the pulp mill and therefore neglect the full impact on the fuel preparation
efficiency.

The increased energy input quantifies the increase in energy input compared to BC. This also takes
into account the change in fuel demand in the lime kiln. Therefore this figures gives a clearer picture
of the energy demand. Due to the higher fuel demand and rather low energy efficiency, G-Air shows
the highest increase of 32.2 MW. The electrified version of this case (G-Air+H2) has a lower fuel
demand and higher energy efficiency yielding an increase in energy demand of only 25.6 MW. As
expected, the lowest values are found for Wood and H2-NG. Table E.4 in the Appendix shows the
composition of the liquid and gaseous fuels as fed to the lime kiln. The fuel composition for wood is
given by the laboratory analysis in Table B.3.
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Table 5.2 Energy efficiency of fuel preparation (BC and FO excluded. H2-SNG means H2-SNG-partial. Values
in MW except for efficiency figures.)

Wood H2-NG H2-SNG G-Air G-Air + H2 G-H2 G-O2
Input

Wood residues/Bark 50.2 0.0 0.0 81.6 38.1 26.5 72.8
Natural gas 0.0 23.7 0.0 0.0 0.0 0.0 0.0
Electricity 0.0 33.8 75.8 0.6 37.5 50.9 0.4

Output
Wood 50.2 0.0 0.0 0.0 0.0 0.0 0.0
PG/SG 0.0 0.0 0.0 55.8 26.0 0.0 49.0
NG/SNG (also G-H2) 0.0 23.7 23.7 0.0 0.0 49.0 0.0
H2 0.0 23.7 23.7 0.0 26.0 0.0 0.0
Energy efficiency 100.0% 82.4% 62.5% 67.9% 68.9% 63.3% 66.9%
Increased energy input 0.2 7.5 25.8 32.3 25.6 27.4 23.2

5.3.2 Lime kiln

This section presents the results for the lime kiln including the mass balance with focus on flue gas
mass flow and composition. The mass balance of the lime kiln is presented in Table 5.3. Lime mud
(wet) means the whole solid and liquid input to the lime kiln and burnt lime (dry) means the produced
solid product. The converted limestone and resulting burnt lime is constant in all cases as it is given
by the pulp mill data. However, the fuel mass flows differ substantially. The fuel flow depends on
the LHV of the fuel and on the heat demand of the lime kiln for this fuel (see Table E.1).

Especially, for gasification with air and O2 (G-Air, G-Air+H2 and G-O2), the fuel flow is extraordi-
nary high. In case G-Air+H2 the mass flow can be decreased by the addition of H2 in comparison to
G-Air. The gasification with H2 (G-H2), results in a low fuel flow due to a high LHV of the fuel in
comparison to the other gasification processes. Especially for G-Air and G-O2 with a high fuel mass
flow, the flue gas mass flow is accordingly high. However, the flue gas mass flow also depends on the
amount of combustion air required by the fuel.

Table 5.3 Mass balance of the lime kiln in t/h

BC FO Wood H2-NG H2-SNG-partial H2-SNG-full G-Air G-Air + H2 G-H2 G-O2
Input

Fuel 3.8 4.1 9.5 2.5 2.4 2.4 42.7 20.7 3.5 19.8
Air 80.0 79.4 63.2 70.1 70.2 70.2 80.7 58.9 75.1 76.3
Limestone (wet) 25.0 25.0 25.0 25.0 25.0 25.0 25.0 25.0 25.0 25.0

Output
Flue gas 97.7 97.4 86.6 86.6 86.6 86.6 137.3 93.5 92.5 110.1
Burnt lime (dry) 11.1 11.1 11.1 11.1 11.1 11.1 11.1 11.1 11.1 11.1

The resulting flue gas comprises the combustion products, and water and CO2 from the lime burning
process. The mass flow and volume flow of flue gas is shown in Figure 5.4. As already mentioned, an
increase in flue gas flow can cause problems due to increased particle removal from the lime kiln and
overloading of the flue gas cleaning system. The change in flue gas flow arises, besides different fuel
mass flows, from different air requirements for combustion of the fuels and different fuel demands
based on Equation 5.1. For example the release of 1 MJ of heat during stoichiometric combustion
requires 0.33 kg air for H2 and 0.40 kg air for methane. The normal volume flows behave similarly to
the mass flows.

In the following we will only refer to the mass flows. The combustion of natural gas (BC) represents
the benchmark for comparison (indicated by the dashed line in the figure). Higher flue gas flows
are found for G-Air and G-O2 due to a high fuel and combustion air mass flow. The mass flow for
G-Air increases by 41 % compared to BC. With 13 % mass flow increase, G-O2 shows the lowest mass
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Figure 5.4 Mass and volume flow of flue gas from the lime kiln for different fuels

flow increase. G-Air is one of the most prominent option with the issue of an increase in flue gas
flow possibly exceeding the technical limits of the plant. In this case, the other processes might be
prefered.

The flue gas composition is shown in Figure 5.5. This is especially interesting for the CO2 capture
process. The CO2 concentration determines the applicable technology and consequently energy
demand and cost. The figure shows the molar composition of dry flue gas. In the wet flue gas, the O2
concentration is set to 3 mol% which translates to roughly 4-5 % in the dry flue gas. Argon introduced
with the combustion air is roughly at 1 mol %. The cases H2-NG and H2-SNG have roughly a 50 %
reduction of CO2 from fuel combustion. However, the additional CO2 from the CaCO3 conversion
also contributes to the CO2 in the flue gas leading to a final CO2 concentration of 12 %. G-O2 has the
highest CO2 concentration due to the amount of CO2 already present in the syngas.

Figure 5.5 Composition (dry, mol%) of flue gas from lime kiln
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5.3.3 PtX processes

Table 5.4 shows the energy balance of the PtX processes for the production of SNG and MeOH
including water electrolysis and CO2 capture. The mass balance is shown in Table E.3 in the Appendix.

Table 5.4 Energy balance of PtX processes in MW

H2-SNG-partial H2-SNG-full G-O2
Input

Electricity total 42.0 99.1 205.9
- Electrolysis 41.0 96.7 196.2
- Compression 0.3 0.8 5.6
- MEA 0.7 1.5 4.2
Heat SNG/MeOH 0.3 0.7 12.4
Heat MEA 4.6 10.8 29.2

Output
SNG/MeOH 23.7 55.9 115.2
Heat SNG/MeOH 8.5 20.0 44.9
Heat Electrolysis 8.2 19.3 39.2

The demand of H2 is increasing from H2-SNG-partial to G-O2. G-O2 has a huge plant size compared
to the other investigated plants in this thesis. It reaches an electrical energy demand of 196.2 MWel
for the electrolysis. Accordingly all other heat streams for heating and cooling are bigger than in
comparison to the SNG cases. The output of SNG in case H2-SNG-partial equals the demand for
operation of the lime kiln. H2-SNG-full can export 32.2 MWth SNG.

5.3.4 Integration

In comparison to the PtX routes in Chapter 4, the decarbonization of the lime kiln has for most cases
a lower impact on the pulp mill’s utilities (Table 5.5). Waste water originates from SNG or MeOH
production, and as condensate from gasification with H2 or O2/H2O. The amount of waste water is
the largest for G-O2. Deionized water is needed for the cases involving water electrolysis. Higher
demands due to larger electrolysis sizes, are observed for H2-SNG-full and G-O2. Similarly, O2 from
water electrolysis can replace O2 normally generated on-site. For all cases enough O2 is produced to
satisfy the pulp mill’s demand. Even a tremendous surplus is generated for most cases.

Table 5.5 Impact on utilities of pulp mill in t/a (a available for pulp mill and sale)

BC FO Wood H2-NG H2-SNG-partial H2-SNG-full G-Air G-Air + H2 G-H2 G-O2
Waste water treatment

Additional waste water amount 0 0 0 0 28,767 67,919 0 0 20,589 106,266
Increase in waste water 0.0% 0.0% 0.0% 0.0% 0.2% 0.4% 0.0% 0.0% 0.1% 0.7%

Deionized water
Additional demand 0 0 0 47,520 105,158 183,531 0 52,287 71,248 275,675
Increase in deionized water 0.0% 0.0% 0.0% 0.3% 0.6% 1.1% 0.0% 0.3% 0.4% 1.6%

O2
O2 productiona 0 0 0 42,193 93,370 162,958 0 46,426 63,261 212,102
Coverage of O2 demand 0% 0% 0% 153% 339% 591% 0% 168% 229% 769%

Biomass is a major feedstock for some cases. The biomass availability and demand are shown
in Table 5.6. As the biomass is normally combusted in the bark boiler of the pulp mill, rerouting
the biomass towards the lime kiln changes the steam production of the bark boiler as the biomass is
normally thermally recycled in the boiler. In cases Wood and G-Air, the available biomass onsite is not
sufficient for the supply. The lacking biomass needs to be either imported or internal resources must
be used more efficiently to free the required biomass. For the other cases the onsite biomass supply
is sufficient. For G-Air+H2 and G-H2 part of the required energy is not only derived from biomass
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but also complemented by electricity/H2. Therefore, the biomass input is reduced compared to the
non-electrified processes. The thermal energy demand of the lime kiln is similar for G-Air and G-O2.
However, for G-O2 the thermal energy supply consists of syngas and the purge stream of the MeOH
process. Therefore, the energy demand of the syngas is lower leading to a lower biomass demand.

Table 5.6 Biomass availability and demand for lime kiln fuel supply in 𝑡𝑑𝑟𝑦/a, (a wood residues,b bark)

Wood G-Air G-Air + H2 G-H2 G-O2
Biomass needed 67,432 116,014 54,093 37,709 98,839

Biomass availability 48,823a 100,404b 100,404b 100,404b 100,404b

Share of available biomass -38% -16% 46% 62% 2%

The reduction of biomass availability for steam generation in the bark boiler leads to a massive
reduction in high pressure superheated steam production and consequently electricity generation
(Table 5.7). The cut in electricity reaches around 18 MWel for G-O2 and G-Air as these processes have
the highest demand for biomass (bark). The electrified gasification routes G-Air+H2 and G-H2 have a
lower biomass demand and therefore lower impact on the electricity generation from the bark boiler.
However, these processes will increase the total electricity demand due to water electrolysis.

The impact of waste water treatment and deionized water production is marginal for all cases. The
saving in O2 production accounts to 1.43 MWel for cases involving water electrolysis as the O2 demand
can be completely covered. The composite curves for heat integration are presented in the Appendix
E.3. H2-SNG and G-H2 generates surplus heat which can be exported to the pulp mill as HP steam
which is converted to 0.59 to 1.40 MWel. Wood, G-Air, G-Air+H2 and G-O2 are supplied with LP and
MP2 steam. The change in electricity demand of process cooling is influenced by heat integration and
by the reduced bark boiler load. The pinch analysis gives a cooling demand which cannot be covered
by heat integration. The contribution is marginal. The reduced biomass combustion however leads
to a lower steam production and consequently lower cooling demand for complete condensation of
the low pressure steam after the turbine. The gasification based cases show through the high biomass
demand a more distinct reduction in electricity demand ranging from 0.21 to 0.57 MWel.

Table 5.7 Change in electricity balance caused by integration of lime kiln decarbonization (negative values
mean higher electricity availability)

BC FO Wood H2-NG
H2-SNG
-partial

H2-SNG
-full G-Air G-Air + H2 G-H2 G-O2

Waste water treatment 0.00 0.00 0.00 0.00 0.00 0.01 0.00 0.00 0.00 0.01
Deionized water 0.00 0.00 0.00 0.01 0.03 0.05 0.00 0.01 0.02 0.07
O2 0.00 0.00 0.00 -1.43 -1.43 -1.43 0.00 -1.43 -1.43 -1.43
Heat integration 0.00 0.00 0.62 0.00 -0.59 -1.40 0.88 0.41 -0.66 5.98
Process cooling 0.00 0.00 -0.29 0.00 0.03 0.06 -0.57 -0.31 -0.19 -0.32
Bark boiler 0.00 0.00 9.43 0.00 0.00 0.00 18.32 9.87 6.88 18.04
Total 0.00 0.00 9.76 -1.42 -1.96 -2.71 18.63 8.55 4.63 22.35

5.3.5 CO2 emissions

Figure 5.6 shows the origin of the CO2 in the flue gas. Only in cases BC, FO and H2-NG fossil CO2
is present in the flue gas. This CO2 is derived from the combustion of fossil fuels like natural gas or
fuel oil. The share of fossil emissions in FO is higher due to the higher emission factor of this fuel
in comparison to natural gas. Important to note is that the mass flow of biogenic CO2 from CaCO3
conversion (Equation 2.1) is constant but the share varies depending on CO2 from fuel combustion
which varies due to different emission factors and mass flows of the fuel. For example G-Air has the
highest share of biogenic CO2 from fuel as the fuel mass flow is very high and as the fuel already
caries 23.9 wt.% of CO2.



106

Figure 5.6 Origin of CO2 in the flue gas

The CO2 balance was calculated as described in Section 3.4 including only the change in fossil CO2
emissions. Figure 5.7 shows the difference in annual fossil CO2 emissions in comparison to natural
gas (BC). Reaching negative emissions of 76 kt CO2/a means a full reduction of fossil energy related
CO2 emissions in the lime kiln process. Generally, the CO2 balance is a function of the grid electricity
emission factor for cases G-O2, H2-SNG-full and H2-SNG-partial since in these cases electricity is
imported from the grid. The amount of imported electricity and consequently the slope of the curve
is decreasing in the order as named before. In these cases, 150.6 MWel, 70.2 MWel and 13.9 MWel
are imported from the grid together with the corresponding CO2 emissions. The marginal emission
factor, defined as the emission factor of electricity to reach equal emissions than BC, is calculated
at 0.144 and 0.067 t CO2/MWh for H2-SNG-full and G-O2. The marginal emission factor of 0.730
t CO2/MWh for H2-SNG-partial shows that emission reduction can be even achieved for very high
grid emission factors.

Contrary, all other cases show no change in CO2 emissions over the grid emission factor since no
electricity from the grid is imported. Even with a lower thermal power demand, the annual emissions
for FO are higher due to the higher emission factor of fuel oil. The CO2 emissions increase by 20 kt/a.
A decrease of emissions by 76 kt/a is calculated for Wood, G-Air, G-H2 and G-Air+H2. Case H2-NG
shows emission reduction by 40 kt/a. In this case, fossil CO2 emissions are still generated by natural
gas combustion. The annual amount of biogenic CO2 which is stored in the product amounts to 47.4
kt for SNG to the grid in H2-SNG-full and to 214.9 kt for MeOH in G-O2.

5.3.6 Economic assessment

The basis of economic assessment are described in Section 3.3. The assumptions here are that the lime
kiln process must not be technically modified for different fuels. For example, investment cost for
burner, flue gas cleaning or other infrastructure (sludge drying or other disposal in case of no disposal
in the bark boiler) is excluded as reliable cost estimates are difficult. The calculations presented are
at a CO2 certificate price of 0 €/t CO2.

Special features of the operating cost are the additional purge in the calcium cycle and the biomass
utilization. For the biomass based fuels (Wood, G-Air, G-Air+H2, G-H2 and G-O2) non-process
elements are introduced to the lime kiln and a higher purge is required to regulate the accumulation
of these elements. For wood powder combustion, the effect might be more severe as all biomass
together with the impurities introduced to the lime kiln. In the gasification based cases, part of the
ash which contains the critical substances, is already removed as bottom ash and therefore reduces
the input of critical elements. However in all cases a purge of 1 wt.% of the resulting CaO is assumed
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Figure 5.7 Change in annual fossil CO2 emissions of the pulp mill with different fuel supply for the lime kiln
calculated with varying grid electricity emission factor

amounting to 734 t CaO annually. A CaO price of 280 €/t is confirmed by industry. Biomass as raw
material for the before named cases is indirectly included in the cost calculation. The waste biomass
is usually combusted in the bark boiler and the generated steam is used for electricity generation.
Therefore, a decreased biomass availability to the boiler leads to lower electricity production. The
loss in electricity production is accounted for as it cannot be sold to the grid. In some cases biomass
needs to be supplied externally and is therefore bought for market price.

In this section, the comparison is based on the TAC and not the levelized cost of product like in
Chapter 4. The breakdown of the TAC is shown in Table 5.8. Natural gas combustion, as the reference
case, causes annual cost of 9.4 M€ which are only derived from natural gas cost. For FO, the annual
cost derive from the cost for fuel oil consumption. In all other cases, investment cost are associated
with the new process options further leading to investment related operating cost like maintenance,
labor, etc. Additionally, energy cost for biomass or electricity apply. Highest cost are found for the
cases involving H2. Compared to the base case, the TAC for H2-SNG-full shows the highest increase
(1075 %). The most promising option in terms of cost is Wood with an increase of only 37 % in TAC
compared to BC.

For all cases except BC and FO, the investment cost contribute to the TAC. For Wood, the ACC
contributes only to 6 % to the TAC. The highest contribution of 42 % is calculated for G-O2 which
is due to the high cost for water electrolysis. Generally, the investment cost of water electrolysis
dominate in all cases involving H2 and range from 72 % (G-Air+H2) to 100 % (H2-NG) of ACC. The
operating cost account for 84 to 94 % of TAC (excluding BC, FO and G-O2). For BC and FO, the
TAC consist solely of the fuel cost. For G-O2, the share of operating cost is only 58 % which is due
the reduction of operating cost generated by the revenue for MeOH. The revenue does confound the
calculations as the revenue decreases the operating cost and thus increases the share of ACC. The
impact of SNG sale is not as significant due to the lower production amount and the lower price of
SNG in comparison to MeOH. The impact of purging CaO is marginal for all cases. Electricity cost
will be for most cases except BC and FO one of the major cost components. The reduction in electricity
generation for biomass based processes causes a substantial electricity deficit. This influence can be
observed in Wood and G-Air which have no high electrical energy demand themselves but reduce
the onsite electricity generation as biomass cannot be used in the bark boiler for steam generation.
However, water electrolysis as the major consumer of electricity exhibits a higher impact compared
to the lack of electricity production.
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Furthermore, Table E.6 shows the TAC cost if either the cost categories electricity cost or ACC
are excluded. For an electricity price of 0 €/MWh, Wood and G-O2 reach lower TAC than BC.
The marginal electricity price is at 45 and 39 €/MWh respectively. Compared to FO, the marginal
electricity price ranges from 27 to 76 €/MWh for G-O2, H2-NG, G-Air+H2, G-H2 and H2-SNG-partial
in increasing order. Therefore, the plant location and regional electricity price for electricity import
as well as electricity sale is an extremely important factor for the economic assessment. The exclusion
of the ACC (paid off plant), lowers the TAC. However, it does not change the order of economic
competitiveness with Wood and G-Air being still the most competitive cases.

Based on the difference in TAC between BC, and the respective case including CO2 prices, the
increase in pulp selling price can be calculated. Figure 5.8 shows the impact on the pulp selling price
with varying CO2 certificate prices for fossil emissions. The figure exemplifies the economic trade off
between CO2 emissions which affects the cost of CO2 tax and the TAC of the case.

Figure 5.8 Impact of cases and CO2 certificate price on pulp selling price (calculations based on fossil CO2
emissions)

The increase in pulp selling prices varies between 9 and 165 €/ADt for a CO2 tax of 0 €/t CO2. The
slope of the curves in Figure 5.8 refers to the cost caused by fossil CO2 emissions. The pulp selling
price increases with CO2 price for cases H2-SNG-full, G-O2 and FO. These cases have higher CO2
emissions compared to the base case leading to higher cost for CO2 emissions with increasing CO2
price. The slope of pulp selling price increase is the largest for G-O2 and the smallest for FO. All
other cases show a negative slope. The same slope is observed for Wood, G-Air, G-H2 and G-Air+H2.
"Best case" in the graph has the same slope as these cases resulting in no fossil CO2 emissions. It
refers to a best possible generic case with the same TAC than BC and no fossil CO2 emissions. The
proximity of the curves for Wood and G-Air show that not much further improvements are possible
in terms of economics and CO2 emissions. Of course, lower TAC than for BC would be possible to
further decrease the pulp selling price but this would be implemented as the state of the art and
seems therefore very unrealistic. The CO2 emission reduction is roughly similar for H2-SNG-partial
and H2-NG resulting in a similar slope which is less steep than for the cases discussed before.

Interesting are the break even points. The area of negative pulp selling prices means that the
measure will save cost in comparison to BC. In the investigated range, only Wood, G-Air and G-
Air+H2 are able to reach negative prices. The break even points are roughly at 50, 180 and 470 €/t



109

Ta
bl

e
5.

8
Br

ea
kd

ow
n

of
co

st
fo

rl
im

e
ki

ln
de

ca
rb

on
iz

at
io

n
in

M
€

(O
S

an
d

C
A

:O
pe

ra
tin

g
su

pe
rv

is
io

n
an

d
cl

er
ic

al
as

is
st

an
ce

)

BC
FO

W
oo

d
H

2-
N

G
H

2-
SN

G
-p

ar
tia

l
H

2-
SN

G
-fu

ll
G

-A
ir

G
-A

ir
+

H
2

G
-H

2
G

-O
2

To
ta

la
nn

ua
lc

os
t

9.
4

29
.5

12
.9

36
.4

71
.7

11
0.

1
23

.0
45

.1
54

.3
75

.4
C

ha
ng

e
co

m
pa

re
d

to
BC

21
5%

37
%

28
9%

66
5%

10
75

%
14

5%
38

1%
47

9%
70

4%
O

PE
X

9.
4

29
.5

12
.0

32
.3

61
.1

92
.4

20
.1

38
.8

46
.5

43
.7

La
bo

r
0.

0
0.

0
0.

9
0.

9
1.

1
1.

1
1.

0
1.

0
1.

0
1.

2
La

bo
ra

to
ry

ch
ar

ge
s

0.
0

0.
0

0.
1

0.
1

0.
2

0.
2

0.
1

0.
2

0.
1

0.
2

O
S

an
d

C
A

0.
0

0.
0

0.
1

0.
1

0.
2

0.
2

0.
1

0.
2

0.
1

0.
2

N
at

ur
al

ga
s

9.
4

0.
0

0.
0

4.
4

0.
0

0.
0

0.
0

0.
0

0.
0

0.
0

Fu
el

oi
l

0.
0

29
.5

0.
0

0.
0

0.
0

0.
0

0.
0

0.
0

0.
0

0.
0

D
ei

on
iz

ed
w

at
er

0.
0

0.
0

0.
0

0.
1

0.
2

0.
4

0.
0

0.
1

0.
1

0.
6

El
ec

tr
ic

ity
pu

lp
m

ill
0.

0
0.

0
6.

5
21

.0
37

.4
37

.4
12

.0
28

.7
34

.5
37

.4
El

ec
tr

ic
ity

gr
id

0.
0

0.
0

0.
0

0.
0

6.
2

31
.6

0.
0

0.
0

0.
0

75
.9

Pr
od

uc
tr

ev
en

ue
0.

0
0.

0
0.

0
0.

0
0.

0
-6

.0
0.

0
0.

0
0.

0
-1

25
.1

CO
2

0.
0

0.
0

0.
0

0.
0

1.
8

4.
2

0.
0

0.
0

0.
0

11
.2

Bi
om

as
s

0.
0

0.
0

2.
1

0.
0

0.
0

0.
0

1.
6

0.
0

0.
0

0.
0

O
2

0.
0

0.
0

0.
0

-1
.1

-1
.6

-2
.3

0.
0

-1
.1

-1
.3

-3
.1

M
ai

nt
en

an
ce

0.
0

0.
0

0.
6

2.
8

7.
2

12
.2

2.
0

4.
3

5.
3

21
.7

C
aO

0.
0

0.
0

0.
2

0.
0

0.
0

0.
0

0.
2

0.
2

0.
2

0.
2

In
su

ra
nc

e
an

d
Ta

xe
s

0.
0

0.
0

0.
2

1.
2

3.
1

5.
2

0.
9

1.
9

2.
3

9.
3

Pl
an

to
ve

rh
ea

d
0.

0
0.

0
1.

0
2.

3
5.

1
8.

1
1.

9
3.

3
3.

9
13

.9
A

m
in

is
tr

at
io

n
0.

0
0.

0
0.

2
0.

2
0.

2
0.

2
0.

2
0.

2
0.

2
0.

2
A

C
C

0.
0

0.
0

0.
8

4.
1

10
.5

17
.7

2.
9

6.
3

7.
7

31
.6

El
ec

tr
ol

ys
is

0.
0

0.
0

0.
0

4.
1

9.
1

16
.0

0.
0

4.
5

6.
2

24
.0

G
as

ifi
ca

tio
n

0.
0

0.
0

0.
0

0.
0

0.
0

0.
0

2.
9

1.
7

1.
5

2.
0

SN
G

/M
eO

H
0.

0
0.

0
0.

0
0.

0
1.

4
1.

8
0.

0
0.

0
0.

0
5.

6
W

oo
d

ha
nd

lin
g

0.
0

0.
0

0.
8

0.
0

0.
0

0.
0

0.
0

0.
0

0.
0

0.
0



110

CO2 respectively (see Table 5.9 for CO2 abatement cost). The positive pulp selling prices mean an
increase in pulp production cost if these technologies are used. If an increase in pulp production cost
cannot be avoided, the lowest increase is more attractive meaning that G-O2, H2-SNG-partial and
H2-SNG-full will never be able to compete under these market conditions.

The CO2 abatement cost are shown in Table 5.9. Only technologies with lower CO2 emissions than
BC are shown in the table. Based on this evaluation, the most cost effective process option would be
the technology with the lowest abatement cost (Wood). H2-SNG-partial shows the highest abatement
cost. Additionally, the abatement cost excluding the electricity cost are given in the second row.
Especially for the electricity intensive processes, the AC decrease tremendously. However, also the
cases with lower dependency on electricity show a change in AC.

Table 5.9 CO2 abatement cost in €/t CO2

Wood H2-NG H2-SNG-partial G-Air G-Air + H2 G-H2
AC 46 678 1715 179 472 592
AC w/o electricity 84 385 773 145 217 260

5.4 Discussion

5.4.1 Comparison with literature and model validation

The available literature on concepts for decarbonization using renewable fuels or carbon capture were
reviewed in Section 2.1.2 and 2.5.4. In comparison to the CO2 abatement cost of the options presented
here, the plasma based process with capture and storage cost of 36 to 60 €/t CO2 seems more cost
competitive [27]. For the market pulp mill, electricity prices below 60 €/MWh make the process
cost competitive compared to a fuel oil fired lime kiln. The investigated options with high degree of
electrification (H2-SNG-partial, G-Air + H2 and G-H2) are not even capable to be cost competitive
at free electricity. However, compared to fuel oil, the break even electricity price is 28 €/MWh for
H2-NG, 76 €/MWh for H2-SNG-partial, 49 €/MWh for G-Air + H2 and 63 €/MWh for G-H2 which
are closer to the plasma calcination concept.

Kuparinen and Vakkilainen investigated renewable fuels with focus on biomass as fuel for the lime
kiln [25]. The investigation showed a resulting price for biomass based fuels of 10 to 17 €/MWh for
varying electricity prices. The price for lignin ranges from 20 to 21 €/MWh. The price for H2 starts at
roughly 17 €/MWh and increases linearly. The integration with the pulp mills shows a decrease in
sellable power of 5.2 to 75.8 MWel with H2 as the only option not to cover the whole thermal power
demand of the lime kiln. The same is observed here. The surplus power would not be sufficient to
supply all the thermal power needed for pure H2 combustion.

The capture of CO2 from lime kiln flue gas was explicitly modelled by Parkhi et al. showing capture
cost of 65 €/t CO2 and an increase in pulp price of 15 €/ADt [77]. Comparing the calculated abatement
cost with carbon capture shows that only Wood is competitive. All other options show tremendously
higher cost. However, the safe storage and cost of storage also needs to be addressed for carbon
capture and storage. Furthermore, the complete capture of CO2 is usually not achieved meaning that
the emission reduction is limited to a certain extent. However, also biogenic carbon is captured and
can therefore lead to net negative emissions. Rey et al. modelled a gasifier for supplying producer
gas to the lime kiln [280]. They found a payback time of 21.2 years. For the simultaneous production
of produced gas for the lime kiln and for an IGCC, the payback time drops to 19.2 years.

The thermal power demand in the lime kiln is changing with fuel. The operational experience
shows that the thermal power demand is reduced for fuel oil in comparison with BC. This is also
confirmed by the model lime kiln that the fuel oil fired lime kiln has a lower energy demand than
natural gas fired.
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5.4.2 Further process options and improvements

An SOEL can improve the overall process performance due to a more efficient production of H2. This
would lead to a lower electricity consumption and possibly lower electricity import from the grid.
The lower electricity import further leads to lower CO2 emissions. Additionally, high temperature
heat transfer between the lime kiln and the SOEL can improve economics and lowers the demand
for electrical heating. The production of MeOH instead of SNG for the combustion in cases H2-
SNG is also an option to improve economics as MeOH is a more cost competitive product than SNG.
However, MeOH production lowers the availability of electricity compares to SNG as shown in Section
4.4. Furthermore, the SNG production could be operated flexibly to satisfy the demand of the lime
kiln at any time. A surplus production can be fed to the grid. This concept would have a guaranteed
load for the production of SNG. Under oxyfuel combustion, the flue gas would contain only H2O and
CO2 which can be fed to a co-electrolysis to produce syngas. The syngas can either be combusted
directly or converted to a PtX product like SNG or MeOH which can be combusted or sold to the
market.

Additionally, the carbon capture units can be further tailored to the CO2 concentration of the flue
gas as for some cases the concentration of CO2 exceeds classical concentrations found in flue gases.
Besides using rigorous process models, different capture technologies can be used. For example
scrubbers with more energy efficient absorption media establishing in the market or other technology
concepts like scrubbers other than amines (Selexol, Rectisol, ...) or pressure swing adsorption can
be investigated. CCS is an economically feasible process route besides the investigated cases here.
Capture cost were discussed in 2.5.4. Compared to the calculated AC, the capture of CO2 is an
economic feasible option. However, the transportation infrastructure and save storage have to be
addressed.

5.4.3 Retrofitting

The proposed options are all viable with a high technical maturity. However, retrofitting the technol-
ogy to the existing infrastructure might be challenging. Retrofitting such processes must be tailored
to the specific pulp mill as site specific features of pulp mills must be considered. Especially, the
integration is very site specific. The results generated here are therefore specific for the model pulp
mill and allow only for general conclusions for other mills. For a greenfield plant, the planing of the
lime kiln can of course be easily adapted to any other available process like LimeArc (plasma-based
calcination [26]) or Leilac (electrically heated calcination [281]).

For retrofitting the investigated options, the increased flue gas mass stream is a major concern. The
flue gas mass flow can, as already mentioned, exceed the capacity of the flue gas cleaning system or
increase the removal of particles from the lime kiln through increased flow velocities. As shown in
Figure 5.4, the mass flow increases especially for G-Air and G-O2 by 40.6 % and 12.7 % respectively.
For all other cases, the mass flow decreases meaning that it is not a concern. The decreased mass flow
actually means that the production capacity of the lime kiln can be increased and with that the total
pulp production of the mill. The higher mass flows will however overload the pulp mill’s flue gas
treatment capacity calling for investment in the flue gas cleaning system especially the electrostatic
precipitator and fan. Process related changes like lower O2 content in the flue gas or higher dry
matter content of the lime mud could decrease the flue gas flow to some extent. Based on Hellgren, a
lower gasification temperature could actually further decrease the volume flow of the producer gas as
more longer chain gas components and tars are formed [282]. The gasification temperature optimum
is likely below 750 °C but depends also on the type of feedstock. With the adjustment of the gasifier
temperature, the mass fuel mass flow can be decreased leading to a decreased flue gas flow.

Even though most of the biomass flows needed in the investigated options are available onsite the
rerouting of the energy flow will impact the pulp mill’s energy system as stated in Section 5.3.4. This
change is very mill specific and depends on many factors. Besides the lack of electricity generation,
the operation of the bark boiler is questionable for some cases. The minimum load of the bark boiler
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(Pth,max = 87 MWth) is in the one digit MWth for dry fuels with a normal heating value. However, the
boiler is also used for the disposal of sludge. If biomass is combusted with wet sludge, the minimum
load is at around 50 % of the maximum load. With this constraint on the bark boiler operation, the
sludge has to be either dried before combustion or disposed externally both leading to additional
cost. The evaluation shows that for G-Air and G-O2 the reduction in boiler load is above 50 %. For
these cases the operation of the bark boiler is not feasible anymore with wet sludge leading to higher
cost for the sludge disposal.

Table 5.10 Retrofittability in terms of reduced bark boiler load

Wood G-Air G-Air + H2 G-H2 G-O2
Reduction in boiler load -29 % -69 % -37 % -26 % -69 %

Options to tackle the biomass shortage for cases Wood and G-Air (Table 5.6) besides market purchase
are to change process parameters in the screening of wood chips that make more fine materials
available or to process more log wood instead of buying wood chips which would increase the
amount of bark being available. Another concern might be emission limits of the flue gas that have
to be met. The biomass based routes contain an additional nitrogen load that besides thermal and
prompt NOx formation will cause additional emissions in the lime kiln’s flue gas.

5.4.4 CO2 emission reduction

The goal of this chapter is the evaluation of reducing CO2 emissions from the lime kiln operation.
First of all, only the energy related emissions can be reduced. The process related emissions from
calcination can only be reduced with CCS.

The process related CO2 in the lime kiln is of biogenic origin. The energy related emissions of
the investigated process routes are either of biogenic or fossil origin. In order to reach a complete
reduction of fossil emissions, biomass is a key raw material. As shown, only electricity based routes
are not capable to supply enough energy to the lime kiln based on the availability of surplus electricity
in the pulp mill or technical constraints of H2 addition to the fuel. Biomass-based routes or electricity
boosted biomass-based routes are capable to totally erase fossil emissions. For H2-SNG-partial, the
break even emission factor is at 0.73 t CO2/MWh (comparison with natural gas fired lime kiln).
Therefore, the technology is viable for reducing CO2 emissions. As this value is compared to natural
gas as the base case, break even emission factors are even higher for the comparison with fuel oil.
The comparison with H2-SNG-full or G-O2 is due to the production of side products difficult. As
already discussed in 5.4.1, the CO2 capture is economically also a very interesting option. Especially
in comparison to some of the investigated cases which heavily rely on electricity resulting in higher
cost (H2-NG, H2-SNG, G-Air + H2 and G-H2).

CO2 AC are a common tool to compare technologies in terms of the most economic options for
CO2 reduction. The comparison between the investigated cases is valid as they are based on the
same assumptions. However, the assumptions do influence the results extremely as shown in Table
5.9 for the AC with and without electricity cost. Therefore, the values have to be treated carefully
and the comparison must be assessed critically. Especially the comparison to values of other studies
might not be valid. Furthermore, the calculated AC are valid for the assumed market conditions.
For other market conditions, especially lower electricity prices, the result can change dramatically.
Technologies with a CO2 AC below 100 €/t CO2 are competing concepts with direct electrification
like Lime Arc, CCS, Wood and G-Air.
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5.5 Conclusion

The decarbonization and defossilisation of the lime kiln was assessed and discussed in this chapter.
Different cases based on biomass, CO2 or electricity are investigated. The modeling and integration
with the pulp mill was performed. Central conclusions are:

• The concentration of CO2 in the flue gas depends on the used fuel. Higher concentrations of up
to 25 mol % can be reached for biomass based cases. Higher concentrations can make the CO2
capture process more efficient.

• CO2 from the calcination reaction is of biogenic origin and accounts for 43 wt. % in the flue gas
for BC. BC, FO and H2-SNG are the only cases which show fossil emissions in the flue gas. In
all other cases, the CO2 is of biogenic origin. The share of CO2 from calcination differs for these
cases due to different fuel and combustion air mass flows, and CO2 content in the unburnt fuels.

• The reduction of fossil CO2 emissions compared to BC is independent of the used electricity
for Wood, G-Air, G-H2, G-Air+H2 and H2-NG as no electricity is imported from the grid. Case
FO shows higher emissions than BC. The CO2 balance of H2-SNG-partial, H2-SNG-full and
G-O2 is influenced by the imported electricity from grid. Wood, G-Air, G-H2 and G-Air+H2 are
solutions for a fossil free pulp mill.

• Waste biomass is available and can be rerouted from the bark boiler to the lime kiln leading to
a tremendously lower onsite electricity generation. Other than that, biomass based cases have
usually very little impact on other utilities. Especially electricity based cases have a huge impact
on the pulp mill concerning O2, deionized water and waste water treatment.

• Main cost drivers are connected to electricity cost and investment cost of water electrolysis. The
operating cost usually make up for the highest share in TAC.

• A price on CO2 makes some cases cost competitive with the BC. Wood has the lowest CO2 price
at 50 €/t CO2. The second lowest AC of 180 €/t CO2 is found for G-Air. Some cases will never
be cost competitive for the investigated range of possible CO2 prices. Cases with H2, have a lot
higher abatement cost in comparison to solely biomass based cases.

• The retrofittability is critical in terms of flue gas mass flow for the lime kiln and loss in thermal
power supply to the bark boiler.

CO2 reduction at reasonable cost is more easily reached by biomass based cases. Especially Wood
and G-Air, as already employed in industry, are very promising. Cases relying on electricity as
main feedstock show high cost and only limited CO2 reduction due to electricity import from the
grid. However combining biomass and electricity as raw materials like for G-Air+H2 or G-H2 can
be promising to reduce CO2 emissions. If biomass availability is a bottleneck in the pulp mill, these
options reduce the biomass demand compared to only biomass based cases.
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6 Methanol purification

This chapter is concerned with the experimental results of the combined MeOH purification with
MeOH from the PtMeOH process and FC. Since the MeOH stream from pulping contains many
impurities, a validation experiment was used to compare the simulation to experimental data. In
order to simplify the simulation, only key components were modelled. Not only does that reduce
computing time, but it also lowers the amount of binary parameters needed for the property method.
Table D.2 in the Appendix shows the composition for FC.

6.1 MeOH purification concepts and simulations

The process configurations with focus on the purification of the PtMeOH and FC stream are shown
in Figure 6.1. The pFC concept includes the pretreatment of FC like in the process by A.H. Lundberg
Systems [140]. The light components are removed in column FC-C1. Together with the MeOH from
the PtMeOH plant, the streams are dewatered in column C1. The other concept on the right includes
the joint dewatering of both MeOH streams relying on the dilution of impurities. A first calculation
of thumb showed that for small PtMeOH plants, the required purities cannot be reached.

Figure 6.1 MeOH purification concepts including pretreatment or no pretreatment of FC

6.1.1 Process modeling

The process models were implemented in Aspen Plus as shown in the Figure 6.1. The models are
very similar to the MeOH models in Section 4.4. As property method, NRTL was used. Henry
components are defined for H2, H2S and NH3 in the whole flowsheet. The process operates at 1 bar.
The FC is entering at 50 °C with a flow rate of 650 kg/h and the composition as shown in Table D.2
in the Appendix. The PtMeOH is at 65 °C with an equimolar composition of MeOH and water.

In the pFC cases, FC and the recycled stream from the flash separator are entering the stripper
column above stage 1. The column has 10 stages and the D:F ratio is set to 0.1. The heat exchanger
FC-HX1 cools the top product to 60 °C. In the adiabatic flash drum, the gaseous product containing
low boilers are sent to incineration. The liquid product is recycled to the process to decrease the
MeOH loss. The bottom product of FC-C1 enters together with the PtMeOH stream column C1 on
stage 24. The total number of stages is set to 30. The reflux ratio and D:F ratio is adjusted to reach
a top product purity of 99.9 wt. % and a loss of MeOH via the bottom product of 0.2 wt. %. The
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resulting reflux ratio is 1.060 and 0.973 for the pFC-50 and pFC-150 case. The D:F ratio is 0.498 and
0.500. For the FC cases, the column C1 has the same settings as described for the pFC simulations.
The resulting reflux ratio is 1.175 and 1.305 for FC-150 and FC-300. The D:F ratio is found to be 0.500
for both simulations.

6.1.2 Results

The process modeling yields the results as shown in Table 6.1 for the MeOH stream. The results from
the simulation are compared to the corresponding experiments in Figure 6.12 for the S content of
the top product. The results here are found for the presented settings. An optimization in terms of
energy and economics of the model settings was not performed.

Table 6.1 Results for the purified MeOH stream

FC-150 FC-300 pFC-50 pFC-150
MeOH output 16.4 32.5 5.5 15.7 t/h
MeOH recovery 97.68% 98.81% 99.30% 99.68%
MeOH purity 99.800% 99.900% 99.900% 99.900%
S content 20.37 10.32 2.81 0.98 mg S/kg

The heat demand of column C1 is shown in Figure 6.2. The energy demand is normalized by the
product output. The energy demand of the reboiler is always higher than the cooling demand of the
condenser. For pFC, larger plant sizes show a smaller heat demand in contrast to FC cases which
show a larger heat demand for bigger plant sizes.

Figure 6.2 Heat demand of water removal column C1

The cost of MeOH purification is shown in Figure 6.3. For the 150 MWel plant size of the PtMeOH
plant, the normalized FCI of the pFC scenario shows a slightly lower cost in comparison to the
FC scenario. For the FC scenarios, the FCI for the purification decreases with plant size due to
the economy of scale for the process equipment. For the pFC scenario, the process equipment of
the pretreatment will remain the same for different plant sizes. Nevertheless, the impact of the
purification unit is marginal in comparison to the LCOM. For the 150 MWel plants, the pFC shows
slightly lower cost due to an decreased product output but a lower ACC. Furthermore, one must take
the operating cost into consideration which are neglected here. The cost assessment only considers
the ACC derived from cost data from Aspen Plus including currency and year adjustment.
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Figure 6.3 Cost for purification of MeOH
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6.2 Selective removal of sulphur and nitrogen compounds

The MeOH stream from the pulp mill is heavily contaminated with S and N compounds. The idea
is to use a prepurification step for the removal of most of the contaminants before the removal of
water in a distillation column. The goal is a high removal of contaminants in order to reach the S
concentration in the final MeOH product after water removal according to specifications. The concept
is similar to pFC as presented in Figure 6.1 with the difference of replacing the stripper column system
with an adsorption system.

One idea is the utilization of activated carbon (AC) for the adsorption of S and N species on the
surface using a process layout as shown in Figure 2.4. The other option is the precipitation of the S
components with Fe(II) ions. The process layout would be similar to the one for AC. Furthermore, a
combination of both methods is investigated. The precipitation of S on the example on H2S is depicted
in the following equations. The reactions can be transferred to other S compounds, too. The reaction
indicates the beneficial influence of a high pH value. The produced iron sulfide (FeS) is insoluable in
water and can therefore be easily separated from the liquid phase via filtration.

H2S(aq) +OH− −−−⇀↽−−− H2O +HS(aq)
− (6.1)

HS(aq)
− +OH− −−−⇀↽−−− H2O + S(aq)

2− (6.2)

Fe(aq)
2+ + S(aq)

2− −−−⇀↽−−− FeS(s) (6.3)

6.2.1 Results

Based on a parameter screening, the following statements could be deduced by single experiments.
The results are qualitative as the result were obtained by single experiments.

• An increased adsorbent dosage improves the removal of sulphur species. The influence on
improved nitrogen removal is not that significant. The same observation can be made for an
increased reaction time. This means that not all N components can be adsorbed on AC or that
the dosage of AC has to be even further increased.

• Lower temperatures are beneficial for the adsorption process as expected. An experiment at 0
°C showed an improved adsorption for S species.

• Higher pH values are found beneficial for the adsorption as compounds are deprotonated
improving the adsorption.

• The precipitation with Fe(II) ions shows that the amount of added ions does not influence the
removal amount. Higher pH values are not beneficial for the removal contrary to expectations.
Leftover ions which cannot be removed as precipitated FeS are found in the MeOH. According
to the IMPCA specification 0.1 mg Fe ions are allowed per kg [190]. Therefore, the method
interferes with the specifications. Also a combination of AC adsorption with Fe ion precipitation
did not lead to an especially improved outcome.

• In one set of experiments, the AC was reused. For that the AC was dried in the oven. For the
reused AC, the data shows no significant impact for a one time reuse.

The precipitation with Fe(II) ions is excluded from the possible process options as AC is more
promising in terms of removal of contaminants and residual adsorbant left in the MeOH. Therefore,
the adsorption with AC is investigated in more detail for the removal of impurities from the crude
MeOH. Quantitative results are presented in the following. Figure 6.4 shows the concentration of S
and N after the experiment. Generally a higher dosage of AC yields a higher removal of contaminants.
The higher surface area allows more species to adsorb on the surface resulting in a higher removal
of the adsorpt species. For S, the removal follows approximately a linear relationship between final
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concentration and AC dosage. With 8 g of AC almost all S species could be removed. For N, the
removal is not as efficient. The curve shows no clear trend. The removal of these species appears to
be increasing with increased AC dosage. If the removal follows a linear relationship as for S cannot
be confirmed. The data indicates a decrease of contaminant concentration until a plateau is reached.
A less effective removal can also point at the fact that not all N species adsorb on the AC and are
therefore not removable with adsorption resulting in the mentioned plateau.

Figure 6.4 Contaminant concentration of the final product in dependence of the adsorbent mass (measured in
triplets, at room temperature, t = 2h, pH ≈ 12, stirrer speed: 600 rpm, Vliquid = 50 ml)

The effect of adsorption time was found to be not majorly influential as shown in Figure 6.5. The
results show a very unclear picture.

Figure 6.5 Contaminant concentration of the final product in dependence of the stirring time (measured in
triplets, mAC = 3 g, at room temperature, pH ≈ 12, stirrer speed: 600 rpm, Vliquid = 50 ml)
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6.3 Distillative purification

The results of the operation of the pilot plant described in Section 3.7.3 are presented here. Table 6.2
gives an overview of the experiments. The pump power translates to a volume flow as shown by
the pump calibration curve in Appendix F.1. The experiments are categorized in runs involving only
MeOH from CO2 hydrogenation (PtMeOH) or runs with MeOH from PtMeOH and pulp mill. Here
the pretreated and non-pretreated cases are differentiated. The categories depicted in Table 6.2 are
used in the following graphs to improve the understandability of the graphs.

Table 6.2 Parameters of experiments (Δp in mbar)

Experiment FC PtMeOH Parameters for operation Category
Δp 𝑅𝐿 Pump power

V5_1 - x 2.2 2 45% PtMeOH
V5_2 - x 2.2 1.4 45% PtMeOH
V5_3 - x 2.2 1.4 50% PtMeOH
V6_1 - x 2.0 1.4 48% PtMeOH
V6_2 - x 2.2 1.4 48% PtMeOH
V6_3 - x 2.4 1.4 48% PtMeOH
V7_1 - x 2.2 1.4 48% PtMeOH
V7_2 - x 2.2 1.4 46% PtMeOH
V8_1 x 150 2.2 1.4 48% FC-150
V8_2 x 150 2.2 1.4 50% FC-150
V9_1 x 150 2.2 1 52% FC-150
V9_2 x 150 2.2 1.8 48% FC-150
V11_1 x, pretreated 150 2.2 1.4 49% pFC-150
V11_2 x, pretreated 150 2.2 1.4 47% pFC-150
V12_1 x, pretreated 50 2.2 1.4 47% pFC-50
V12_2 x, pretreated 50 2.2 1.4 49% pFC-50
V13_1 x, pretreated 150 2.2 1.4 49% pFC-150
V13_2 x, pretreated 150 2.2 1.4 51% pFC-150
V14_1 x, pretreated 50 2.2 1.4 49% pFC-50
V14_2 x, pretreated 50 2.2 1.4 51% pFC-50
V15_1 x 300 2.2 1.4 48% FC-300
V15_2 x 300 2.2 1.4 50% FC-300
V16_1 x 200 2.2 1.4 48% FC-200
V16_2 x 200 2.2 1.4 50% FC-200

Most experiments were performed for a pressure drop of 2.2 mbar along the column. In V6, the
pressure drop was changed to investigate the impact of this parameter. The reflux ratio (𝑅𝐿) is changed
between 1 and 2 which is sufficient for the separation as confirmed by Aspen Plus simulation. The
pump power is changed between 45 and 52 %. V5 to V7 investigate the separation of a MeOH water
mixture as received by CO2 hydrogenation with a molar composition of 1:1.

The other experiments investigate the combined purification of MeOH from PtMeOH and FC. V8,
V9, V15 and V16 use MeOH sampled from point "1" in Figure 3.5. The plant sizes of the PtMeOH
process are 150, 200 or 300 MWel electricity input to water electrolysis. Preliminary assessments
showed that the dilution effect for a 50 MWel PtMeOH plant is not efficient to reach the required
limits for S. Therefore, the experiments start with the 150 MWel plant. The larger plant sizes of 200
and 300 MWel can further dilute the impurities and are more likely to reach the required specifications.
For V9_2 the end of the experiment was missed. V11 to V14 use MeOH from sample port "2" in Figure
3.5. This pretreated stream has a lower load of contaminants. Therefore the combined purification is
more likely to reach the required specification.
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6.3.1 Mass balance error

One issue is the closure of the total mass balance and the S/N mass balance. Figure 6.6 shows the error
in total mass balance over the temperature at the top of the condenser (T310). Based on operational
experience, the cooling water temperature and outside temperature influence the mass balance error.
The cooling water is drinking water from the grid. This became obvious during test runs with water
and MeOH during the summer times with an obvious lack of output mass flow. The condenser has
a small hose for discharging the N2. Via this hose, the MeOH can leave the system. The hose was
filled with liquid after the experiments. The higher outside temperatures impact the temperature in
the compartment as the air is constantly supplied and removed from it.

Figure 6.6 Total mass balance error in dependence of the temperature above the condenser (T310, mean value)

The cooling water temperature and mass flow will influence the temperature in the condenser.
The cooling water flow was kept constant for the experiments as higher flow rates would exceed the
plant’s pressure rating. The cooling water passes through the top product cooler. In this step, the
temperature of the cooling water is increased. The increase is greater if more product is withdrawn as
top product. T310 indicates the temperature at the top of the condenser. Higher temperatures would
mean an insufficient cooling in the condenser. To correlate the temperature of T310 with the mass
balance error, Figure 6.6 shows the temperature T310 and the mass balance error. Positive deviation
means that the input is greater than the output of the plant which would be the case for lost material
via the N2 purge as suspected.

T310 ranges roughly from 22 to 31 °C. The data points are discriminated into experiments with
MeOH from PtMeOH, and with MeOH from PtMeOH and the pulp mill. The experiments with only
PtMeOH show mass balance errors below 3 %. This shows that the plant’s operation is possible with
small mass balance errors. The closure of the mass balance seems also more reliable for the PtMeOH
runs. For the combined purification, the mass balance error is in the positive range as high as 21 %.
The data indicates that a positive correlation between the error in mass balance and the temperature
can be established. However, also for similar temperatures of T310, the experiments with FC show
higher mass balance errors compared to only PtMeOH.

The error in the S and N balance is shown in Figure 6.7. The maximum range of the error lies
between -59 and 346 %. Negative values mean that the feed contains more S or N than the output.
Generally, the flows for S and N during an experiment are very small (below 1 g) showing the amounts
that are traced in the experiments. Positive errors mean that the output of the components S and N
is greater than the input which contradicts the conservation of mass. Especially, the larger bars point
at measurement errors.
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Figure 6.7 S and N mass balance error of the experiments involving FC

Negative values mean a lack of S and N in the products. Possible explanation is that the light S
and N containing components leave with the N2 stream at the top of the column since they cannot be
condensed. The positive values arising mostly for N contradict this explanation as all N components
are expected to be very light and should therefore be difficult to condensate in the top of the column.
Thus, the error for S and N must have the same sign. Obviously, this is not true in the experiments.
Inaccuracies can occur for contamination of the experimental setup as the column was not cleaned
after the experiments. Whether the laboratory analysis is accurate must be further investigated.

6.3.2 Temperature data

This section presents the temperature profile along the column, and the temperature of condenser
and reboiler. The temperature of the feed stream is shown in Appendix F.2.

Figure 6.8 depicts the temperature profile from reboiler to condenser along the column for all
experiments. The profile is arranged periodically and not according to the position of the temperature
measurement position along the length of the packing. The presented data points are mean values.
For most experiments the reboiler temperature is at 100 °C which equals the boiling point of water.
The condenser temperature ranges from 64 to 74 °C. The boiling point of MeOH is 64.7 °C. A higher
temperature in the condenser relates with a higher temperature above the condenser (T310).

The majority of the experiments (except for three experiments) show a similar temperature profile.
The temperature profile for V5_3, V9_2 and V13_1 are off. Below the feed point, the temperature is
constant for T302 to T306. Sections with the same temperature will have the same concentration in
the liquid and gas phase resulting in no separation. Consequently, these stages do not contribute to
the performance of the column meaning that the installed number of stages exceeds the requirement.
The packing height can actually be reduced.

Figure 6.9 gives the temperatures of the reboiler and condenser. The reboiler temperature is
constant at roughly 100 °C for all experimental runs. Outliners are V5_3 and V9_2. V9_2 is no reliable
experiment as the end of the experiment was missed. V5_3 also showed an unusual temperature
profile along the column. The standard deviation of the reboiler temperature is very small. Higher
standard deviations are observed for the condenser temperatures. Furthermore, the difference in
mean temperature across the experiments is much larger than for the reboiler temperature.
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Figure 6.8 Mean values of temperatures from reboiler to condenser

Figure 6.9 Temperature (mean value with standard deviation) of reboiler (T301) and condenser (T309)
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6.3.3 Distillate to feed ratio

Figure 6.10 shows the D:F ratio of all experiments. The D:F ratio is calculated with the feed stream
derived from the pump power and the measured weight of the top product. The horizontal lines
show the theoretical D:F ratio for reaching either 90 or 100 wt. % concentration of MeOH in the top
product with no MeOH in the bottom product. The feed is a mixture of water and MeOH with a
molar ratio of 1:1. The D:F ratio increases for lower purity as more water ends up in the top product.

Figure 6.10 Distillate to feed ratio (Color of the data points show the mass balance error: below 10 % (green),
between 10 and 20 % (yellow) and above 20 % (red))

Due to the error in mass balance (Section 6.3.1), the D:F ratio is correct for experiments with low
error in mass balance. For most experiments, the output stream is lower than the input stream
meaning that the D:F ratio calculation is incorrect leading to low calculated D:F ratios. The mass
balance error is indicated in the figure by the color of the data points. The mass balance error is
categorized into below 10 % (green), between 10 and 20 % (yellow) and above 20 % (red).

6.3.4 Purity

Figure 6.11 shows the MeOH content of the top and bottom product. The values are determined by
density measurement. Samples are taken after the experiment from the storage vessels to get a mean
concentration.

For all experiment except V5_3 and V9_2, the concentration of MeOH in the bottom product is zero.
For the exceptions, the MeOH in the bottom product goes along with a very high concentration in
the top product. The MeOH appears in the bottom as the D:F ratio is very low (see Figure 6.10). The
limited withdrawal of top product results in the removal of MeOH via the bottom product adhering
to the conservation of mass. Especially for V5_3 the explanation with the D:F ratio is very reliable
due to a low mass balance error. For V9_2 this eplanation with the D:F ratio is imprecise. The highest
MeOH concentration in the top product (99.05 wt. %) with no MeOH in the bottom product is found
for V8_2. The results show that high purity MeOH can be produced with the pilot plant.

In order to constantly and reliably reach the desired purities a tedious trimming of the process
parameters (mostly feed mass flow and 𝑅𝐿) is required. However, even for the same settings a steady
and reproducible operation of the plant is challenging. Three sets of experiments have the same
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Figure 6.11 MeOH content in the bottom and top product

experimental parameters but show different concentrations. For V7_1 and V6_2 (both PtMeOM), the
resulting MeOH concentration are 94.95 and 93.90 wt. %. The MeOH concentration for V11_1 and
V13_1 (both pFC-150) are 94.02 and 97.37 wt. % which can also be slightly influenced by different
pretreated FC samples. For pFC-50, experiments V12_2 and V14_1 result in 95.55 and 87.30 wt. %.

Figure 6.12 shows the concentration of total S and N in the top product for experiments with the
combined purification. The concentration of contaminants could be reduced from a mean value of
2710 and 1130 mg/kg including water to below 250 mg/kg for the final product with little water
content. According to IMPCA specifications the maximum concentration for S is 0.5 mg/kg which is
exceeded for every experiment [190]. The experiments with non-pretreated FC shows especially for
FC-150 very high contaminant concentrations. The results for N have to be treated cautiously due to
the large error in mass balance (see Figure 6.7). Generally, experiments with pretreated FC show lower
concentrations for N than for S. Experiments with non-pretreated FC show the opposite trend. FC-300
shows lower concentrations than FC-200 as the impurities are diluted. For reaching the specifications
an even higher degree of dilution is needed. For pFC-50, the contaminant concentrations are higher
in comparison to pFC-150 due to the dilution of the impurities. The experiments with pretreated FC
can usually reach very low concentrations for N. The S concentration is also well below 50 mg/kg.

The horizontal lines in Figure 6.12 show the S concentration as calculated by the process simulation
in Section 6.1 for the indicated cases. The cases without FC pretreatment (FC-150 and FC-300) show
lower concentrations than the experiments. The trend of lower S concentration is obviously confirmed
by the models. The trend is also observed for pFC-50 and pFC-150. Through the pretreatment, the S
concentration of the MeOH product is reduced significantly compared to the FC cases. Nevertheless,
the experimental results show generally a lot higher concentration in comparison to the model results.
For pFC-150, the set off is however the smallest.

Reasons for the difference can be the total S or N content of the samples which differ from the
generic stream implemented in Aspen Plus. As shown earlier, the samples can differ in contaminant
concentration (see Figure 3.6). Furthermore, the generic composition based on literature values and
assumptions might differ from the actual composition used in the experiments. The presence of other
components and other concentrations of all components influences the separation processes in the
model which leads to a different contaminant concentration in the final product.
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Figure 6.12 Total S and N concentration in the top product (IMPCA specification for S: 0.5 mg/kg. The
horizontal lines for FC-150, FC-300, pFC-50 and pFC-150 are derived from Aspen simulation in Section 6.1)

6.3.5 Validation of simulation

Aspen Plus is used to compare and validate the experimental results with the simulation for the
PtMeOH experiments. The experimental results of V7_1 are used as reference. Two simulations are
performed. One uses the values derived from the experiment and the other one is modified to meet
the MeOH purity of the top product as given by the experiment. The simulation of the rectification
column uses the RadFrac model in Aspen Plus. The feed stream is set to 2.42 kg/h at 65 °C with a
concentration of 64.0 wt. % as used in the experiment. The column internals are modeled as Sulzer
CY with a height of 4.71 m as in the pilot plant. The column is filled with the packing from stage 2
to 49. Stage 1 is the condenser and stage 50 is the reboiler. The stages do represent real stages as the
column internals are defined as packing. The feed to the column enters at a relative height of 0.57
which equals stage 21 in the model. The RR is set to 1.4 and the D:F ratio is set to either 0.689 as
calculated from the experiment or altered to reach the purity as in the experiment.

The column settings and specifications of input and output streams are shown in Table 6.3. The
reflux ratio and feed (mass flow and concentration) is equal for simulations or experiment. There is
a small deviation in the concentration which is due to the sample preparation for the experiment.
The errors are calculated in relation to the experimental values. The D:F ratio for the simulation is
set to the one calculated from the experimental data. Due to the mass balance error of - 3 %, the
actual D:F ratio is different from the calculated one. In order to reach higher MeOH purities at the
top, the D:F ratio of the modified simulation is decreasing. Without the modification the simulation
predicts a lower MeOH concentration in the top product. The bottom product contains for all cases no
MeOH.The feed flows are equal for the experiment and the simulations. With the corrected D:F ratio,
the mass flows of the top and bottom product are closer to the values of the experimental results. The
temperatures in the reboiler are for all cases very similar around 100 °C. The condenser temperature
have a higher variance between the cases.

To further investigate the temperatures in the process, Figure 6.13 shows the temperature profile
along the height of the column. The x axis shows the relative packing height. The reboiler is found at
a relativ packing height of 1. The condenser is at a relative packing height of 0. As the pilot plant has a
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Table 6.3 Comparison of simulation and experiment for V7_1

Experiment Model Model modified
V7_1 Value Error Value Error

D:F (wt. based) 0.689 0.689 - 0.6745 2.1%
RR (wt. based) 1.4 1.4 - 1.4 -
MeOH content Top (wt. %) 0.949 0.929 2.2% 0.949 0.0%
MeOH content Bottom (wt. %) 0.000 0.000 - 0.000 -
MeOH content Feed (wt. %) 64.03% 64.01% 0.0% 64.01% 0.0%
Mass flow top product (kg/h) 1.639 1.667 -1.7% 1.632 0.4%
Mass flow bottom product (kg/h) 0.826 0.753 9.8% 0.788 4.9%
Mass flow feed (kg/h) 2.420 2.420 - 2.420 -
Temperature condenser (°C) 67.7 66.1 2.5% 65.5 3.3%
Temperature reboiler (°C) 100.4 99.6 0.7% 99.6 0.7%

temperature measurement in the liquid (T301) and vapor phase (T302) of the reboiler, two data points
are shown at a value of 0. The other temperature measurements of the pilot plants are distributed
along the column. The points of measurement are normalized based on the length of packing that
lies between the reboiler and the temperature measurement point to calculate the relative packing
height. Nine temperature measurements are available from the experiment. For the simulations,
50 data points for 50 virtual stages (including reboiler and condenser) are available. The modified
simulation model shows slightly lower temperatures in the rectifying section.

Figure 6.13 Comparison of temperature profile for simulation and experiment
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6.4 Conclusion

Purification concept

The process simulations show that MeOH purities can be reached. The S content of the MeOH is
however not satisfied by any case. The pFC cases are suitable for smaller plant sizes of the PtMeOH
plant and the FC cases are suitable for larger plant sizes to reach the required purities. In order to
confirm the results more rigorous modeling and comparison with experiments are necessary. Since
the flow rate of FC is generally quite small, the impact on capital and operating cost of this stream
is neglectable. However, the processes need to be designed robustly to ensure a fulfillment of the
purities as the composition of the FC differs immensely.

Experiments on selective removal of contaminants

Based on the experimental results presented above the adsorption with AC or precipitation with
Fe(II) ions are regarded as not viable for the removal of contaminants. The general proof of concept is
established. The utilization of Fe(II) ions can remove S species but the ions must also be removed from
the final product to meet the MeOH specifications. Furthermore, the removal is not effective. The
utilization of AC showed an effective removal of S species but less effective for N species. However,
high amount of AC are required to reach high removal efficiencies.

Considering the upscaling, the economics of these batch processes will not be competitive to for
example a stripper column. The amount of AC needed to remove the contaminants result in high
operating cost. In the experiments, 50 ml of crude MeOH are mixed with up to 8 g of AC. Under
these process conditions, a cost effective operation cannot be established even with a recycle and
regeneration of the AC. Using a different AC with other properties might decrease the required mass
of AC but the effect will not be a game changer. However, the process might be an option for the final
cleaning of the product if the purified MeOH after rectification cannot reach the required purities.
However, still for this application the economics might not be favorable for the adsorption process.

Rectification experiments

The replication of the rectification experiments is difficult. Even for the same experimental settings,
the results in terms of purities are not matching. Besides experimental and measurement errors,
the FC stream can have very different compositions. The total mass balance error for the PtMeOH
experiments is smaller than for the combined purification experiments. The error for the component
S and N can be huge. High MeOH purities can be reached with the pilot plant. However, the limit
for S in the MeOH product cannot be reached. Furthermore, the comparison with the simulations
results show a difference between experiment and simulation. The model validation of the PtMeOH
purification with process simulation shows a good alignment of the process parameters. Suggestions
for further work can be the better understanding of contaminants in the FC stream in order to tailor
the processes. Already established processes like Merox by UOP for the removal of mercaptanes
could be tailored to the application in the pulp mill.
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7 Transferability and European potential

This chapter discusses how the concepts and processes presented in the chapters before can be used
in sulphite pulp mills, integrated pulp mills (pulp production combined with paper production) or
other industries. Furthermore, the production amounts of PtX products are assessed in an European
context. The availability of biogenic CO2 is a chance for sustainable production of PtX products which
are required in future in case of a phase out of fossil resources. Furthermore, PtX is an option for
pulp mills to quickly reduce their CO2 emissions. A pulp mill concept with lower CO2 emissions
based on non-thermal utilization (no combustion) of by products will require research efforts and
high investments. Therefore, PtX is a readily available technology to tackle the problem.

The total chemical pulp production in Europe was 27.5 Mt (2022) of which only 1.6 Mt were sulphite
pulp [283]. Even though the sulphate pulp dominates the market, the potential of the sulphite pulp
mills shall not be neglected. Sulphite pulp production plays especially in Germany an important role.
Other locations of sulphite pulp mills are mostly in Austria and South Africa. There are 4 sulphite and
2 sulphate pulp mills in Germany as shown in Table 7.1. The production capacity for sulphate pulp
exceeds the production of sulphite pulp. The sulphite pulp mills are all integrated and the sulphate
pulp mills are all non-integrated pulp mills.

Table 7.1 Pulp mills in Germany (a operation ends in 2024)

Name Type Integration annual pulp production in t
Sappi Ehingen Sulphite Integrated 150,000
Sappi Stockstadta Sulphite Integrated 145,000
Sappi Alfeld Sulphite Integrated 120,000
Essity Mannheim Sulphite Integrated 220,000 + 35,000 from straw
Mercer Stendal Sulphate Non-integrated 740,000
Mercer Rosenthal Sulphate Non-integrated 360,000

7.1 Transferability to sulphite pulp mills

In the following the integration of PtX processes into sulphite pulp mills are discussed in general and
with respect to the German situation. The main difference or similarities for transferring the concepts
and results from sulphate to sulphite pulp mills are the following:

– Onsite H2 generation: Non-integrated sulphite pulp mills will have an electricity surplus, similar
to non-integrated sulphate mills. Integrated sulphite and sulphate pulp mills have either only a
small or no electricity surplus at all. As all sulphite pulp mills in Germany are integrated mills,
the exploitation in terms of green electricity utilization is limited.

– Lime kiln: Sulphite pulp mills do not have a lime kiln since it is not needed for their chemical
recycling loop. Consequently, using the advantage of separating CO2 from a flue gas with higher
CO2 content is not present. Consequently, the concepts for decarbonizing and defossilizing the
lime kiln developed in Chapter 5 cannot be transferred to sulphite pulp mills. Nevertheless, the
concepts can be transferred to the other industries as discussed in Section 7.3.

– Availability of biogenic CO2: The combustion of spent sulphite liquor and bark, similar to
sulphate pulp mills, generates biogenic CO2 emissions which can be captured from the flue
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gases. Sulphite pulp mills are due to the high thermal power of the combustion facilities also
huge point source for biogenic CO2. Nevertheless, no flue gas with higher CO2 partial pressure
like from the lime kiln is available.

– Ethanol production: The spent sulphite liquor can be used for fermentation to produce ethanol.
Usually, the spent sulphite liquor is burnt in a recovery boiler to supply energy to the mill.
Therefore, in most cases additional combustion facilities are needed to supply the mill with
sufficient energy if the spent sulphite liquor is used for ethanol production [284]. This urge
increases with an integrated ethanol fermentation process since the heating value of the SSL is
decreased and the ethanol fermentation process itself needs energy [284]. Ethanol generated
in a sulphite pulp mill is a platform chemical that can be transformed into different chemicals.
The question arises here if CO2 or CO2 derived chemicals can be used for further upgrading of
the ethanol to make use of the available biogenic CO2. An examples would be ethyl acetate with
acetic acid produced from CO2 and H2 [285].

CH3COOH + CH3CH2−OH −−−→ CH3−COO−CH2CH3 +H2O (7.1)

Further conversion to other products like ethylene, diethyl ether, acetone, 1-butanol, butadiene
and so forth is possible [286]. In these processes CO2 or CO can be used as feedstock [287].
However, processes for the further conversion of ethanol are very long process chains and
therefore the interest of pulp mills might be limited to build such complex chemical plants.
Furthermore, the pulp mill lacks the close proximity to industry with the demand for the
products which are for example gaseous feedstock for polymer production generally produced
onsite and not transported.

– H2 utilization: Besides chemical conversion routes, the need for H2 in the transport sector is
also existing in sulphite pulp mills.

– Heat integration: Heat integration is possible as in the sulphate pulp mill. The steam cycles of
the recovery boiler and conversion of steam to electricity in a turbine is similar to sulphate pulp
mills.

– Waste water treatment and deionized water plant: The waste water treatment plants could be
used for the treatment of waste water from the PtX process. A deionized water plant is available
at sulphite pulp mills, too.

– Purge and tail gas combustion: Purge gases can be co-combusted in the combustion facilities. A
regulatory approval needs to be obtained for adding these gases to the bark or recovery boiler.

– H2O2: H2O2 is an universal bleaching agent for pulp. Therefore, an onsite production process
would also be attractive for sulphite pulp mills.

– O2 demand: If required for bleaching, the O2 demand can be covered by O2 produced as
by-product of water electrolysis.

– MeOH purification: There is no MeOH generated as by-product in sulphite pulp mills. Thus,
the combined purification as investigated in the thesis is not applicable.

7.2 Transferability to integrated pulp mills

For pulp mills with an integrated paper production, the main issue for integration is the availability
of excess electrical and thermal energy onsite. Integrated pulp mills can require an external energy
input whereas non-integrated pulp mills are exporters of energy (mostly electricity) [288]. Data of an
example pulp mill shows that for a modern non-integrated pulp mill the electricity sale to the grid is
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reduced by one third compared to a non-integrated pulp mill [288]. However, some integrated pulp
mills actually need external fuel for operation. Onarheim et al. showed that for an integrated pulp
mill, heat from an auxiliary boiler would be needed for large scale CO2 capture (without chemical
conversion process) [72]. In contrast, the non-integrated mill needs no imported thermal energy [72].

The assessment of excess energy onsite is very site specific and depends on many factors like for
example type of produced paper or energy efficiency of the mill. Generally, the availability of green
electricity and heat is reduced in integrated pulp mills compared to non-integrated pulp mills. An
additional electricity demand can easily be covered by import from the grid. For lacking heat, the
electricity generation in the turbine can be reduced or externally supplied fuel can be combusted. The
other integration options like purge combustion, waste water treatment, deionized water production
etc. is not touched by integrated pulp mills comparing integrated and non-integrated pulp mills.

The consequences for integrating PtX plants into an integrated pulp mill are very site specific and
have to be investigated in detail for every case. Generally, smaller plant sizes will be preferable in order
to satisfy the heat demand by the available heat avoiding the import of additional fuel. Electricity
can be sourced from the grid if needed. Furthermore, PtX processes like SNG will be preferred due
to a steam surplus (increased production of steam) instead of processes with a steam demand like for
many other PtX routes (see Section 4.9.1).

7.3 Transferability to other industries

In this section, the further utilization of process concepts and results for other industries is discussed.
The decarbonization concepts as described in Chapter 5 aims at providing a gaseous fuel which can be
used for combustion in high temperature processes to provide the required heat. One option would be
the primary production of metals like iron, copper or zinc which are high temperature processes [289].
For example, the integration of the SNG process was investigated for the blast furnace [290]. Whether
the other concepts for the generation of combustible gases presented in this thesis are technically
applicable to the iron and steel, and non-ferrous metal industry must be examined in detail.

In the sector of non-metallic minerals which uses furnaces for their high temperature processes an
utilization of the processes is also feasible. These processes require mostly high temperatures above
500 °C [289]. Examples are glass melting, tiles and ceramics burning, clinker production, and lime
burning. In glass melting high temperatures are required in a furnace to melt the glass. Different fuel
options including SNG, H2 and syngas from biomass gasification are discussed in literature [291]. In
the lime kiln processes for the production of CaO from CaCO3 like in the pulp mill, the presented
processes can be adapted. However, the integration with available waste biomass and other utilities
like O2 utilization or waste water treatment plant are in most cases not possible.

One major issue of transferring the production of fuels and chemicals as presented in Chapter 4 to
other industries is the availability of biogenic CO2. Since most processes are based on fossil resources
as feedstock and for energy supply, the availability of biogenic CO2 is limited to for example pulp mills,
wood based production processes like saw mills, waste combustion, biogas plants and power plants
fueled by biomass. However, the other areas of integration like green electricity availability, waste
water treatment plant, purge stream combustion facility, deionized water plant or heat integration
are not available for most other sites with available biogenic CO2. To summarizes, pulp mills appear
to be the most suitable and all-encompassing option for the PtX processes due to the possibility of
full integration. All other options are lacking the full integration.

7.4 European potential

This section addresses the potential of CO2 utilization in the European pulp industry. The calculation
is based on the annual pulp production in Europe of 27,548 kt (sulphite and sulphate pulp) [283].
The annual CO2 emissions are estimated to 55,098 kt CO2/a based on an emission factor of 2 t
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CO2/ADt [66]. It is assumed that 90 % of the CO2 are captured for utilization. With the mass and
energy balances obtained in Chapter 4, the PtX product amounts, H2 demand and electrolysis power
demand is calculated (Table 7.2). The power demand of the electrolysis uses 8,000 full load hours for
the calculation.

Table 7.2 Production amounts of PtX products from CO2 of the European pulp mills (Numbers in brackets
show the share of the total annual demand worldwide with 106 Mt for MeOH [292], 145.35 EJ for NG [293],
184.21 EJ for crude oil [293] and 14 Mt for AA [294]. a based on RWGS)

Product output
in Mt/a

Product output
in TWh/a

H2 demand
in Mt/a

Electrolysis power
in GW

MeOH 34.6 (32.6 %) 193 6.8 40.6
SNG 18.2 250 (0.6 %) 9.1 54.1
FTa 12.9 124 (0.2 %) 6.8 40.6
AAa 32.4 (231.1 %) 129 4.6 27.3

The substitution of fossil primary energy carriers like natural gas and crude oil is below 1 % for
the worldwide consumption figures. The MeOH production can cover 32.6 % of the annual demand.
By partially converting the MeOH demand, the natural gas demand will also drop as natural gas
is the primary feedstock for MeOH production. For AA which is a derivate of MeOH, the annual
production amount is exceeded. These numbers show that for bulk energy carriers like natural gas
or crude oil huge production capacities are required to satisfy the worldwide demand. Furthermore,
the electricity demand can most likely be only partially covered by the electricity available onsite.
Detailed data on electricity generation in the pulp mills is not available. Assuming that a huge share
of the electricity has to be provided by grid electricity, the required low emission electricity has to be
available.
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8 Conclusion

The thesis is concerned with the integration of PtX routes for the production of fuels and chemicals,
and with the decarboniztaion and defossilization of the lime kiln. The processes presented in the
thesis are technologies which are mostly readily available and which can be retrofitted to the pulp
mill. Pulp mills are very attractive sites for the integration of these technologies. No other sector can
compete with the low carbon and extensive infrastructure available at pulp mills. The conclusion
summarizes the main results of the thesis shortly as the Chapters 4 to 6 already contain conclusions.
The later part aims at providing a more holistic view on the topic.

The assessment of different PtX processes showed that H2O2, MeOH and AA are the most promising
routes in terms of economics. Furthermore, the emission reduction for H2O2 production is possible
also with a higher emission factor of the electricity mix in comparison to the other routes. The
integration with the pulp mill reveals that the increase in deionized water and waste water treatment
demand is marginal compared to the pulp mill’s production amounts. The O2 demand of the pulp
mill is generally overshot by O2 from the electrolysis. The effect of heat integration depends on the PtX
process. Generally, the electricity availability can increase or decrease depending on the plant sizes,
process configuration and PtX product. The assessment of RWGS and CO2 electrolysis as competing
technologies for FT syncrude and AA generally shows benefits for the RWGS routes.

The reduction of fossil fuel use in the lime kiln can be accomplished by fuels based on biomass
or electricity. The utilization of wood powder and producer gas from biomass gasification with
air showed the lowest cost while erasing all fossil CO2 emissions. One major issue with biomass
utilization is the rerouting of biomass from the bark boiler to the lime kiln causing reduced steam
production in the bark boiler. For pulp mills with a limited biomass availability, the H2 boosted
processes are an option to reduce the biomass demand. Biomass is an extremely valuable energy
source for the supply of low carbon energy. Therefore, the utilization of biomass for generation of
electricity should be avoided and it should be used instead for the substitution of fossil fuels in the
lime kiln to avoid fossil CO2 emissions.

The utilization of FC in the combined purification with PtMeOH can valorize this side stream in
the pulp mill. Concepts with prepurification are advised for smaller PtMeOH plants. For bigger
plant sizes, the effect of dilution requires at some point no prepurification. However, the simulation
results have to be validated by the experimental test runs performed on the pilot plant. The operation
showed difficulties in terms of mass balance and reaching the purities for S/N in the product in
comparison to the simulations.

Generally, the location of the pulp mill influences the economics and choice of process variant. As
shown in the economic evaluation of the processes, the most influential factor of the total annual
cost is the electricity price. Furthermore, the investment cost and efficiency of the electrolysis is
also important. The efficiency will also influence the cost for electricity. Therefore the electricity
price of the surplus electricity which is fed to the grid as well as the electricity price of the grid
electricity influence the economics of the processes significantly. Furthermore, the emission factor of
grid electricity is relevant for the CO2 balance of the process. A low carbon grid electricity enables a
low carbon emission production at high full load hours of the electrolysis.

The overall goal of reducing CO2 emissions should follow the merit order principle for CO2 abate-
ment cost. The best options to reduce CO2 emissions are the ones with the lowest CO2 abatement
cost. Therefore, the results for PtX products and lime kiln decarbonization are compared with CCS.
The assessment of abatement cost are country specific as the cost for grid electricity and emissions of
grid electricity (especially for the 150 MWel plants) can differ.
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The milled wood combustion with abatement cost of 46 €/t CO2 would be the most cost effective
option followed by CCS with abatement cost below 100 €/t CO2 as derived from literature. The next
most viable option is the air blown gasification showing abatement cost of 179 €/t CO2. MeOH and
AA would then be the next options with abatement cost between roughly 300 to 400 €/t CO2. Above
these values you find the H2 based processes for lime kiln decarbonization and the PtX processes for
FT syncrude and SNG.

However, besides the most cost effective measure, the scale of CO2 reduction changes massively
between lime kiln decarbonization, PtX processes and CCS. The lime kiln decarbonization is limited
to the emissions of the lime kiln which account only for a small part of the pulp mill’s emissions.
CCS can be implemented in the largest scale which is limited by heat availability, and the required
infrastructure for storage and transportation. PtX routes are limited by the availability of electricity
or H2 supply. Nevertheless, carbon based chemicals and fuels are needed in case of a phase out
of fossil resources and therefore the production of these PtX products are not seen in competition
with CCS but with other production processes for renewable products. Furthermore, most processes
need steam from the pulp mill other than for the CO2 capture process which reduces the amount of
captured CO2 compared to CCS. This is however not limiting for the processes which are net steam
exporters. Unfortunately, H2O2 as a very promising product in terms of economics and emissions
does not fix CO2 and can therefore not reduce the direct CO2 emissions of a pulp mill.

The plant size impacts the emission factor of the product, the economics and the integrability.
For larger plant sizes, more electricity has to be imported from the grid which can lead depending
on the emission factor of the imported electricity to a high emission factor of the product. For
example the German grid mix leads to higher emissions than the fossil comparator except for H2O2.
With increasing plant size the benefit of low carbon electricity provided by the pulp mill decreases.
Furthermore, reaching high full load hours of the electrolysis is reduced for larger plant sizes if only
fluctuating renewable energies are acquired. Furthermore, the integrability in terms of utilities like
heat, waste water treatment or deionized water supply reaches a limit for larger plant sizes.

The results of the thesis are tailored to a non-integrated reference pulp mill. However, results can
give a general indication for other pulp mills. One major concern is if the pulp mill is integrated
with a paper production which immensely reduces the energy availability for the PtX processes.
Furthermore, retrofitting of the processes requires a site specific assessment. Especially for the
supply of fuel to the lime kiln, the rerouting of biomass streams and the flue gas flow must be
considered.
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A Technologies

A.1 CO2 electrolysis

Figure A.1 shows the flowsheet of the CO2 electrolysis process.

Figure A.1 Schematic of the eCOs system, according to [2]

A.2 Sulfite pulp mill

Figure A.2 shows the flow diagram of a sulphite pulp mill. In contrast to the sulphate pulp mill, the
sulphite pulp mill has only one chemical recycle loop for magnesium and sulphur. Wood chips and
cooking liquor are fed to the digester where the cooking process takes place at temperatures of 125
°C to 140 °C [8]. After the separation of pulp and spent liquor, the spent liquor is evaporated and
incinerated under oxidative combustion conditions in the recovery boiler [8, 9]. The mean heating
value of the spent liquor is 6.97 MJ/kg [9]. MgO is recoverd from flue gas dust in the cyclone and
filters [8, 9]. The SO2 is scrubbed from the flue gas [8, 9].

Wood chips

CookingSulphite Pulp Cooking liquor
preparation

Cooking liquor
separation

Evaporation
Plant

Combustion
SO2

MgO

excess SO2

Figure A.2 Flow diagram of the sulfite pulping process with one cycle for chemical recycling [9]
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B Methods

B.1 Composition of natural gas and air

The composition of natural gas is based on high calorific natural gas. Table B.1 shows the assumed
composition which is based on [295].

Table B.1 Molar composition of high calorific natural gas

Component mol% wt.%
CH4 92 84.7
C2H6 5 8.6
C3H8 1 2.5
N2 1 1.6
CO2 1 2.5

Table B.2 shows the assumed composition of air.

Table B.2 Molar composition of air

component mole fraction
N2 78 %
O2 21 %
Ar 1 %

B.2 Composition of biomass

Table B.3 shows the composition and properties of bark and wood residues from the pulp mill. The
samples were grinded in a mill to reduce particle size and analyzed in the laboratory for elemental
composition, ash content and water content. The sulphur and chlorine content, and LHV was taken
from an analysis available from the pulp mill. Oxygen content was calculated.

Table B.3 Composition and properties of bark and other residual biomass (values in wt.%, a comprises of
rejected material from the cooking process and fine particles from wood chipping

Property bark wood residuesa Source
C 50.89 % 49.91 % measured, triple
H 3.74 % 1.40 % measured, triple
N 0.39 % 0.09 % measured, triple
S 0.04 % 0.02 % available analysis by pulp mill
O 40.89 % 48.04 % calculated
Cl 0.02 % 0.03 % available analysis by pulp mill
Ash content 4.04 % 0.51 % measured, triple
Water content 38.2 % 36.1 % measured, triple
LHV 19.0 MJ/kgdry 20.1 MJ/kgdry available analysis by pulp mill
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B.3 Emission factors

The used emission factors are shown in the following table. They are used for the calculation of the
CO2 balance and CO2 abatement cost.

Table B.4 Emission factors (a Strominlandsverbrauch 2019)

EF Unit Source
Electricity pulp mill 0 kg CO2/MWh own assumption
Electricity german gid mix 380a kg CO2/MWh [296]
Natural gas 201 kg CO2/MWh [215]
MeOH 97.1 g CO2/MJ [193]
AA 1.31 t CO2/t AA [234]
FT syncrude 94 g CO2/MJ [210]
H2O2 1.12 t CO2/t H2O2 [234]
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B.4 Heat integration

Table B.5 shows the available steam and hot water streams in the pulp mill which are used for the
heat integration. The lower temperatures of the steam are derived from the saturation temperature
at the given pressure. The temperature difference for hot water is set to 10 °C.

Table B.5 Inlet and outlet temperatures (in °C) of thermal energy carriers in the pulp mill either for generation
or for supply

Medium Pressure in bar Tin in °C Tout in °C
HP Steam generation 85 299 485
MP1 Steam generation 36 244 250
MP2 Steam generation 12 188 200
LP Steam generation 3.6 140 150
Hot water 1 generation - 50 60
Hot water 2 generation - 80 90
HP Steam supply 85 485 299
MP1 Steam supply 36 250 244
MP2 Steam supply 12 200 188
LP Steam supply 3.6 150 140
Hot water 1 supply - 60 50
Hot water 2 supply - 90 80

After heat integration, the supplied or generated steam is assessed regarding the change in elec-
tricity generation. With the first law of thermodynamics, the impact on electricity production is
calculated. The electrical power output from the turbine is calculated as shown in the following
equation. The mechanical efficiency of the turbine and the generator efficiency are neglected. The
enthalpies are derived from the steam table. The values are reported in Table B.6. Steam is assumed
to be expanded to 0.12 bar and 50 °C with a steam fraction of 90 % at the turbine outlet.

𝑊𝑒𝑙 = ¤𝑚𝑠𝑡𝑒𝑎𝑚 · (ℎ𝑖𝑛 − ℎ𝑜𝑢𝑡) (B.1)

Table B.6 Enthalpies used in power plant calculations (1 @ 50 °C and an assumed steam fraction of 90 wt. %, 2

Enthalpy difference @ 50 °C for the full condensation of the steam starting at a steam fraction of 90 wt.%)

Enthalpy in kJ/kg
HP Steam 3,356
MP2 Steam 2,816
LP Steam 2,756
Turbine outlet1 2,353
Condensation2 2,144
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C Cost Calculation

C.1 Operating cost

The O2 produced by electrolysis substitutes O2 generated with the PSA plant onsite. The economic
calculation considers only the capital cost of the plant as the electricity used for the plant is already
incorporated in the electricity balance. The surplus O2 is sold for a low price as the economic value
of not liquefied O2 is questionable. The production of deionized water is also incorporated in the
electricity balance. Therefore, the cost assumption is lower than in other publications (10 €/t [297]).
The electricity is either supplied by the surplus electricity of the pulp mill or imported from the grid.
As the pulp mill receives a reimbursement based on the Renewable Energy Act, the electricity price of
83 €/MWh is assumed which is the lower threshold for reimbursement. In case of higher electricity
prices on the market, the electricity is sold for the market price. The electricity from the grid, biomass
and natural gas price is based on a reasonable assumption. The price of CaO is provided by the pulp
mill.

All other cost components are derived from relations found in literature. For the maintenance of
the electrolyzers no special cost assumptions were made.

Table C.1 Assumptions for operating cost (a Reimbursement based on the Renewable Energy Source Act
Germany, b data from pulp mill)

Price category Value and unit Reference
O2 substitution CO2,sub 31.5 €/t based on ACCb

O2 surplus sale price CO2,sale 10 €/t own assumption
Deionized water CDW 2 €/t own assumption
Electricity from pulp mill CE,Pulp 83 €/MWh a,b

Grid electricity CE,Grid 60 €/MWh own assumption
CO2 capture cost CCO2 50 €/t see C.1.2
Natural gas CNG 25 €/MWh own assumption
Maintenance cost CM 7 % of FCI [298]
Labor cost CL - see C.1.1
Laboratory charges CLC 15 % of CL [298]
Operating supervision and clerical assistance CS&C 15 % of CL [298]
Insurance and taxes CI&T 3 % of FCI [298]
Plant overhead cost CPO 60 % of (CL + CS&C +CM) [298]
Administration cost CA 20 % of CL [298]
Calcium oxide CCaO 280 €/t b

Biomass CBiomass 20 €/MWh own assumption
H2O2 substituted CH2O2,sub 750 €/tH2O2, pure

b

Makeup anthraquinone CAQ 5000 €/tAQ own assumption

C.1.1 Labor cost

We are considering an average of 5.19 employees per workplace, derived from 1095 annual shifts
and accounting for 50 days of absence per year (due to sick leave, vacation, and holidays). The
assumed annual cost per employee, including wages and all taxes, is set at 70,000 €. The calculation
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of the required number of operators per shift (NOL) follows Equation C.1, as outlined in Alkhayat
and Gerrard’s work [174]. NOL is not subject to rounding. Nnp denotes the count of nonparticulate
processing steps, with the assumption that both water electrolysis, CO2 electrolysis, and the CO2
capture process constitute one process step each.

𝑁𝑂𝐿 = (6.29 + 0.23 · 𝑁𝑛𝑝)0.5 (C.1)

C.1.2 CO2 capture cost

The literature presented in Section 2.5.4 shows the range of capture cost in pulp mills. The assumed
cost in this study is established at 50 €/t. A breakdown of costs reveals that approximately 60 to 75 %
of the capture cost for a MEA absorption process is attributable to energy consumption, justifying the
assumed capture cost [299]. Unlike in literature, the capture cost in this thesis excludes the steam cost
of the reboiler as heat will be sourced from other processes via heat integration. If steam extraction
from the turbine is necessary, the associated cost will be factored into a reduced electricity generation
of the turbine.

C.2 Investment cost

C.2.1 CEPCI

The prices for equipment are based on different years. With the chemical engineering plant index
(CEPCI), the equipment cost is normalized to the same year. The base year of this work is 2021. Cost
data from the Aspen Energy Analyzer is based on cost data of 2019. Equation C.2 gives the relation of
the purchased equipment cost C for year b based on the ratio of the CEPCI of year b and a multiplied
by the purchased equipment cost for year a.

𝐶𝑏 = 𝐶𝑎
𝐶𝐸𝑃𝐶𝐼𝑏
𝐶𝐸𝑃𝐶𝐼𝑎

(C.2)

C.2.2 Currency conversion

Most of the cost data is given in dollar. The resulting product prices are reported in Euro. Therefore,
the cost data has to be converted The conversion of equipment cost was done according to Equation
C.3.

𝐶𝐸𝑢𝑟𝑜 = 𝐶𝐷𝑜𝑙𝑙𝑎𝑟 · 0.85 (C.3)
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D PtX Process simulations

In this chapter additional information related to Chapter 4 is presented.

D.1 Methanol

D.1.1 Technical parameters

Table D.1 shows the settings of the distillation columns in the MeOH models.

Table D.1 Settings of columns for MeOH models

Case 50/150MWel 50MWel-FC 150MWel-FC
Column C1 C1 FC-C1 C1 FC-C1
Reflux ratio (mole) 1.025 2 - 1.134 -
D:F ratio (mole) 0.497 0.496 0.1 0.497 0.1
Number of stages 30 30 10 30 10
Feed stage on 24 on 24 above 1 on 24 above 1

The composition of the SOG is shown in Table D.2. The composition is partially based on [300] and
on information by industry. The S and N concentration is adjusted to 2.5 and 1 wt. % which is close to
the mean values of the measurements shown in Figure 3.6. The MeOH content was reported by the
pulp mill. The sulphur components and terpentines are inspired by [300]. Ammonia was selected as
the main N component.

Table D.2 Composition of foul condensate in wt.%

component mass fraction
MeOH 0.6
Water 0.3511
Methylmercaptan 0.01465
NH3 0.0123
Dimethyl sulfide 0.01
H2S 0.01
Dimethyl disulfide 0.001
Guaiacol 0.0004
𝛼 terpineol 0.00035
𝛼 pinene 0.0002

The mass balance of the MeOH processes is given in Table D.3.
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Table D.3 Mass balance of the MeOH processes in t/h

Case 50 MWel 150 MWel 50 MWel-FC 150 MWel-FC
Input

Water 9.4 28.2 9.4 28.2
CO2 7.6 22.9 7.6 22.9
FC 0.0 0.0 0.7 0.7

Internal
Recycle 64.9 194.8 64.9 194.8
H2 1.1 3.2 1.1 3.2

Output
O2 8.3 25.0 8.3 25.0
MeOH 5.3 16.0 5.7 16.4
Waste water 3.0 9.1 3.3 9.3
Purge 0.3 1.0 0.4 1.0

Table D.4 gives the mass balance with focus on the contaminants introduced by the foul condensate.
The mass flows for the sulphur and nitrogen compounds are broken down in total sulphur and
nitrogen content. The removal of sulphur species in the stripper column is very efficient removing
98 % of the sulphur. For ammonia the removal is only at 59 %. No terpenes are removed in this step.
However, the terpenes are then mostly removed from the MeOH product as the bottom product of
the distillation column. Contrary, the sulphur and nitrogen species all end up in the MeOH product
after distillation.

Table D.4 Mass balance for the contaminants introduced with the FC for 50 MWel-FC and 150 MWel-FC

Feed Purge MeOH Waste water Unit
S 16.26 15.95 0.31 0.00 kg S/h
N 6.58 3.90 2.67 0.00 kg N/h
Terpenes 0.62 0.00 0.13 0.49 kg Terpenes/h
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D.1.2 Economics

Table D.5 gives the detailed cost breakdown for the production of MeOH.

Table D.5 Cost breakdown for MeOH processes in M€

Case 50 MWel 150 MWel 50 MWel-FC 150 MWel-FC
OPEX 50.2 124.0 50.4 124.2
Labor 1.1 1.1 1.1 1.1
Laboratory 0.2 0.2 0.2 0.2
Operating supervision 0.2 0.2 0.2 0.2
Water 0.1 0.4 0.1 0.4
Electricity Pulp Mill 32.8 37.4 32.8 37.4
Electricity Grid - 45.4 - 45.5
Natural gas -0.3 -0.8 -0.3 -0.9
O2 -1.3 -2.5 -1.3 -2.5
CO2 2.9 8.6 2.9 8.6
Maintenance 6.7 16.4 6.7 16.4
Insurance + Taxes 2.9 7.0 2.9 7.0
Plant overhead 4.8 10.6 4.8 10.6
Administration 0.2 0.2 0.2 0.2
FCI 95.8 233.8 96.2 234.5
Water electrolysis 60.0 180.0 60.0 180.0
Chemical plant 35.8 53.8 36.2 54.5
ACC 9.8 23.8 9.8 23.9
TAC 60.0 147.9 60.2 148.1

Figures D.1 show the impact of various parameters on the levelized cost of MeOH.
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(a) 50 MWel (b) 150 MWel

(c) 50 MWel-FC (d) 150 MWel-FC

Figure D.1 Sensitivity analysis on the levelized cost of MeOH
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D.1.3 Heat integration

Table D.6 shows the heat flows as derived from pinch analysis for the integration of the MeOH plants
with the energy system of the pulp mill.

Table D.6 Heat flows in MWth for MeOH plant integration

Case 50 MWel 150 MWel 50 MWel-FC 150 MWel-FC
HP Steam generation - - - -
MP1 Steam generation - - - -
MP2 Steam generation - - - -
LP Steam generation - - - -
Hot water 1 generation 13.0 39.1 13.0 39.0
Hot water 2 generation 2.8 8.4 2.8 8.4
HP Steam supply - - - -
MP1 Steam supply - - - -
MP2 Steam supply 6.4 19.3 6.4 19.3
LP Steam supply 3.4 10.2 3.7 11.0
Hot water 1 supply - - - -
Hot water 2 supply - - - -
Steam generation (greenfield) - - - -
Steam supply (greenfield) 9.8 29.5 10.1 30.3

Figures D.2 to D.5 show the composite curves for the integrated MeOH plants.

Figure D.2 Composite curve for the 50 MWel MeOH plant
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Figure D.3 Composite curve for the 150 MWel MeOH plant

Figure D.4 Composite curve for the 50 MWel-FC MeOH plant
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Figure D.5 Composite curve for the 150 MWel-FC MeOH plant
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D.1.4 CO2 emissions

Figure D.6 and D.7 show the annual CO2 emissions of the MeOH production process over the carbon
intensity of the imported grid electricity.

Figure D.6 Annual CO2 emissions over the emission factor of grid electricity for 50 and 150 MWel plants

Figure D.7 Annual CO2 emissions over the emission factor of grid electricity for 50MWel-FC and 150MWel-FC
plants



171

D.2 SNG

In this section you find additional information on the SNG process.

D.2.1 Technical parameters

Table D.7 shows the mass balance of the SNG process.

Table D.7 Mass balance SNG in t/h

Plant size in MWel 50 150
Input

Water 9.4 28.2
CO2 5.7 17.2

Internal
Recycle 12.6 37.8
H2 (water electrolysis) 1.1 3.2

Output
O2 (water electrolysis) 8.3 25.0
SNG 2.1 6.3
Waste water 4.7 14.0

D.2.2 Economics

Table D.8 gives the LCOSNG in €/t and €/MWh. The LCOSNG is shown without electricity cost and
capital cost. Table D.9 summarizes the cost breakdown of all cost categories included in the economic
assessment.

Table D.8 Levelized cost of SNG expressed in different units

Plant size 50 MWel 150 MWel Unit

Levelized cost of SNG 3315 2833 €/t
241 206 €/MWh

Levelized cost of SNG w/o electricity 1376 1185 €/t
100 86 €/MWh

Levelized cost of SNG w/o ACC 2833 2398 €/t
206 174 €/MWh
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Table D.9 Yearly cost in M€for SNG production

Plant size in MWel 50 150
OPEX 44.7 113.4
Labor 1.1 1.1
Laboratory 0.2 0.2
Operating supervision 0.2 0.2
Water 0.1 0.4
Electricity Pulp Mill 30.6 37.4
Electricity Grid - 40.6
O2 -1.3 -2.5
CO2 2.1 6.4
Maintenance 5.2 14.1
Insurance + Taxes 2.2 6.1
Plant overhead 3.9 9.3
Administration 0.2 0.2
FCI 74.7 202.0
Water electrolysis 60.0 180.0
Chemical plant 14.7 22.0
ACC 7.6 20.6
TAC 52.3 134.0
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Figure D.8 shows the sensitivity analysis for the SNG plant. Parameters are varied according to
Table 3.2.

(a) 50 MWel

(b) 150 MWel

Figure D.8 Sensitivity analysis on the levelized cost of SNG for the (a) 50 MWel and (b) 150 MWel plant size
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D.2.3 Heat integration

Table D.10 shows the heat flows as derived from pinch analysis for the integration of the SNG plant
with the energy system of the pulp mill.

Table D.10 Heat flows in MWth for SNG plant integration

integrated greenfield
Plant size 50 150 50 150
HP Steam generation 2.4 7.2 - -
MP1 Steam generation - - - -
MP2 Steam generation - - - -
LP Steam generation - - - -
Hot water 1 generation 11.2 33.7 - -
Hot water 2 generation - - - -
HP Steam supply - - - -
MP1 Steam supply - - - -
MP2 Steam supply - - - -
LP Steam supply - - - -
Hot water 1 supply - - - -
Hot water 2 supply - - - -
Steam generation (greenfield) - - 2.4 7.2
Steam supply (greenfield) - - - -

The composite curves for the integrated SNG plants are shown in the following.

Figure D.9 Composite curve for the 50 MWel SNG plant
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Figure D.10 Composite curve for the 150 MWel SNG plant

D.2.4 CO2 emissions

Figure D.11 shows the annual CO2 emissions of the 50 and 150 MWel plant. The CO2 fixed in the SNG
is refered to as bound CO2.

Figure D.11 Annual CO2 emissions over the emission factor of grid electricity
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D.3 H2O2

D.3.1 Technical parameters

The energy balance is shown in Table D.11.

Table D.11 Energy balance of the H2O2 processes in MW

Plant size in MWel 6 50 150
Input

Electricity total 5.4 50.9 155.5
-Water electrolysis 5.5 50.0 150.0
-Compression and pumping 0.2 1.5 4.5
-Integration -0.3 -0.6 1.0
Heat 0.0 14.5 47.3

Output
Heat 5.0 60.1 184.0

D.3.2 Economics

Table D.12 shows the breakdown of the total annual cost by each category.

Table D.12 Cost breakdown of the H2O2 process in M€

Plant size in MWel 6 50 150
OPEX 8.9 51.9 159.9
Labor 1.1 1.2 1.2
Laboratory 0.2 0.2 0.2
Operating supervision 0.2 0.2 0.2
Electricity Pulp Mill 3.4 31.7 37.4
Electricity Grid - - 43.0
Water 0.1 0.5 1.6
H2O2 replaced - - 11.0 - 11.0
Makeup 1.2 10.7 31.9
O2 - 0.2 - 1.3 - 2.5
Maintenance 1.0 9.2 28.1
Insurance + Taxes 0.4 4.0 12.0
Plant overhead 1.4 6.3 17.7
Administration 0.2 0.2 0.2
FCI 14.5 131.8 401.5
Water electrolysis 6.6 60.0 180.0
Chemical plant 7.9 71.8 221.5
ACC 1.5 13.4 40.9
TAC 10.3 65.3 200.8

The following Figure shows the results of the sensitivity analysis.
In Table D.13 the bare equipment cost of the reactors and extraction column are shown. The cost

are assumptions. Since the reactors are complex, high cost are assumed here.
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(a) 6 MWel plant

(b) 50 MWel plant

(c) 150 MWel plant

Figure D.12 Sensitivity analysis on the levelized cost of H2O2

Table D.13 Assumed bare equipment cost for reactors and extraction column in M€

Plant size in MWel 6 50 150
Hydrogenation reactor 0.2 2 6
Oxidation reactor 0.2 2 6
Extraction column 0.1 1 3
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D.3.3 Heat integration

Table D.14 shows the results of heat integration. Only hot water is needed as utility. For the greenfield
plants, the heat is supplied by a heating fluid heated by natural gas.

Table D.14 Heat flows in MWth for H2O2 plant integration

Plant size 6 50 150
HP Steam generation - - -
MP1 Steam generation - - -
MP2 Steam generation - - -
LP Steam generation - - -
Hot water 1 generation 1.1 4.4 11.6
Hot water 2 generation - - -
HP Steam supply - - -
MP1 Steam supply - - -
MP2 Steam supply - - -
LP Steam supply - - -
Hot water 1 supply - - -
Hot water 2 supply - 7.9 25.8
Steam generation (greenfield) - - -
Steam supply (greenfield) - 7.9 25.8

Figures D.13 to D.15 show the composite curves.

Figure D.13 Composite curve for the 6 MWel H2O2 plant
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Figure D.14 Composite curve for the 50 MWel H2O2 plant

Figure D.15 Composite curve for the 150 MWel H2O2 plant
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D.4 Acetic acid

D.4.1 Technical parameters

Table D.15 shows the mass balance of the AA production process.

Table D.15 Mass balance AA in t/h

CO generation RWGS CO2E
Plant size in MWel 50 150 50 150

Input
Water 9.4 28.2 6.1 18.4
CO2 11.4 34.1 9.9 29.6

Internal
H2 1.1 3.2 0.7 2.1
CO (total) 3.6 10.7 3.1 9.3
MeOH 4.0 12.0 3.5 10.5

Output
O2 (water electrolysis) 8.3 25.0 5.5 16.4
O2 (CO2 electrolysis) 0.0 0.0 1.8 5.3
Waste water 4.6 13.7 2.0 5.9
Purge 0.4 1.2 0.3 0.9
AA 7.4 22.2 6.5 19.4
AA total 7.4 22.3 6.5 19.5

The settings for the membrane separation in the RWGS process is depicted in Table D.16. The
split fractions are equal in both stages of the separation process. The split fractions are based on an
educated guess based on the permeability of the components. The resulting mole fraction after the
membrane separation are in line with the commercial process described by Teuner et al. [259].

Table D.16 Split fractions in membrane stages

split ratio to permeate
H2 0.99

CH4 0.05
H2O 1
CO2 0.95
CO 0.15
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D.4.2 Economics

The following Figure shows the results of the sensitivity analysis.

(a) RWGS-50 (b) CO2E-50

(c) RWGS-150 (d) CO2E-150

Figure D.16 Sensitivity analysis on the levelized cost of AA
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Table D.17 gives the detailed cost breakdown for the production of AA.

Table D.17 Cost breakdown AA in M€

CO generation RWGS CO2E
Plant size 50 150 50 150
OPEX 61.3 146.0 55.6 135.5
Labor 1.5 1.5 1.4 1.4
Laboratory 0.2 0.2 0.2 0.2
Operating supervision 0.2 0.2 0.2 0.2
Water 0.1 0.4 0.1 0.3
Electricity Pulp Mill 34.2 37.4 33.7 37.4
Electricity Grid - 48.3 - 47.3
O2 -1.3 -2.5 -1.2 -2.3
Natural gas 0.7 2.1 -0.2 -0.6
CO2 4.3 12.8 3.7 11.1
Maintenance 9.9 21.9 8.1 19.4
Insurance + Taxes 4.2 9.4 3.5 8.3
Plant overhead 6.9 14.1 5.8 12.6
Administration 0.3 0.3 0.3 0.3
FCI 141.1 312.7 116.4 277.5
Water electrolysis 60.0 180.0 39.2 117.7
CO2 electrolysis - - 27.7 83.0
Chemical plant 81.1 132.7 49.4 76.7
ACC 14.4 31.9 11.9 28.3
TAC 75.6 177.9 67.4 163.8
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D.4.3 Heat integration

Table D.18 shows the heat streams derived from pinch analysis. The composite curves for the
integrated processes are shown in Figure D.17 to D.20.

Table D.18 Heat flows in MWth for AA plant integration

CO generation RWGS CO2E
Plant size 50 150 50 150
HP Steam generation - - - -
MP1 Steam generation - - - -
MP2 Steam generation - - - -
LP Steam generation - - - -
Hot water 1 generation 19.6 58.7 12.9 38.6
Hot water 2 generation 7.1 18.4 4.5 13.6
HP Steam supply - - - -
MP1 Steam supply - - - -
MP2 Steam supply 1.6 4.7 5.3 16.1
LP Steam supply 13.7 38.2 12.2 36.5
Hot water 1 supply - - - -
Hot water 2 supply - - - -
Steam generation (greenfield) - - - -
Steam supply (greenfield) 15.3 42.8 17.5 52.6

Figure D.17 Composite curve for the RWGS-50 AA plant
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Figure D.18 Composite curve for the RWGS-150 AA plant

Figure D.19 Composite curve for the CO2E-50 AA plant
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Figure D.20 Composite curve for the CO2E-150 AA plant

D.4.4 CO2 emissions

Figure D.21 and D.22 show the annual CO2 emissions (fossil and biogenic) of the AA production
process.

Figure D.21 Annual CO2 emissions over the emission factor of grid electricity for RWGS
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Figure D.22 Annual CO2 emissions over the emission factor of grid electricity for CO2E
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D.5 Fischer Tropsch

D.5.1 Syncrude

Figure D.23 shows the chain length distribution of the syncrude. The ASF distribution for 𝛼 = 0.84 is
represented by the line for comparison. The syncrude has a heating value of 34.3 to 35.4 MJ/kg.

Figure D.23 Chain length distribution of syncrude



188

D.5.2 Economics

Table D.19 shows the levelized cost of syncrude of the scenarios expressed in different units to foster a
better understanding of the values. The density for syncrude is derived from Aspen Plus. The diesel
and gasoline equivalent calculation is based on the LHV of diesel (35.9 MJ/l) and gasoline (32.3 MJ/l)
[301].

Table D.19 Levelized cost of syncrude in different units (DE: diesel equivalent, GE: gasoline equivalent)

Syngas preparation
and gas loop design RWGS-CL RWGS-OL CO2E-CL CO2E-OL

Plant size in MWel 50 150 50 150 50 150 50 150
in €/kg 3.96 3.35 7.84 6.60 4.77 4.01 7.46 6.45
in €/l 5.71 4.83 11.30 9.51 6.87 5.78 10.75 9.30
in €/MJ 0.11 0.10 0.23 0.19 0.14 0.12 0.22 0.19
in €/lDE 4.12 3.48 8.15 6.86 4.95 4.17 7.75 6.71
in €/lGE 3.69 3.12 7.31 6.15 4.44 3.74 6.96 6.02

Figures D.24 and D.25 show the impact of various parameters on the levelized cost of FT syncrude.

(a) RWGS-CL-50 (b) RWGS-OL-50

(c) CO2E-CL-50 (d) CO2E-OL-50

Figure D.24 Sensitivity analysis on the levelized cost of FT syncrude for the 50 MWel plant size
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(a) RWGS-CL-150 (b) RWGS-OL-150

(c) CO2E-CL-150 (d) CO2E-OL-150

Figure D.25 Sensitivity analysis on the levelized cost of FT syncrude for the 150 MWel plant size

Table D.20 Cost breakdown for FT process in M€

Scenarios RWGS-CL RWGS-OL CO2E-CL CO2E-OL
Plant size 50 150 50 150 50 150 50 150
OPEX 49.0 123.9 45.8 114.9 46.3 116.4 42.7 109.1
Labor 1.1 1.1 1.1 1.1 1.1 1.1 1.1 1.1
Laboratory 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0.2
Operating supervision 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0.2
Water 0.1 0.4 0.1 0.4 0.1 0.2 0.1 0.2
Electricity 30.0 37.4 31.7 37.4 31.0 37.4 31.3 37.4
O2 -1.3 -2.5 -1.3 -2.5 -1.2 -2.2 -1.2 -2.2
Natural gas 0.8 2.4 -2.8 -8.4 -1.1 -3.2 -4.0 -9.4
CO2 2.9 8.6 4.0 11.9 2.3 6.8 2.4 7.1
Maintenance 6.9 17.7 5.8 15.1 6.3 16.5 5.8 16.3
Insurance + Taxes 3.0 7.6 2.5 6.5 2.7 7.1 2.5 7.0
Plant overhead 4.9 11.4 4.2 9.8 4.5 10.6 4.2 10.5
Administration 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0.2
FCI 98.4 252.9 82.3 216.3 90.4 235.2 83.4 233.6
Water electrolysis 60.0 180.0 60.0 180.0 34.1 102.4 33.0 99.0
CO2 electrolysis - - - - 34.5 103.5 36.0 107.9
Chemical plant 38.4 72.9 22.3 36.3 21.8 29.3 14.4 26.7
ACC 10.0 25.8 8.4 22.0 9.2 24.0 8.5 23.8
TAC 59.0 149.7 54.2 136.9 55.6 140.3 51.2 132.9
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D.5.3 Heat integration

Table D.21 shows the heat flows derived by pinch analysis for the integration with the pulp mill.

Table D.21 Heat flows in MWth for FT plant integration

Scenario RWGS-CL RWGS-OL CO2E-CL CO2E-OL
Plant size 50 150 50 150 50 150 50 150
HP Steam generation 6.6 19.9 - - - - - 12.9
MP1 Steam generation - - - - - - -
MP2 Steam generation - - - 0.7 2.1 - -
LP Steam generation 1.8 5.3 - - - - - -
Hot water 1 generation 11.5 34.6 11.5 34.6 6.6 19.7 6.2 18.6
Hot water 2 generation - - - - - - - -
HP Steam supply - - - - - - - -
MP1 Steam supply - - - - - - - -
MP2 Steam supply - - - - - - 1.7 5.0
LP Steam supply - - - - - - - -
Hot water 1 supply - - - - - - - -
Hot water 2 supply - - - - - - - -
Steam generation (greenfield) 8.40 25.20 0.22 0.66 0.70 2.10 - -
Steam supply (greenfield) - - - - - - 1.70 5.10

The following figures show the composite curves of the integrated plants.

Figure D.26 Composite curve for the 50 MWel CO2E-CL plant
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Figure D.27 Composite curve for the 150 MWel CO2E-CL plant

Figure D.28 Composite curve for the 50 MWel CO2E-OL plant
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Figure D.29 Composite curve for the 150 MWel CO2E-OL plant

Figure D.30 Composite curve for the 50 MWel RWGS-CL plant
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Figure D.31 Composite curve for the 150 MWel RWGS-CL plant

Figure D.32 Composite curve for the 50 MWel RWGS-OL plant
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Figure D.33 Composite curve for the 150 MWel RWGS-OL plant
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D.5.4 CO2 emissions

The following figures show the annual CO2 emissions for the four scenarios. Reported are biogenic
emissions bound in the FT syncrude, additional emissions for natural gas combustion, substituted
natural gas and emissions from grid electricity.

Figure D.34 Annual CO2 emissions over the emission factor of grid electricity for RWGS-CL

Figure D.35 Annual CO2 emissions over the emission factor of grid electricity for RWGS-OL
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Figure D.36 Annual CO2 emissions over the emission factor of grid electricity for CO2E-CL

Figure D.37 Annual CO2 emissions over the emission factor of grid electricity for CO2E-OL
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D.6 Comparison CO2 emissions

Figure D.38 shows the same data than Figure 4.28 but with a focus on the zeros of the curves.

Figure D.38 Comparison of emission factor over the emission factor of the grid electricity
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D.7 CO2 electrolysis vs. RWGS

Figure D.39 shows the comparison of efficiencies for the process routes using CO2 electrolysis or
RWGS process.

(a) Carbon efficiency (b) Hydrogen efficiency (c) Power-to-Fuel efficiency

Figure D.39 Carbon, hydrogen and Power-to-Fuel efficiency of the investigates scenarios for comparison

The LCOP is shown in Figure D.40 for the process routes using CO2 electrolysis or the RWGS
process. The cost are normalized for AA or FT syncrude to the respective RWGS case.

Figure D.40 LCOP normalized to RWGS case
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Figure D.41 shows the CO2 emissions compared to the fossil equivalent. The dashed lines represent
the curves for cases with CO2 electrolysis and the full lines the curves with RWGS unit. The emissions
are normalized to the fossil comparator.

Figure D.41 CO2 emissions compared to fossil equivalent for the cases utilizing CO2 electrolysis and RWGS
process
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E Lime Kiln

E.1 Modeling

The following molecules were considered in the Aspen simulations: CO2, O2, CO, H2O, CH4, C2H6,
C, H2, N2, CL2, S, NO, NO2, H2S, HCL, HCN, SO2 and NH3. Bark and Ash were implemented as
non-conventional components.

E.1.1 Mass and energy balance fuel preparation

Table E.1 shows the energy balance of the fuel preparation excluding the PtX process. The mass
balance is depicted in Table E.2.

Table E.1 Energy balance of fuel preparation in MW

BC FO Wood H2-NG H2-SNG-partial H2-SNG-full G-Air G-Air + H2 G-H2 G-O2
Input

Electricity total 0.0 0.0 0.3 33.8 75.8 75.8 0.6 37.5 50.9 0.4
-Electrolysis 0.0 0.0 0.0 33.8 74.8 74.8 0.0 37.2 50.7 0.0
-Compression and Pumping 0.0 0.0 0.0 0.0 1.0 1.0 0.2 0.1 0.0 0.0
-Dryer 0.0 0.0 0.3 0.0 0.0 0.0 0.5 0.2 0.2 0.4
H2 0.0 0.0 0.0 23.7 33.9 33.9 0.0 26.0 35.5 0.0
Wood/Bark 0.0 0.0 50.2 0.0 0.0 0.0 81.6 38.1 26.5 72.8
Heat Dryer 0.0 0.0 6.4 0.0 0.0 0.0 8.9 4.1 2.9 7.6
Heat Gasifier 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 1.4 1.5

Output
Wood 0.0 0.0 50.2 0.0 0.0 0.0 0.0 0.0 0.0 0.0
Natural gas 50.0 0.0 0.0 23.7 0.0 0.0 0.0 0.0 0.0 0.0
Fuel oil 0.0 49.2 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0
H2 0.0 0.0 0.0 23.7 23.7 23.7 0.0 26.0 0.0 0.0
Syngas 0.0 0.0 0.0 0.0 0.0 0.0 55.8 26.0 49.0 49.0
Heat Gasifier 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 6.9 9.4
Heat Electrolysis 0.0 0.0 0.0 6.8 6.8 6.8 0.0 7.4 10.1 0.0
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Table E.2 Mass balance of fuel preparation in t/h

BC FO Wood H2-NG H2-SNG-partial H2-SNG-full G-Air G-Air + H2 G-H2 G-O2
Input

H2O to Electrolysis 0.0 0.0 0.0 6.3 6.3 24.5 0.0 7.0 9.5 0.0
H2O to Gasifier 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 1.2
Wood 0.0 0.0 14.4 0.0 0.0 0.0 0.0 0.0 0.0 0.0
Bark 0.0 0.0 0.0 0.0 0.0 0.0 25.0 11.7 8.1 15.5
Air 0.0 0.0 0.0 0.0 0.0 0.0 24.8 11.6 0.0 0.0

Internal demand
H2 to lime kiln 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 1.1 0.0
O2 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 4.4

Output
Waste water 0.0 0.0 0.0 0.0 3.8 3.8 0.0 0.0 0.0 2.3
H2 0.0 0.0 0.0 0.7 0.7 0.7 0.0 0.8 0.0 0.0
Producer gas/Syngas 0.0 0.0 0.0 0.0 0.0 0.0 42.7 19.9 3.5 18.5
Ash+Char 0.0 0.0 0.0 0.0 0.0 0.0 0.4 0.2 0.7 0.3
O2 0.0 0.0 0.0 5.6 12.4 21.7 0.0 6.2 8.4 28.3
Fuel oil 0.0 4.1 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0
Natural gas/SNG 3.8 0.0 0.0 1.8 1.7 1.7 0.0 0.0 0.0 0.0
Wood powder 0.0 0.0 9.5 0.0 0.0 0.0 0.0 0.0 0.0 0.0
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E.1.2 Mass balance PtX processes

The following table shows the mass balance of the PtX processes for the production of SNG and
MeOH.

Table E.3 Mass balance of PtX process in t/h

H2-SNG-partial H2-SNG-full G-O2
Input

H2O 7.7 18.1 36.8
CO2 4.7 11.1 30.0
H2 0.9 2.0 4.1

Output
Waste water 3.8 9.1 11.9
O2 6.8 16.1 32.6
Purge 0.0 0.0 1.4
Product 1.7 4.1 20.9

E.1.3 Fuel composition

Table E.4 shows the fuel composition as fed to the lime kiln.

Table E.4 Composition of liquid and gaseous fuels as delivered to lime kiln in wt.% and LHV in MJ/kg

BC FO H2-NG H2-SNG G-Air G-Air + H2 G-H2 G-O2
N2 1.6% - 1.2% - 44.1% 42.8% 0.5% 0.3%
O2 - - - - - - - -
Ar - - - - 0.7% 0.7% - -
CO2 2.5% - 1.8% 1.0% 23.9% 23.1% 11.1% 49.8%
H2 - - 28.4% 29.6% 0.8% 4.6% 12.0% 2.3%
H2O - - - 0.2% 4.5% 4.4% 0.2% 2.1%
CO - - - 0.0% 22.2% 21.5% 5.7% 38.4%
CH4 84.7% - 60.6% 69.2% 3.0% 2.9% 70.3% 6.7%
C2H6 8.6% - 6.2% - - - 0.0% -
C15 - 100.0% - - - - - -
MeOH - - - - - - - 0.5%
Others 2.5% - 1.8% - 0.8% - 0.1% -
LHV 47.66 43.00 68.22 70.10 4.71 9.11 50.12 10.03
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E.1.4 Adiabatic flame temperature

The calculation model presented in Section 3.6 yields the AFT as shown in Table E.5. The calculation
is based on the fuel composition and the fuel temperature. The table shows literature data which
mostly compare very well to the own calculations. However, the literature sources generally do not
give the full data like fuel composition, moisture and fuel temperature needed for a valid comparison.

Table E.5 Adiabatic flame temperature including literature data and own calculations

Fuel [25] [16] [302] [303] own calculation
BC 2050 - 2053 2055 2039
FO - 2068 2139 2118 2069
NG + H2 - - - - 2141
SNG + H2 - - - - 2139
Wood 1950 1982 2085 - 2306a

Bark - 2005 2056 1947 2306
G-Air 1870 - - - 1815
G-Air + H2 - - - - 1959
G-H2 - - - - 2077
G-O2 - 2226 - - 1846

a: calculation gives 3006 °C, AFT of wood from [16] used instead
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E.2 Economics

Table E.6 shows the change in TAC if electricity prices are 0 €/MWh and ACC are neglected.

Table E.6 Annual cost in M€with no cost for electricity or ACC in absolute (M€) and relative numbers (%)

BC FO Wood H2-NG H2-SNG-partial H2-SNG-full G-Air G-Air + H2 G-H2 G-O2

w/o electricity absolut 9.4 29.5 6.4 15.4 28.1 41.1 11.0 16.5 19.7 -37.9
relative 215% -32% 64% 200% 339% 17% 76% 110% -504%

w/o ACC absolut 9.4 29.5 12.0 32.3 61.1 92.4 20.1 38.8 46.5 43.7
relative 215% 28% 245% 552% 885% 114% 314% 396% 367%

E.2.1 Sensitivity analysis on total annual cost

Figures E.1 to E.10 show the tornado diagrams for the sensitivity analysis of the investigated cases.
The altered parameters are shown in Table 3.2.

Figure E.1 Sensitivity analysis on the total annual cost for case BC

Figure E.2 Sensitivity analysis on the total annual cost for case FO
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Figure E.3 Sensitivity analysis on the total annual cost for case H2-NG

Figure E.4 Sensitivity analysis on the total annual cost for case H2-SNG-partial

Figure E.5 Sensitivity analysis on the total annual cost for case H2-SNG-full

Figure E.6 Sensitivity analysis on the total annual cost for case Wood
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Figure E.7 Sensitivity analysis on the total annual cost for case G-Air

Figure E.8 Sensitivity analysis on the total annual cost for case G-Air+H2

Figure E.9 Sensitivity analysis on the total annual cost for case G-H2

Figure E.10 Sensitivity analysis on the total annual cost for case G-O2
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E.2.2 Sensitivity analysis on CO2 abatement cost

Figures E.11 to E.16 show the tornado diagrams for the sensitivity analysis of the investigated cases.
The altered parameters are shown in Table 3.2.

Figure E.11 Sensitivity analysis on the CO2 abatement cost for case Wood

Figure E.12 Sensitivity analysis on the CO2 abatement cost for case H2-NG

Figure E.13 Sensitivity analysis on the CO2 abatement cost for case H2-SNG-partial
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Figure E.14 Sensitivity analysis on the CO2 abatement cost for case G-Air

Figure E.15 Sensitivity analysis on the CO2 abatement cost for case G-Air+H2

Figure E.16 Sensitivity analysis on the CO2 abatement cost for case G-H2
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E.3 Heat integration

Figures E.17 to E.24 shows the composite curves for the assessment of heat integration.

Figure E.17 Composite curve for Wood

Figure E.18 Composite curve for H2-NG
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Figure E.19 Composite curve for H2-SNG-partial

Figure E.20 Composite curve for H2-SNG-full
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Figure E.21 Composite curve for G-Air

Figure E.22 Composite curve for G-Air+H2
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Figure E.23 Composite curve for G-H2

Figure E.24 Composite curve for G-O2
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E.4 Calcination temperature

The required reaction temperature for calcination is dependent on the partial pressure of CO2 in
the gas phase. For the different simulated scenarios, the partial pressure in the flue gas will change
significantly depending on the used fuel. A relation between reaction temperature, reaction rate
and partial pressure is available in literature (Eq. E.1-E.3) [304]. The reaction rate 𝑅𝐷 (in kmol m-2

s-1) depends on a rate constant 𝑘𝐷 (in kmol m-2 s-1 atm-1) and the pressure difference between the
equilibrium dissociation pressure 𝑃𝑒 (in atm) and the partial pressure of CO2 at the CaO-CaCO3
interface (in atm) [304].

𝑅𝐷 = 𝑘𝐷(𝑃𝑒 − 𝑃) (E.1)

with
𝑘𝐷 = 0, 00122𝑒𝑥𝑝(−4026/𝑇) (E.2)

𝑃𝑒 = 𝑒𝑥𝑝(17, 74 − 0, 00108𝑇 + 0, 332𝑙𝑛(𝑇) − 22020
𝑇
) (E.3)

With this relation, the reaction rate was plotted over the temperature ranging from 850 to 950 °C
(Figure E.25). For a typical reaction temperature of 900 °C at 0.2 atm, the reaction temperature for
the same reaction rate at 0.1 atm or 0.3 atm is roughly increased or decreased by 5 °C. Therefore, the
impact of CO2 partial pressure is neglectable on the reaction temperature. Therefore, changing the
combustion temperature will only slightly impact the conversion in the lime kiln.

Figure E.25 Reaction rate vs. temperature for different CO2 partial pressures
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F Methanol purification

F.1 Calibration curve of pump

The pump was characterized by measuring the mass flow feed to the column (after E303) for a known
time period on the level of the feed port. The pump was running at a certain power before the
measurement was started. Deionized water was used as medium. The time of measurement ranges
from 5 to 10 min depending on the power of the pump as higher flow rates exceed the used vessel
capacity faster than for lower flow rates. The pump power was changed in 10 % increments between
20 and 80 %. Each pump power was measured three times leading to the curve shown in Figure F.1.

Figure F.1 Calibration curve for water (3 measurements are performed for each pump power setting. Data
points are connected for better visualization.)

Based on this data the linear relation between mass flow ¤𝑚 in kg/h and pump power (in %) based
on the mean value of the mass flow can be established as shown in the following equation.

¤𝑚 = (8.5262 ·
𝑃𝑃𝑢𝑚𝑝

% − 1.6312) 𝑘𝑔
ℎ

(F.1)
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F.2 Temperature of feed stream

Figure F.2 shows the temperature of the feed after heat exchanger E303 measured by T311. The mean
values and standard deviation of the values during the times of the experiment are shown. The feed
temperature was set to 65 °C. The data shows that this values was reliably held constant over the time
of the experiment.

Figure F.2 Mean and standard deviation of the feed temperature T311

F.3 Pressure drop

The pressure drop is measured by PD301. The mean value and standard deviation is shown in Figure
F.3. The pressure drop was set to 2.0, 2.2 and 2.4 mbar. In V6, the pressure drop was altered. V9_2
is again due to the missed end of the experiment an outliner in terms of deviation of the mean value
from the set value and high standard variation. Higher standard variations are a sign for a more
instable operation.

Figure F.3 Mean and standard deviation of the pressure drop PD301
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F.4 Feed preparation

Figure F.4 shows the MeOH and S/N concentration in the feed stream dreived from laboratory
measurements. The resulting concentration of the contaminants in the top product are usually higher
than in the feed stream. Additionally the pFC cases reveal that the water content in the FC might be
higher than assumed in the model FC stream.

(a) MeOH (b) S+N

Figure F.4 Concentration of MeOH, S and N in the feed stream
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