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thermic reactions with a limitation of 
the conversion due to the chemical equi-
librium.[1] As a consequence, large scale 
production usually requires the recycling 
of unconverted reactant gases, which 
results in larger unit operations and 
increased operational costs. One approach 
to improve conversion and reduce the 
recycling effort is the in situ product 
removal in the reactor to avoid the equilib-
rium limitations. This has the potential to 
increase the overall energy efficiency and 
thereby reducing the costs of renewable 
energy carriers.

Membrane technologies for product 
separation have been investigated for 
years now and are already used on an 
industrial scale for some applications.[2] 
Membrane reactors (MR), however, have 
not been applied industrially for thermo-
chemical syntheses, for example, meth-
anol synthesis. While current research 
has shown the potential of membrane 

reactors for the synthesis of renewable energy carriers and 
allowed the proof-of-concept, it usually focuses on specific 
membrane types for experimental research or investigates 
the concept on a broader techno-economic level with specific 
assumptions for the membrane performance. Benchmarks for 
membrane development allowing to move beyond laboratory 
scale are missing, however.

This article wants to close this gap and derive important 
performance targets for the membrane to enable benefits on 
the overall process level and the process economics. The goal is 
to provide researchers working on material improvements with 
targets to aim for and process engineers and industry experts 
with guidelines in which cases the industrial application of 
MRs might be beneficial.

For this purpose renewable methanol synthesis from H2 and 
CO2 has been selected as a case study. Methanol is one of the 
most discussed potential renewable energy carriers due to its 
wide application even today and the potential to use methanol 
as fuel in conventional engines and fuel cells. Figure 1 shows 
the general approach taken in this work. An elaborate process 
model for the methanol synthesis with a MR has been devel-
oped by coupling the flowsheet simulation tool Aspen Plus with 
a Python MR model. Two cases have been investigated. First, a 
case where sweep and feed pressure are equal and no pressure 
difference exists between retentate and permeate side. Second, 
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1. Introduction

For the transformation of the energy system away from fossil 
fuels, renewable energy carriers are seen as an essential part 
of the solution. Applications range from defossilization of the 
mobility sector (e.g.,  aviation or shipping) to the provision  
of sustainable chemicals. A variety of potential chemicals  
have been discussed as renewable energy carriers, for 
example, methane, methanol, dimethyl ether, Fischer–Tropsch 
fuels, or ammonia. While their properties vary, their synthesis 
share some characteristics namely that they are formed in exo-
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a case with atmospheric sweep recycle. The simulation results 
are then used in an economic assessment and performance as 
well as cost targets for the membrane are determined.

Based on conducted parameter studies it can be confirmed 
that MRs might benefit the overall process performance and 
economics of renewable methanol synthesis. However, the 
results suggest that they are not necessarily the better option 
economically, instead it depends highly on the process condi-
tions and the achievable membrane performances. This is  
due to the necessity of an additional sweep recycle that limits 
the economic benefits of the membrane process compared to 
the conventional synthesis.1.1. Methanol Synthesis
Conventional industrial methanol synthesis has been investi-
gated for more than a century.[3] Usually, the synthesis gas feed 
(mainly CO and H2) is generated from natural gas or coal and 
converted via an exothermic, heterogeneous catalyzed reac-
tion to methanol. For renewable methanol via biomass-to-X 
or power-to-X, direct conversion of CO2 with H2 is an option 
and is considered exclusively in this work. A detailed descrip-
tion of the synthesis process including catalysis, reactor design 
and product purification has been given in a recent review by 
the authors.[4] Industrial low pressure synthesis of methanol is 
operated between 200 and 300 °C, determined by the activity of 
the applied copper catalysts and limited by the catalysts thermal 

stability. Methanol is formed in two equilibrium reactions given 
in Equations (1) and (2).



�CO 3H CH OH H O H 49.4 kJmol2 2 3 2 R
1+ + ∆ = − − 	 (1)



�CO 2H CH OH H 90.6 kJmol2 3 R
1+ ∆ = − − 	 (2)

In addition, since CO2 and H2 are present the reverse water 
gas shift reaction (rWGS) in Equation  3 has to be taken into 
account.



�CO H CO H O H 41.2kJmol2 2 2 R
1+ + ∆ = − 	 (3)

Both synthesis reactions are exothermic and involve a 
volume reduction. Thus, according to Le Chatelier’s principle 
the synthesis of methanol is favored by low temperatures and 
high pressures. Even though methanol production is a mature 
process, the maximum per-pass conversion is still a challenge 
due to the chemical equilibrium. It is theoretically limited to 
around 25%, whereas only 4–14% are achieved under real con-
ditions.[3] To overcome the conversion limitation, high recycle 
rates are necessary. In order to achieve an almost complete 
carbon conversion rate (typically 93–98%), the recycle to pro-
cess feed gas ratio must reach values between 3 to 5.[4] However, 
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Figure 1.  Approach taken in this work to determine performance as well as cost targets for membranes used for methanol synthesis.
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high recycle ratios go along with larger unit operations, that is, 
larger reactor, compressors and separators, hence resulting in 
higher investment costs.

1.2. Current Research on Membrane Reactors for 
Methanol Synthesis

MRs for methanol synthesis have been considered for more 
than a decade. For example, Struis et  al. proved that MRs 
can improve the reactant conversion and methanol yield in 
their experiments in the 1990s.[5] In general, polymer, carbon, 
and zeolite membranes have been considered for methanol 
synthesis.[6] However, polymeric membranes have not been 
investigated further because of their low temperature stability 
and carbon membranes are still in early development. Con-
sequently, inorganic zeolite membranes are seen as the most 
promising option for methanol synthesis reactors.[7]

Membranes and MR concepts for methanol synthesis 
have been investigated experimentally as well as simulatively.  
Gallucci et  al. investigated an A-type zeolite MR to increase 
CO2 conversion. They reported an increase from 2.7% to 8.7% 
for the single pass conversion of CO2. A similar investigation 
has been conducted by Gorbe et al. who saw promising water 
separation factors up to 240 °C.[8] Sawamura et al. evaluated the 
water-methanol-hydrogen separation properties of a mordernite 
membrane at temperatures as high as 250 °C.[9] Li et al. recently 
investigated zeolite membranes made of water-conducting  
nanochannels that allow highly selective water removal within 
the reactor.[10] Their results show an increase of the methanol 
yield to 39.8% compared to 14% in the conventional reactor.
Table  1 gives a short overview of currently achievable  

permeances for zeolite membranes in literature. Highest water 
permeance is around 1 × 10−6 mol m2 s−1 Pa−1), while highest 
methanol permeance is an order of magnitude lower between  
1 × 10−7–210−7 mol m2 s−1 Pa−1.

The experimental results have been confirmed by simulative 
studies that agree in the potential of MRs to improve conversion 
and methanol yield.[14,15] Atsonius et  al. compared the effects 
of pure in situ water removal and pure methanol removal in 
the MR by using a cascade of equilibrium reactor models and  
separator models to mimic the membrane separation.[16] In 
both cases significant improvements in the methanol yield were 
observed while their techno-economic assessment indicated 
that due to the high hydrogen costs the renewable synthesis 
of methanol remains not commercially viable. Hamedi and  
Brinkmann proposed a 1D MR model in Aspen Custom Mod-
eler and apply it for CO2 hydrogenation to methanol in combi-
nation with Aspen Hysys. Their results show a higher improve-
ment for nonadiabatic operation than adiabatic operation 
compared to the conventional synthesis.[17] The model was also 
used in an additional work where the influence of the permse-
lectivity of H2O/H2 on the overall performance of the methanol 
synthesis is investigated.[6]

In summary, while similar modeling approaches exist in  
literature[6,14,17] they typically assume specific membrane prop-
erties and investigate the influence of process parameters as 
well as process design on the overall performance. Within this 
study, we try instead to close the gap between experimental 

work on membrane development and process design. By vari-
ation of the membrane permeances and analysis of different 
MR synthesis loop configurations, we are able to identify per-
formance targets for membrane development. Furthermore, in 
combining this analysis with an economic assessment we are 
able to identify cost targets for the membrane that give a good 
indication for process engineers when membrane reactor appli-
cation in methanol synthesis is economically viable.

1.3. Separation Mechanisms within Zeolite Membranes

Separation of species across zeolite membranes can be 
achieved by different kind of mechanisms. In general, trans-
port through inorganic porous membranes are determined by 
three simultaneous permeation mechanisms: by gaseous dif-
fusion through pores or defects considerably larger than the 
molecular diameter, by affinity of the permeating species to 
the membrane material and by mobility or surface diffusion of 
adsorbed species in the pore network.[13,18] H2O has a smaller 
kinetic diameter (0.265 nm) compared to H2 (0.289 nm), and 
thus separation can technically be achieved by molecular 
sieving alone.[17,18] The bigger molecular diameter of methanol  
(0.390 nm) does not allow for this mechanism. For methanol, 
adsorption with resulting surface diffusion seems to be the 
decisive mechanism for separation across the membrane.[18] 
In this instance, the critical point of methanol at 239.4 °C and 
80.8 bar plays an important role for the behavior of methanol 
as vapor or as gas. Above the critical point, methanol is present  
as gas and shows little to no adsorption at the membrane walls. 
Due to surface tension, vapor has the ability to adsorb and con-
dense in small capillaries at partial pressures far away from 
saturation pressure as a free liquid.[18,19] The critical point of 
H2O at 374.1 °C and 221 bar assures the presence of H2O vapor 
in the operating range of methanol reactors.[20] These circum-
stances make the choice of operating conditions crucial in MRs 
for methanol synthesis. In literature, this effect is observed 
by a maximum methanol conversion in experimental tests 
at around 240 °C.[8,20,21] Thus, when diffusion of methanol is  
modeled, temperature and pressure in the reactor should 
not exceed 240 °C and 80 bar, respectively. For H2O and H2  
diffusion, the temperatures and pressures can be higher.

2. Experimental Section

2.1. Process Modeling and Configurations

In order to obtain current benchmark values for a techno  
economic analysis of methanol synthesis, a process model of a 
traditional methanol synthesis (TR) was investigated in Aspen 
Plus. The process setup was then changed to enable operation 
using a MR membrane reactor. The resulting synthesis loop 
is depicted in Figure  2. It included a sweep gas recycle loop 
in addition to the feed gas recycle, which is also available in 
the TR process (see Section A1, Supporting Information). The 
scale of the plant was set to a N CO

in
2  of 100 kmol h−1 for both 

MR and TR processes and the H2 inlet was adapted according 
to the N N /H

in
CO
in

2 2  ratio. In this way a comparison between the 
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different operating conditions and process setups can be done. 
For a N N /H

in
CO
in

2 2  ratio of 3.05 this related to a H2 inlet stream of 
≈20 MW for the lower heating value. While this was far below 
current state-of-the-art MegaMethanol processes[4] this scale 
had deliberately been chosen as large scale considering current 
renewable methanol plants and the lower technology readiness 
of MRs.

In general, two different routes were conceivable: for high 
separation and permeation across the membrane, a once-
through process of the feed gas might be viable, while the 
sweep gas was circulated. For moderate separation and permea-
tion, the feed gas recycle cannot be omitted. To achieve high 
methanol yield in a once-through process, preliminary studies 
conducted for this work have shown necessary permeances 
of H2O and CH3OH in the order of 1 × 10−5 mol m2 s−1 Pa−1, 
which was far from currently achievable values[7,9,11] and thus 
the process was not further considered in this work.

The sweep gas was either recycled at atmospheric pressure 
(MR ATM) or compressed (MR COMP) to the same pressure 
as the feed gas. In this case, there was no absolute pressure 
difference of retentate and permeate side, which favored 
membrane stability and minimized hydrogen diffusion.[8] Still, 
partial pressure difference was much smaller compared to an 
atmospheric sweep. This had a negative effect on permeation. 
Li et al.[10] performed experiments with vacuum at the permeate 
side of their supported (Na+)-gated water conducting mem-

brane. By using vacuum they found that the sweep gas cycle 
can be omitted. In this case, no partial pressure of product 
gases arose at the permeate side, which favored diffusion 
across the membrane. Still, their experiments were conducted 
in laboratory scale and the implementation of vacuum on the 
permeate side for industrial processes needed further investiga-
tion. Especially membrane stability for high pressure difference 
can cause problems because small defects amplify hydrogen 
diffusion, which can make the use of membranes obsolete.[8,20]

Assuming hydrogen diffusion is not completely avoidable, 
recycle of the sweep gas led to an inevitable increase of 
hydrogen in the sweep gas recycle. Hence, hydrogen was 
selected as sweep gas. For both feed and sweep gas cycle  
1 mol% was purged to avoid accumulation of inert species. For 
the compressed sweep process, H2 as sweep gas led to a higher 
H2 partial pressure on the permeate side and hence diffusion 
from the permeate side to the retentate side. A fresh sweep gas 
stream was added according to a specified sweep-to-feed-ratio 
N N /S F at the reactor inlet. To account for pressure loss in the 
equipment, like heat exchangers and seperators, the overall 
pressure drop for both gas streams was assumed as 5%. The 
reactor was modeled in Python and connected to a USER2 block 
in Aspen Plus using a Fortran interface. A detailed description 
of the linkage procedure has been given by Dossow et al.[22]

For energetic comparison between the different cases, the 
energy efficiency ηLHV of the process with regard to the lower 
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Table 1.  Overview of achievable permeances of zeolite membranes.

Reference T p H2O:CH3OH:H2 Zeolite PH O2
PCH OH3

PH2

[°C] [bar] [%] [ molm s Pa2 1 1− − ] [ molm s Pa2 1 1− − ] [ molm s Pa2 1 1− − ]

Sato et al. [11] 130 10 3:26:71 FAU 5.5 × 10−7 2.1 × 10−7 1.5 × 10−9

130 30 3:26:71 4.5 × 10−7 1.0 × 10−7 3.0 × 10−9

130 50 3:26:71 4.0 × 10−7 1.1 × 10−7 4.0 × 10−9

180 10 3:26:71 6.0 × 10−7 2.0 × 10−7 2.1 × 10−8

180 30 3:26:71 3.4 × 10−7 1.5 × 10−7 6.2 × 10−8

180 50 3:26:71 2.1 × 10−7 1.1 × 10−7 2.1 × 10−8

180 10 17.5:17.5:65 5.6 × 10−7 1.5 × 10−7 3.8 × 10−9

180 30 17.5:17.5:65 9.7 × 10−7 1.3 × 10−7 6.6 × 10−9

180 50 17.5:17.5:65 2.1 × 10−7 2.3 × 10−7 3.7 × 10−9

Sawamura et al. [9] 150 7 53:14:33 MOR 1.0 × 10−8 1.0 × 10−10 9.0 × 10−11

200 7 53:14:33 1.5 × 10−8 1.5 × 10−10 2.0 × 10−10

250 7 53:14:33 2.0 × 10−8 2.0 × 10−10 3.0 × 10−10

150 1 10:80:10 6.0 × 10−8 – –

200 1 10:80:10 7.1 × 10−8 – –

Raso et al. [12] 200 – Reaction involved Type A 3.5 × 10−8 1.0 × 10−9 4.0 × 10−9

220 – Reaction involved 6.0 × 10−8 3.0 × 10−9 5.5 × 10−9

240 – Reaction involved 8.5 × 10−8 3.0 × 10−9 5.0 × 10−9

Seshimo et al. [7] 125 40 10:90:0 LTA 9.0 × 10−7 2.0 × 10−9 –

200 40 10:90:0 9.0 × 10−7 2.0 × 10−8 –

125 40 10:90:0 Si-rich 1.0 × 10−6 3.0 × 10−10 –

200 40 10:90:0 LTA 1.0 × 10−6 1.0 × 10−9 –

Rohde et al. [13] 150 5 H-SOD 1.0 × 10−6 – 1.0 × 10−12
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heating value was used (see Equation  4). For total conversion 
of CO2 into methanol in a stoichiometric reaction without 
considering the compressor power consumption, the resulting 
efficiency is ηLVH, stoich = 0.8814.

H N

H N w
i

i





·

·
LHV

,CH OH CH OH
out

,H H
in

comp,tot

3 3

2 2

η =
+

	 (4)

2.2. Membrane Reactor Model

A nonadiabatic co-current tube bundle reactor model in Python 
was used to describe reactions in the feed gas with simulta-
neous permeation of species across the membrane. The differ-
ential equations  were solved by the ivp_solve function of the 
scipy integrate package. The function numerically integrated 
a system of ordinary differential equations  depending on the 
selected method. An implicit multi-step variable-order (1–5) 
backward differentiation formula (BDF) method was chosen for 
the derivative approximation. Figure 3 illustrates the structure 
and mathematical model of the reactor. The reactor consisted of 
multiple steel tubes nT of diameter do with built-in membrane 
tubes of diameter di. For di = 0 the reactor model operated as 
a traditional reactor (TR). The membrane as well as the steel 
tube thickness was not considered in the model instead it was 
assumed that both were able to fulfill the stability requirements 
and the respective Utube, Umem, and jP  values. The reaction 
took place on the feed (retentate) side. The sweep (permeate) 
side was used to withdraw permeated species from the reaction 
zone. The emerging heat during the exothermic reaction was 
cooled by the sweep gas and an outer cooling fluid. Since heat 
transfer across inorganic membranes tends to be small,[14,17] 
most heat had to be removed by the external cooling fluid. For 
the model boiling water at the desired reactor temperature 

was taken as cooling fluid similar to state-of-the art steam 
raising reactors.

Besides the assumptions of a plug flow reactor, namely: 
steady state condition, no radial gradients of temperature and 
concentration, and negligible axial diffusion. Further presump-
tions were assumed for the reactor behavior: a 1D flow for feed 
and sweep gas, feed flow at outer side of membrane, and reac-
tion only occurring at catalyst site.

Figure 3 shows a longitudinal cut across one of the reactor 
tubes with applied differential equation terms. The set of equa-
tion  (see Equations  (5)–(8)) describes the mass and energy 
balance. The pressure drop across the reaction (fixed bed) 
and permeation side was calculated by the equation  of Ergun 
(see Equation  9) and Darcy–Weisbach (see Equation  10), 
respectively. For the friction factor ξpipe the Colebrook–White  
equation was used.

N x

x
N N A r p p d nj

j j

k

k j k j j j i



  P
d

d
d d · · · · · · ·

F

reac, diff , cat
F

3

,
F S

T∑ρ ν π( )( )
= − = − − 	

	
(5)

N x

x
N p p d nj

j j j j i



 P
d

d
d · · · ·

S

diff ,
F S

Tπ( )( )
= = − 	 (6)
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
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·

· · · ·

·
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F
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T
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F

,mix
F

H O,CH OH,H
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F S

2 3 2

∑

∑

ρ π

π ( )

( )

( )

( ) = −
−

−
−

− −

	 (7)

T x

x

U T T d n

N c
N h h

i

p j

j j j


d

d
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·
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S
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S F
T
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Adv. Sustainable Syst. 2022, 6, 2200254

Figure 2.  Flowsheet of the atmospheric (MR ATM) and pressurized (MR COMP) membrane methanol synthesis loop.
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o i
mix 0
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	 (10)

Emerging products of the reactions N j
d reac,  were described by 

reaction rates rk taken from literature.[23] A detailed explana-
tion of the implemented reaction kinetic model is given in Sec-
tion  2.3. Diffusion N j

d diff ,  was modeled by a linear function 
of the species partial pressure difference across the membrane 
area with the species local permeance jP  as a constant (see 
Equation 6). Only diffusion of H2O, CH3OH, and H2 is consid-
ered, while CO and CO2 diffusion was neglected.

As CO2-hydrogenation was an exothermic reaction, heat 
was generated in the form of reaction enthalpies hr, k. Species 
transported energy in form of their specific enthalpy hj across 
the membrane. Hence, the energy balance took specific enthal-
pies of crossing species between reaction and permeation zone 
h hj j

F S−  into account. The reaction zone was in thermal contact 
with the sweep gas side and the cooling water. Corresponding 
heat transfer coefficients were Umem and Utube, respectively.[14,17] 
Additional work for correct modeling of heat transfer at reac-
tion condition across zeolite membranes was necessary.

Thermophysical mixture properties of the feed and sweep 
gas, such as heat capacity cp, mix, enthalpy hj, density ρmix, molar 
volume vmix, and viscosity νmix were obtained by the open-
source tool Cantera.[24] The areas AF andAS, empty tube veloci-
ties u and u0

F
0
S  and the Reynolds particle number Rep were cal-

culated according to Equations (11)–(13) respectively.

A
d d

A
d

4
·

4
·

F o
2

i
2

S i
2

π

π

= −

=
	 (11)

u
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A
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A





·

·

0
F

F
mix
F

F

0
S

S
mix
S

S

=

=
	 (12)

u d
p

pRe
· ·0

F
mix
F

mix
F

ρ
ν

= 	 (13)

In order to get a comprehensive understanding of the 
behavior of the synthesis loop with and without MR, a total of 
nine process parameters were investigated, that is, temperature 
of the cooling agent TCW, pressure of feed pF, gas hourly space 
velocity (GHSV), permeances of H2O, CH3OH, and H2 ( jP ), 
the membrane diameter di, sweep to feed gas ratio ( N N /S F ), 
and H2 to CO2 ratio of the process inlet streams ( N N /H

in
CO
in

2 2
). 

An overview of the value ranges is given in Table 2. In order 
to determine the influence of different model parameters on 
the processes, they were varied relative to a “base case.” The 
base case parameter are marked bold in Table  2. All constant 
model parameters are given in Section  A2, Supporting Infor-
mation. The model took a given GHSV as input and calculated 
the necessary number of tubes nT as an output parameter. This 
value was used to obtain investment costs in dependence of 
the reactor volume. The MR dimensions were oriented on the 
conventional reactor to allow a direct comparison and focus on 
the membrane properties and costs. This was only a theoretical 
assumption and manufacturing of a 10 m long membrane was 
unlikely to be viable. In reality, similar to commercial reactors 
for a conventional synthesis, which are not designed as simple 
tube reactors,[4] a much more rigorous approach would be  
necessary for the reactor design. The reactor could be splitted 
in 5 × 2 meter membrane sections. Since the 1D model was 
not affected by such a design and the focus lies on economic 
comparison, the reactor length was assumed the same as in the 
conventional reactor.

GHSV described the volumetric flow rate at standard condi-
tion per catalyst volume and is defined in Equation 14.

Adv. Sustainable Syst. 2022, 6, 2200254

Figure 3.  Schematics of MR model.
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2.3. Reaction Kinetics

Literature offered numerous kinetic models for methanol syn-
thesis.[23,25–27] Recently, Nestler et al. conducted a critical assess-
ment of existing kinetic rate models for the methanol synthesis 
and introduced a new kinetic model.[23] Their model considered 
only direct CO2-hydrogenation and used fugacities to account 
for nonideality. Since the model covered a larger range of 
operating conditions and was validated by numerous experi-
mental data sets, the kinetic model by Nestler et  al. was used 
in this work.

Equation  15 describes the CO2-hydrogenation and  
Equation  16 describes the rWGS reaction. Byproduct forma-
tion, for example, CH4 or C2H5OH, was not considered because 
for CO2-based methanol synthesis usually less than 0.1 wt% of 
byproducts excluding water is formed.[4] Consequently, their 
influence on membrane performance for methanol synthesis 
was neglected.

r
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Reaction rate constants (ki & Ki) are given in Section  A3, 
Supporting Information. Mixture fugacity coefficients were  

calculated by Aspen Plus using the Soave–Redlich–Kwong 
equation  of state (RK-SOAVE) property method. The equilib-
rium terms EQ1 and EQ3 are given in Equations (17) and (18).
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= − 	 (17)
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·
3

CO H O

CO H eq,3

2

2 2

= − 	 (18)

The related equilibrium constants were taken from the 
reassessed chemical equilibria by Graaf et  al.[28] (see Equa-
tions (19)–(21)). The respective polynomial parameter are given 
in Section A3, Supporting Information.

K K K·eq,1 eq,2 eq,3= 	 (19)
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2.4. Economic Assessment

For the economic assessment a simplified approach was chosen 
based on established cost estimation methods for chemical 
processes.[29–31] Instead of focusing on a comparison of total 
production cost for methanol between the conventional and 
membrane processes, the specific membrane costs cmem were 
determined according to Equation 22.

c
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∀ >
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	 (22)
To offer an economic benefit the membrane costs must be 
lower or equal to the difference in equipment costs for the  
conventional process CE, TR and membrane process CE,MR

∗  and 
the difference in variable costs of both processes CVar, TR and 
CVar, TR. Assuming the reactor configuration discussed in Sec-
tion  2.2 the MR costs were approximated as the sum of the 
equivalently sized conventional reactor and the additional 
membrane costs. Therefore, CE,MP

∗  included all process units 
as well as the equivalently sized conventional reactor without 
the membrane.

The equipment costs were divided by the respective carbon 
conversion efficiencies ηC, TR and ηC, MR (see Equation  23) to 
account for differences in the methanol yield. To determine the 
specific membrane costs cmem, the cost difference was divided 
by the necessary membrane surface Amem and the number of 
membrane replacements, which ws given by the ratio of the 
plant lifetime τplant to the membrane lifetime τmem.

N
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CH OH
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Table 2.  Variable and constant model parameters with their respective 
values, assumptions for the “base case” marked in bold.

Parameter Unit Values

Variable parameters

TCW °C 220, 230, 240, 250

pF bar 30, 50, 70

GHSV h−1 5000, 10 ~000, 15~ 000, 20 
~000, 25 ~ 000

di m 0.02, 0.03, 0.04, 0.05

PH O2 molm s Pa2 1 1− − 0, 1 × 10−8, 1 × 10−7, 1 × 
10−6, 1 × 10−5

PCH OH3 molm s Pa2 1 1− − 0, 1 × 10−8, 1 × 10−7, 1 × 
10−6, 1 × 10−5

PH2 molm s Pa2 1 1− − 1 × 10−10, 1 × 10−9, 1 × 10−8, 
1 × 10−7

PCO molm s Pa2 1 1− − 0

PCO2 molm s Pa2 1 1− − 0





H
in

CO
in

2

2

N

N

- 2.9, 3, 3.05, 3.2





S

F
N
N

− 0.1, 0.5, 1, 2, 3
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For standard equipment cost, correlations from Towler 
et  al.[31] were used. The cost for the conventional methanol 
reactor were based on van Dijk[32] and scaled with the reactor 
volume. The year 2020 was selected as the reference year and 
all cost data was updated using the Chemical Engineering 
Plant Cost Index (CEPCI)[33] and converted to € using the 
average annual exchange rate of 2020. All other variable costs 
were estimated using the factors proposed by Peters et  al.[29]. 
A plant lifetime of 20 years was assumed and operation of  
8000 h a−1. A more detailed description of the cost estimation as 
well as all further boundary conditions is given in Section A4, 
Supporting Information.

3. Results and Discussion

3.1. Technical Performance of Membrane Processes 
Compared to Conventional Process

In general, the MR processes show similar behavior compared to 
the conventional process (TR). Higher pressures result in a more 
favorable reaction equilibrium conversion consequently improving 
the methanol yield. The membrane processes reach a maximum 
methanol yield of (98.9%) at 230 °C cooling temperature, whereas 
the conventional process achieves highest yields (95.5%) at 240 °C. 
Energetic efficiency ηLHV is roughly 3% higher for both MR base 
cases compared to the TR base case ( 0.753LHV

TRη = ). When the 
recycled sweep is at the same pressure as the feed (MR COMP), 
higher sweep flow rates are necessary to achieve good permeation. 
Hence, the total recycle flow rate ( N Nrecy

F
recy
S+ ) of the MR COMP 

process is 30% higher than the feed recycle flow rate of the tradi-
tional reactor ( N recy

F =  1560 kmol h−1). Due to higher partial pres-
sure difference and better permeation the total recycle flow rate of 
the atmospheric sweep process (MR ATM) is 40% reduced, com-
pared to TR.
Figure  4 shows the energy efficiency (A) as well as the 

number of tubes within the reactor (B) for varying GHSV and 
different pressures. For both membrane processes a higher 
energy efficiency is achieved compared to the TR at equal  

operating conditions. Higher GHSV lead to shorter residence 
time of the fluids in the reactor. Hence, conversion is decreased 
and lower partial pressures of products occur in the feed gas. 
This leads to reduced diffusion across the membrane, which 
in turn results in a lower increase in conversion as products 
are not swept away equally. Consequently, more unreacted 
gases must be recycled reducing the overall energy efficiency. 
However, Figure  4 shows that the drop in energy efficiency is 
still lower for the MR cases with increasing GHSV compared 
to the TR, in particular at lower pressures. Further the energy 
efficiency and the methanol yield are directly related and 
the relationship for different water permeances is shown in  
Section A.5, Supporting Information.

Increasing the GHSV is equal to reducing the reactor 
volume or number of reactor tubes for a given feed inlet 
stream. As a consequence improving the energy efficiency by 
reducing the GHSV results in a much higher number of tubes 
within the reactor causing higher investment costs. As can be 
seen in Figure  4 this effect is not linear due to the complex  
interplay between the conversion within the reactor, the  
permeation of the products and the recycle. The TR and MR 
ATM show a similar decrease in the number of reactor tubes 
for increasing GHSV (B) while the TR being slightly smaller 
for the same operating conditions. In contrast, MR COMP sees 
a steeper decrease in the number of tubes for lower GHSV and 
approaches the MR ATM for high GHSVs.

With respect to temperatures within the reaction zone, 
the permeances have a strong influence on heat formation. 
Figure  5 shows the hotspot temperature for varying perme-
ances of water and methanol. All other values are kept at the 
base case conditions. It illustrates the increase in hotspot tem-
perature at the retentate side for improving permeances. This 
is due to the higher conversion, which emits more reaction 
heat. This effect is more pronounced for increasing methanol 
permeances. The reason is that the removal of methanol nearly 
exclusively benefits the exothermic CO2- and CO-hydrogenation 
reactions (see Equations  (1) and (2)), while water removal also 
benefits the endothermic revers water–gas shift reaction (see 
Equation 3) and has no impact on CO-hydrogenation. Figure 5 

Adv. Sustainable Syst. 2022, 6, 2200254

Figure 4.  A) Energy efficiency ηLHV and B) number of tubes nT over different GHSV with all other process parameters kept at base case conditions 
(see Table 2).
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points out that permeance improvements of the membrane 
must also be considered in the reactor design in particular with 
regard to the heat removal. Further, it illustrates the necessity 
for good thermal stability of the membrane also considering 
hot catalyst particles in direct contact with the membrane. 
The effect of local hot spot temperatures above 240 °C on the 
permeance of methanol needs further investigation, especially 
under reaction conditions.

MR COMP and MR ATM show different behavior for 
increasing permeances of H2. For MR ATM the methanol yield 
steadily declines with a higher PH2  (see Figure 6). When more 
of H2 is permeating from the feed gas to the sweep gas side, the 
reaction zone is low in H2 content and the reactions are inhib-
ited. This effect also occurs once the membrane is damaged 
and small defects are formed. These defects enhance H2 dif-
fusion until the membrane effect is obsolete. For PH2

 larger 
than 1 × 10−9 mol m2 s−1 Pa−1 the methanol yield sharply drops 
and process operation becomes unsustainable. Further, the 
reduction in methanol yield reduces the energy efficiency of the 
overall process. Therefore, PH2

 is a critical parameter in mem-
brane development for MR ATM processes that must remain 
below 1 × 10−9 mol m2 s−1 Pa−1 during the entire lifetime of 
the membrane.

Once the sweep gas is compressed to the same pressure as 
the feed in the MR COMP case, the partial pressure difference 
of each species between retentate and permeate side is defined 
by the molar fraction of each species. H2 as sweep gas means 
that the partial pressure of H2 is higher on the permeate side 
and hence diffusion of H2 occurs from the permeate side to the 
retentate side. This circumstance leads to a more stable process 

operation if high H2 permeances occur. The model predicts 
good methanol yield and ηLHV for PH2 <  1 × 10−8 mol m2 s−1 Pa−1.  
For higher permeances the H2 diffusion to the feed gas 
side gets too high and the rise of feed gas recycle leads to a  
divergence of the Aspen Plus model.

3.2. Economic Performance of Membrane Reactor Processes

Figure 7 shows the maximum specific membrane costs in the 
MR ATM case for varying pairs of methanol and water perme-
ances (A) and the respective methanol yields (B) assuming a 
membrane lifetime of τmem  = 2a. 2 years of membrane life-
time are chosen because this is equal to the catalyst lifetime 
and would allow the change of catalyst and membrane in the 
same frequency. Negative specific membrane costs can be 
viewed as the cases in which the MR ATM process is already 
more expensive than the TR process without considering 
the membrane costs. However, because negative membrane 
costs do not occur in reality, this region is just shown in red 
as not viable in Figure  7. Hence, for water permeances below 
1 × 10−7 mol m2 s−1 Pa−1 together with methanol permeances 
below 1 × 10−6 mol m2 s−1 Pa−1 no economic benefit can be 
achieved. Considering all economic results maximum specific 
membrane costs should be in the magnitude of 1000 € m−2  
for a lifetime of 2 years. Typical zeolite membranes costs are 
estimated around 2000 $ m−2.[34–37] Therefore, this would 
mean a cost reduction of about 50% with significantly higher 
requirements regarding thermal and pressure stability as well 
as lifetime.

Overall the water permeance has a larger influence on the 
process economics. Consequently, even at very low methanol  
permeances or no methanol permeation at all, the MR ATM 
process can offer an economic benefit given sufficiently high 

Adv. Sustainable Syst. 2022, 6, 2200254

Figure 5.  Increase in hot spot temperature THS (maximum temperature 
within the catalyst bed) in °C over improving permeances of H2O and 
CH3OH with all other process parameters kept at base case conditions 
(see Table 2).

Figure 6.  Methanol yield over different PH2 with all other process para
meters kept at base case conditions (see Table 2).
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water permeances. With regard to the sharp drop in the 
maximum specific membrane costs for water permeances below  
5 × 10−7 mol m2 s−1 Pa−1), this seems like an important target 
for membrane development and should be achieved over the 
entire membrane lifetime. Further, 5 × 10−7 mol m2 s−1 Pa−1 for 
both methanol and water permeances is also a critical point for 
the economic benefit of the MR ATM process because reducing 
either one of the permeances results in much lower maximum 
specific membrane costs. As can be seen from Figure 7B this is 
due to the reduction of the methanol yield below 99%, which 
results in larger recycle streams and an increased purge of 
unconverted hydrogen. On the opposite, improving one of the 
permeances even by an order of magnitude has less effect on 
the maximum specific membrane costs above this critical point 
because the methanol yield over the entire process loop already 
achieves 99% and is mainly limited by the purge gases. In prac-
tical terms a more compact reactor design might be achievable 
for these permeances with reduced reactor length or diameters. 
Considering the currently more theoretical nature of these very 
high methanol and water permeances this has not been consid-
ered more thoroughly in this work.

Regarding the MR COMP case a similar analysis of the 
results shows that no economic benefit over the entire range 
of the investigated permeances is achieved (see Section  A3, 
Supporting Information). This is due to the increased process 
complexity in comparison to the TR process with the additional 
compressed sweep recycle. Further, even for large methanol 
and water permeances the benefit of the MR is limited due to 
the none existent pressure difference between the retentate and 
permeate side resulting in small partial pressure differences as 
driving force of the membrane diffusion.

To identify which variables have the highest impact on the 
maximum specific membrane costs a sensitivity analysis has 
been conducted. Membrane lifetime, electricity costs, H2 
costs and CO2 costs have been varied. Figure  8A,B show the 
results for MR ATM at base case operation. Each variable has 
been varied one a time from 25% its original value (which is 
shown as 100% in Figure  8) to 300% while keeping the other 
values constant. As expected, the membrane lifetime has the 

largest impact overall. Increasing the membrane lifetime 
directly affects how often the membrane must be exchanged 
over the plants lifetime and is therefore the most important 
lever to improve the economics of the membrane processes. 
The CO2 cost have little impact on the total production costs 
of the methanol in general and also on the economics of the 
membrane processes. Although costs for CO2 emissions, that 
is, in the purge gas, have not been considered in this work. 
Increasing electricity cost improves the economic benefit of 
the MR ATM case slightly compared to the TR case due to 
the improved energy efficiency discussed in Section  3.1. The 
hydrogen cost, however, have the opposite effect due to the 
additional hydrogen consumption in the sweep cycle of the MR 
ATM process. Nevertheless, both effects are minor compared 
to improvements in the membrane lifetime, so for power-to-X 
processes where the hydrogen costs are directly linked to elec-
tricity costs it seems uncertain if higher electricity costs make 
the MR ATM process more beneficial in this case. Instead it 
will depend on the efficiency of the realized process plant.

In conclusion, the low impact of variable cost changes on the 
maximum specific membrane costs suggests that an economic 
benefit of the MR process is mainly driven by the question 
if the MR process offers enough advantages in conversion  
efficiency compared to the difference in investment costs.

4. Conclusion

In this work, the potential for process improvements with MRs 
has been investigated for the renewable methanol synthesis 
from H2 and CO2. By coupling a 1D MR Python model with an 
Aspen Plus simulation of the synthesis loop, a techno-economic 
assessment was conducted and maximum specific membrane 
costs were determined. Two cases were considered: A first case 
where feed and sweep recycle are operated at the same pressure 
and a second case where the sweep recycle operates at atmos-
pheric pressure. For both cases, advantages in energy efficiency 
and methanol yield were observed over the entire range of 
investigated methanol and water permeances.

Adv. Sustainable Syst. 2022, 6, 2200254

Figure 7.  A) Maximum specific membrane costs in € m−2 and B) methanol yield in % for MR ATM over different PH O2
 and PCH OH3  for τmem = 2a with 

all other process parameters kept at base case conditions (see Table 2).
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Further, in case of the pressurized sweep recycle, hydrogen 
permeation was not an issue. Nevertheless, the economic evalu-
ation has shown that in this case no economic benefit can be 
achieved compared to a traditional methanol recycle loop. 
This is due to the higher process complexity with two recycles, 
that is, feed and sweep recycle, and a limited membrane per-
formance caused by the equal pressures on the retentate and 
permeate side.

As a consequence membrane development must focus on 
material properties that allow an operation with an atmos-
pheric sweep. First and foremost this requires a high pressure  
stability of the membrane, in particular with regard to the 
pressure differences of 50–100 bar between retentate and per-
meate side, which are typical operating pressures for methanol  
synthesis. Additionally, our results suggest that increasing 
water and methanol permeances also cause rising hot spot 
temperatures within the reactor. Therefore, those membrane 
improvements might cause challenges in reactor design in  
particular regarding the connection between the membrane 
and the membrane housing.

Furthermore, a low hydrogen permeance is critical in the 
case of an atmospheric sweep cycle and should be kept below 
1 × 10−9 mol m2 s−1 Pa−1 to achieve sufficient methanol yields. 
The water permeance can be seen as more influential than the 
methanol permeance. Values larger than 5 × 10−7 mol m2 s−1 Pa−1  
should be the target. Even membranes with no methanol  
permeation might offer economic benefits if a sufficiently 
high water permeance is achieved. Provided that such a highly 
selective membrane can be manufactured, process configura-
tions might become feasible where no additional methanol 
purification is necessary. Hence, fuel grade methanol might 
directly be separated in the feed recycle loop. The technical and 
economic benefits of such a configuration, however, require 
further research.

As a starting point for further discussions, and considering 
the similar characteristics of other renewable fuel synthesis 
(e.g.,  methane, dimethyl ether, or Fischer–Tropsch fuels), it 
is likely that a compressed sweep recycle will always limit the 
economic benefit of a MR process. Therefore, pressure stability 

will play a key role for such membrane reactor applications. 
However, an atmospheric sweep recycle might be more feasible 
for other renewable syntheses due to lower operating pressures 
compared to methanol synthesis (e.g.,  ≈20 bar for methane 
synthesis or ≈5 bar for dimethyl ether synthesis). As a con-
sequence, it might be beneficial to target those products first 
for commercial membrane reactor applications. In addition, it 
can be expected that membrane developments improving the 
in-situ removal of products in the reactor will always result in 
higher hot spot temperatures for exothermic reactions. There-
fore, these improvements must always be considered together 
with thermal stability of the membrane and heat removal 
within the reactor.
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