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Abstract: Poly(oxymethylene) dimethyl ether (OME) are a much-discussed and promising synthetic
and renewable fuel for reducing soot and, if produced as e-fuel, CO2 emissions. OME production is
generally based on the platform chemical methanol as an intermediate. Thus, the OME production
cost is strongly dependent on the methanol cost. This work investigates OME production from
methanol. Seven routes for providing methanolic formaldehyde solutions are conceptually designed
for the first time and simulated in a process simulator. They are coupled with a state-of-the-art OME
synthesis to evaluate the economics of the overall production chain from methanol to OME. For a
plant size of 100 kt/a, the average levelized product cost of OME is 79.08 EUR/t plus 1.31 times the
cost of methanol in EUR/t.

Keywords: methanolic formaldehyde solution; poly(oxymethylene) dimethyl ether (OME); techno-
economic analysis

1. Introduction

Polyoxymethylene dimethyl ethers (OMEn) are oligomers of structure CH3O(CH2O)nCH3
with chain length n. When OME3–5 are used as fuel, they suppress soot formation during
combustion in internal combustion engines [1–7]. They can be produced from synthesis gas
and methanol as either biofuel or Power-to-liquid (PtL) fuel. Thus, OME are promising and
much discussed renewable synthetic fuels for a future sustainable and clean mobility [8–10].
Their physicochemical properties have been intensively studied in recent years; including vapor
pressures [11,12], reaction kinetics [13,14], enthalpy model [1], and critical temperature [15].
Several insightful life cycle assessment (LCA) studies have shown OMEn’s reduction potential
for CO2 and local emissions [16–19]. Compared with the reference case of running a car on fossil
diesel, the use of OME3–5 also reduces NOx and soot emissions (43% and 25% respectively)
disproportionally to the amount of fuel replaced with OME as a blend component [5–7].

OME3–5 is generally produced only from methanol. Parts of the methanol are con-
verted to formaldehyde (FA), which is reacted with methanol to OME [20]. For the last step,
there are two main classes of processes: (a) production of methylal (OME1) or dimethyl
ether and subsequent reaction with a water-free formaldehyde source, e.g., monomeric FA
or trioxane [1,15,21,22], and (b) the direct synthesis from highly concentrated, methanolic
FA solutions of low water content [20]. The latter process class (b) is tolerant to the presence
of water (up to 0.1 g/g in the feed) [20] and generally requires fewer processing steps than
processes of class (a) [23]. On the downside, water has to be removed in the same process
in which OME is produced, which is challenging [20,22].

For any potential renewable fuel not yet on the market, studies on production cost are
highly relevant and revealing. Therefore several studies on the cost of OME production
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have been published. Schmitz et al. [24] calculated OME production cost for both routes
as a function of the methanol cost through a very rough estimation of production costs
based on analogies to refineries. However, they essentially neglected the challenging water
removal in the formaldehyde concentration and the cost of formaldehyde production.
Therefore, the results should be considered rather as a lower bound to the production cost.

Similarly, Burger and Hasse [25] reported the production cost of OME3–5 as a func-
tion of the methanol cost. However, they did not describe how the result was obtained.
Ouda et al. [26] report OME production cost of 805 EUR (converted from the original
value of 951 USD) per ton of OME3–5 at a small production capacity (35 kt per annum).
However, the production process is based on the direct dehydrogenation of methanol to
formaldehyde which is still fundamental research, and the cost estimate seems premature.
Mantei et al. [10] present a very detailed study that gives the cost of production for OME
from Power-to-X (PtX) hydrogen and CO2 for four routes. They report the production
cost of OME3–5 as a function of the costs of hydrogen and CO2. For the cost of hydro-
gen and CO2 of 4241 EUR/t and 309 EUR/t, respectively, they reported the OME cost
of 2382–2458 EUR/t. They concluded that ≥80% of the cost was related to raw material
cost and that the production cost of OME only slightly varied among the four studied
routes. Oyedun et al. [27] present production costs of 1.40–1.63 EUR/L (converted from the
original values 1.66–1.93 USD/L) for OME for fuel blending produced from biomass. They
use fixed raw material costs and a simplified OME production process for their assessment.
They conclude that OME yield, capital cost, and biomass cost significantly influence OME
cost and that the minimum OME cost can be obtained at a plant capacity of 4000 Mt/d [27].
Schemme et al. [28] present a study that gives the OME production cost when hydrogen is
used as raw material for three different hydrogen costs, they use idealized assumptions on
water removal in the formaldehyde concentration. For their base case of 4.6 EUR/kgH2 ,
they report manufacturing costs of 1.85 EUR/LDE for DME and 3.96 EUR/LDE for OME,
with the other investigated fuels ranging between the two [28].

All studies mentioned above have at least one of the following caveats: either they
are very coarse estimates under strongly simplifying assumptions, e.g., formaldehyde
production is essentially free of cost [24], or they report the cost depending on one single
raw material, e.g., Ptx hydrogen [10]. There is no study yet, that reports OME production
cost as a function of the methanol cost and plant size based on a detailed, and thus
meaningful, process model. Reporting OME production cost depending on the methanol
cost is advantageous over reporting it for several individual raw materials upstream of
methanol for the following reasons: First, there is an enormous market for methanol,
and the OME price will therefore be tied to the methanol price for the foreseeable future.
Second, the exclusion of the methanol production allows the flexible consideration of
varying sources for said methanol; it could stem from CO2 utilization, biomass, or fossil
resources, the results for OME production cost hold. Third, this system boundary allows
the assessment of a methanol production that is located somewhere where sustainable
energy is cheap, while the OME production can be located anywhere, e.g., near the market
for OME. In contrast to hydrogen or formaldehyde, methanol is liquid, stable, and easy
to transport.

The present work has the objective to provide a techno-economic analysis and derive
the OME cost as a function of a variable methanol cost. The costs of production for various
plant sizes are determined. Multiple routes for the production and concentration of FA
are analyzed and compared, including rather novel ones [29]. It is shown to what extent
these process improvements have an influence on the production cost. The investigated
processes are evaluated with process simulation, and heat integration is considered via
a steam cycle. Techno-economic analysis, based on Towler [30] and Peters [31] is used to
evaluate and report the capital and operational cost of all process steps.
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2. Methodology
2.1. Description of Processes
2.1.1. Overview

Figure 1 gives an overview of the considered value-added chain. Raw materials
are pure methanol, water, and air (21 vol% O2, 79 vol% N2). They are converted in
three process steps to OME: FA production, FA concentration/water removal, and OME
production. They enter the production at 25 ◦C. The intermediate product after the first
two steps, which is fed to the last step, is a liquid mixture of formaldehyde and methanol
(with a FA/ME mass ratio of 1.647 [13,20] and small amounts of water. This mixture
is herein referred to as OME feedstock. Its water content should be as low as possible
since water shifts the chemical equilibrium in the reactor to the educts and inhibits OME
formation [13]. To the best of our knowledge, there is currently no industrial process
to produce OME feedstock from methanol without producing large amounts of couple
products such as aqueous FA solutions. We collected ideas from the patent literature for
this task and conceptually designed 7 potential routes from methanol to OME feedstock
without major side products, which are assessed and compared; cf. red horizontal arrows
Figure 1. The routes differ in the combination of processes that are used for the steps of FA
production and FA concentration/water removal. The combinations are comprised of seven
different chemical processes (roman numerals I-VII), which are described in more detail in
the next subchapters. One process might appear in several routes, e.g., processes I, II, III,
IV, and VII. Note that Route 7 is special in that respect that it contains the special process
VI, which combines the steps of FA production and FA concentration/water removal.

All side products and auxiliary materials (e.g., extracting agents) are preferably recov-
ered as pure components and recycled. For comparison, all routes are scaled to produce
the same mass flow rate of OME3–5.

Figure 1. Overview of all considered processes in this work. Processes are numbered as follows.
I: FA production that provides a 0.5 g/g FA–WA solution, herein the BASF process [32]. II: FA
production with incomplete conversion [33]. III/III*: Separation of FA solutions in a fast evaporator
or column [10,29] (Routes 1 and 1* differ only in the type of fast evaporation process, i.e., either III or
III*). IV: Pervaporation to remove water from FA solutions [34,35]. V: Extractive distillation of FA
solutions [36]. II’: FA production with incomplete conversion and fast condensation of water from
reactor product [37]. VI: Production of Methylal and separation of water, oxidation of MAL to FA
and following extractive distillation [38]. VII: OME production adopted from Schmitz et al. [20].
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2.1.2. Formaldehyde Production

Processes to produce FA solutions are established in the industry. Generally, methanol
is reacted with oxygen (in air) over silver or metal-oxide catalysts to FA, WA, H2, CO, and
CO2 [10,39].

ME +
1
2

O2
FA + WA (1)

ME
FA + H2 (2)

H2 +
1
2

O2
WA (3)

ME
CO + H2 (4)

CO +
1
2

O2
CO2 (5)

Two process types are distinguished: Process I yields complete ME conversion in one
pass through the reactor (e.g., Formox processes, off-gas recycle processes). The reactor
delivers a mixture of FA and WA with very little ME (0–2 wt%). Many such processes are
used in industry; herein, we chose the BASF process for producing a 0.5 g/g aqueous FA
solution as described in Ullmann’s Encyclopedia of Industrial Chemistry [32]. Process II
operates with incomplete ME conversion in one pass; here, the reactor delivers mixtures of
FA, ME, and WA with a distinctly higher FA/WA ratio than in process I [32]. In process
II, there is usually subsequent removal and recycling of ME from the reactor product
to achieve complete conversion of ME. However, this is not needed for our purpose.
Process II is appealing for the production of methanolic formaldehyde solution because the
reactor product already contains less water per unit of FA than in processes with complete
conversion. We use data from Vancells [33] for process II. In a variation of process II, process
II’, part of the reactor product is rapidly condensed to further reduce the water content [37].
In all state-of-the-art processes, FA is produced in a gas phase reactor and afterward
chemically absorbed in water or methanol. Thereby, formaldehyde reacts with water and
methanol to poly(oxymethylene) glycols (MGn, HO-(CH2O)n-H) and poly(oxymethylene)
hemiformals (HFn, HO-(CH2O)n-CH3), respectively, [40].

FA + WA
MG1 (6)

FA + MGn−1
MGn n > 1 (7)

FA + ME
HF1 (8)

FA + HFn−1
HFn n > 1 (9)

These reactions occur at a considerable rate even without the presence of catalysts,
resulting in a complex reactive phase behavior of FA solutions, which makes it challenging
to remove water and produce OME feedstock. It is, for example, not possible to use simple
distillation columns to remove large quantities of water [41].

2.1.3. Formaldehyde Concentration

In routes 1–6, water must be removed from the FA solutions provided by an FA process
of type I or II. Three different technologies are considered for this purpose. First, highly
concentrated FA solutions are typically produced in fall-film evaporators or thin-film evap-
orators [42–44]. This option is considered as Process III/III* in Figure 1. Process III has been
developed in our group [29] and combines thin-film evaporation with a distillation column
to recover FA and minimize FA losses. Process III* is a simpler scheme adopted from
Mantei et al. [10] to enable comparisons with their results. It uses two thin-film evaporators
in series without formaldehyde recovery. It has, therefore, FA losses of up to 8% in effluent
water [10]. Besides evaporation, we also consider two alternative technologies: Process IV
is a membrane separation of water from FA solutions; the chosen reference process employs
pervaporation [34,35]. Process V is based on the extractive distillation of aqueous FA solu-
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tions to obtain concentrated gaseous FA, which is dissolved in methanol subsequently [36].
We added a FA concentration column for formaldehyde recovery from the effluent water in
process V. In Route 7, Process VI combines FA production and concentration. FA is reacted
to methylal (MAL) before water is removed. MAL is then oxidized to FA, and pure gaseous
FA is obtained in subsequent extractive distillation [38]. The FA is then dissolved in ME to
obtain OME feedstock.

The main difference between the routes lies in the FA concentration/water removal
technology. However, the upstream FA production in Routes 1–6 also influences the
overall performance: It significantly influences carbon losses via the FA reactor’s selectivity.
Further, Route 1–7 lead to OME feedstock of different water content. This influences the
efficiency of the OME process, which was explicitly considered in the assessment.

2.1.4. Ome Production

The process presented by Schmitz et al. [20] is adopted without modification (Process VII).
Simulation data [20] and a demonstration plant exist [45]. The process converts OME feedstock
to OME3–5 and water over an acidic solid catalyst, ion exchange resin Amberlyst 46. OME are
formed from ME and FA and the respective HFn.

ME + HFn
OMEn + WA n ≥ 1 (10)

OMEn + FA
OMEn+1 n ≥ 1 (11)

The reactor effluent is separated in a direct distillation sequence in three fractions: (1)
light OME, ME, FA, WA; (2) product OME3–5; (3) heavy OME. Water is separated from (1)
using a pervaporation unit before it is recycled with fraction (3) to the reactor.

2.1.5. Detailed Descriptions

All processes and the basic apparatus designs are adopted from the corresponding
sources indicated in the caption of Figure 1. Process flow diagrams of all processes and de-
tailed descriptions are given in the Supplementary Materials. Consistent material balances
are derived from the simulations performed in the present work; the required information
is adopted from the original literature as described in the Supplementary Materials.

2.2. Process Simulation

The processes I–VII are simulated as steady-state processes in the software Aspen Plus
V8.8. Aspen Process Economic Analyzer is used for equipment sizing.

2.2.1. Property Model

For processes I–VII, we adopt an activity-based fluid phase equilibrium model for
the components FA, WA, ME, HF1–HF2 and MG1–MG2 from Kuhnert et al. [46]. For
thin-film evaporators, the reaction kinetics in the liquid phase are modeled as described by
Ott et al. [47]. For the noncondensable gases N2, O2, CO, CO2, H2, property data for vapor
pressures, enthalpies of formation in the gas phase, enthalpies of vaporization, ideal gas
heat capacities are adopted from the DIPPR database [48]. Gas solubilities are neglected for
these components. For process VII, we adopt the activity-based fluid phase equilibrium
and reactor model from Schmitz et al. [49], which is slightly different from the one used in
I–VI. Details are given in the Supplementary Materials. We have not found a consistent
enthalpy model for the given chemical system in the literature, so we set one up as follows.

Neglecting excess enthalpies, the enthalpy streams are calculated to

Ḣstream =
K

∑
i=1

ṁihi(Tstream). (12)

where K is the number of components in the stream, ṁi is the mass flow rate of the i-th
component and hi(Tstream) the specific enthalpy of the pure component i at the physical state
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of the stream. The specific enthalpies at temperature Tstream are normalized to the enthalpy
of formation h f

i (T
θ) in the gaseous state at standard temperature Tθ for gaseous streams:

hi(Tstream) = h f
i (T

θ) +
∫ Tstream

Tθ
cg

p,idT, (13)

and for liquid streams:

hi(Tstream) = h f
i (T

θ) +
∫ Tstream

Tθ
cg

p,idT − ∆hv,i(Tstream). (14)

The pressure dependence of the enthalpies is neglected. cl
p,i and cv

p,i are the isobaric,
specific heat capacities in the liquid and vapor phase, respectively. ∆hv,i denotes the
enthalpy of vaporization. The details on the used correlations for the mentioned quantities
are given in the Supplementary Materials.

2.2.2. Unit Modeling and Design

Heat duties of all units are derived from the process simulations performed in the
present work. The equipment cost calculation requires the respective cost determining
factors for each unit given in Table 1.

Table 1. Cost determining factors for each unit for the techno-economic analysis.

Unit Cost Determining Factors

Distillation columns, absorbers Column height and diameter,
Column internals: Trays/Packing

Reactors Heat duty, Catalyst mass
Heat exchangers, evaporators, condensers,
Thin-film-evaporators, Off-gas-burners Heat exchange area

Membrane units Membrane surface area

The units are modeled as follows:

• Distillation and absorption columns: All columns are simulated using the equilibrium
stage model, assuming physical equilibrium and chemical equilibrium considering
Reactions (6)–(9) on all stages. For distillation columns, the condenser (=total con-
denser) and reboiler are modeled with one additional stage, respectively. The pressure
drop along the column is neglected. If not given in the reference, the stage numbers
are chosen so that 1.2 times the minimum required reboiler heat duty is used. The
feed stage is found using the built-in feed stage optimization of Aspen Plus. The
remaining two degrees of freedom per column were fixed by the specification of top
and bottom product concentrations as given in the original source; the corresponding
concentrations are highlighted in the respective stream tables as bold (cf. Supplemen-
tary Materials). The extractive distillation columns in processes V and VI were not
modeled with an equilibrium stage model because of missing property data (for extrac-
tion agents). Instead, the minimum reflux ratio is calculated based on Underwood’s
Equation [50] and is used to estimate the approximate heat duties, cf. Supplementary
Materials. For these extractive distillation columns, height and diameter are adopted
from the original work. For all other columns, height and diameter are estimated with
the Aspen Process Economic Analyzer, both packed and trayed columns are sized
with the default option as DTW Tower.

• Reactors: Reactor product compositions, conversion and selectivity are adopted from
the original source. The heat duty Q̇ is calculated via the energy balance:

Q̇ = Ḣout − Ḣin (15)

Reactor cost is based on Q̇ and the temperature level; no further design was done.
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• Heat exchangers, condensers, evaporators: Heat is generally provided via a steam
network operating at the pressure stages given in Table 2. The water condensate leaves
the heat exchanger at the same temperature as the steam entered. Cooling is done
preferably by producing steam at the maximum pressure level. Low temperature (LT)
cooling is done using the media listed in Table 2. Cooling demand at temperatures
above 40 ◦C is realized via cooling water, which enters the heat exchanger at 25 ◦C
and leaves it at a maximum of 60 ◦C. Cooling below 40 ◦C requires different cooling
mediums at an increased cost. Ammonia and salt solutions were only used for
condensation at a constant temperature. Using the mean logarithmic temperature
difference and the respective heat transfer coefficient for the heat exchanger type (cf.
Supplementary Materials) the area of the heat exchanger is determined.

A =
Q̇

k ∗ ∆Tmean
(16)

The steam level and cooling media are chosen so that a minimum temperature dif-
ference of 10 K [50] throughout the heat exchanger is not undercut. Heat integration
along the process chain from ME to OME is realized via the steam network. Heat
below 160 °C is not considered for steam generation, therefore, not considered for heat
integration unless stated otherwise in the process description. Note that it is likely
possible to use part of this excess heat to supply district heat, but this depends on the
boundary conditions of the plant and is not further considered here.

• Thin film evaporators (TFEs) and other kinetic separators: Fast evaporation of aqueous
and methanolic FA solutions results in a reactive phase equilibrium that does not
reach the chemical equilibrium. These units are modeled as open evaporation with
multiple stages considering the vapor-liquid equilibrium and the reaction kinetics of
reactions (6)–(9) [47] on every stage. Details on the model are given in our previous
work [29].

• Pervaporation: The primary energy demand for pervaporation results from the per-
meate’s phase change and is calculated from its heat of vaporization. The membrane
surface area is calculated based on the correlation given by Schmitz et al. [34] from the
given output stream’s specification.

Table 2. First part: Pressure stages and temperatures of the employed steam network; second part:
Temperatures of the cooling media and the process stream.

Steam Network Pressure Levels

T Steam TStream
out / °C TStream

out / °C
(consumption) (production)

Steam 40 bar 290 280 300
Steam 20 bar 220 210 230
Steam 4 bar 150 140 160

LT Cooling Media

Cooling Medium TProduct
min. / °C TMedium

in / °C TMedium
out(max) / °C

Cooling water 40 25 60
Chilled water 20 10 60
Ammonia 10 0 0
Salt solutions −5 −15 −15
Salt solutions −10 −20 −20

Pumps are not explicitly sized; they are considered using the factor model in the
economic analysis. Burners are modeled like reactors with ascribed heat exchangers but
are based on a different cost correlation.
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2.3. Process Economics

Capital expenditure (CAPEX) and operational expenditure (OPEX) are estimated
using an equipment factored estimating method for each route. The cost determining
factors of the main process equipment is determined based on the simulation results, and
subsequently, the purchasing cost for each item is retrieved. For standard equipment, e.g.,
heat exchangers or columns, cost equations have been adopted from Towler and Sinnot [30],
and Peters and Timmerhaus [31]. All purchasing costs have been updated for the year 2018
using the Chemical Engineering Plant Cost Index (CEPCI). Costs in US Dollars have been
converted using the average exchange rate of 0.85 EUR/USD in 2018 and a location factor
of 1.11 for Germany [30].

The purchasing costs are multiplied by cost factors accounting for additional charges,
e.g., installation, power supply, engineering. For this study, cost factors have been taken
from Peters and Timmerhaus [31]. A detailed overview of the applied cost factors is given
in the Supplementary Materials. The working capital is estimated as 15% of the total capital
investment. A plant lifetime of 20 years is assumed with a Weighted Average Cost of
Capital (WACC) of 5%, resulting in a capital charge factor of 0.08, which is used to calculate
the annuity.

Indirect OPEX costs are determined using factors from Peters and Timmerhaus [31].
Distribution and R&D costs are neglected to only account for costs directly linked to the
production. The direct OPEX is calculated based on the material and energy balances
of the process. It is assumed that generated steam can be sold for the same price as the
buying costs. Steam and cooling costs vary depending on the steam pressure level and the
employed cooling medium, cf. Table 3.

Table 3. Steam and cooling cost depending on steam pressure level and employed cooling medium.

Pressure Level Cost/Credit/EUR/t

Steam 40 bar 23.5
Steam 20 bar 23.1
Steam 4 bar 22.8

Cooling Medium Cost/EUR/kWh

Cooling water 0.005
Chilled water 0.0075
Ammonia 0.015
Salt solutions 0.02
Salt solutions 0.025

The labor costs are estimated based on Towler and Sinnot [30]. Three shift positions are
assumed for a continuous fluid processing plant at a large site. To account for vacations and
other employee absences, 4.5 shifts are assumed. This results in 13.5 operation positions
with a working time of 37 h per week. A detailed overview of all considered OPEX factors
and raw material costs, utility costs, and labor costs is given in the Supplementary Materials.
The levelized product cost (LPC), including annuity on CAPEX and all OPEX, is calculated
per t of produced OME. A plant size of 100 kt OME production per year and a methanol
cost of 401 EUR/t (average price Methanex 2018) are assumed as the base case. Variations
of plant size and methanol cost are also considered.

The achieved cost estimates for the CAPEX are categorized as class 4 estimates by the
American Association of Cost Engineering (AACE) International and usually provide a
relative uncertainty of ±30% [51]. The uncertainty in the levelized product cost for OME is
smaller, as the current methanol cost is an input parameter. It follows as

Rel.Uncertainty(LPC) = ±30%
(

1 − Raw material cost
Total cost of production

)
. (17)
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3. Results and Discussion
3.1. Material Balances

Detailed stream tables for all processes are given in the Supplementary Materials. Key
performance indicators are given in Table 4. The carbon yield is defined as the amount
of carbon atoms in the product divided by all carbon atoms entering the process. The
heat demand is the sum of the net heat demands from the steam network on all three
pressure levels.

Table 4. Key results for all routes for a plant size of 100 kt OME production per year and a methanol
price of 401 EUR/t. The standard deviation is given in the last column to indicate the size of the
occurring differences in a KPI. However, one should keep in mind that the routes are based on
different technologies when comparing them directly.

Route 1 1* 2 3 4 5 6 7 σ

Carbon yield/mol/mol 0.935 0.881 0.927 0.925 0.817 0.812 0.928 0.926 0.05
Heat demand/GJ/t OME 6.18 5.05 3.36 13.36 2.51 −1.11 6.57 8.70 4.05
CAPEX/Mio EUR 32.39 28.32 24.66 27.80 31.83 23.34 28.66 27.18 2.92
OPEX/Mio EUR/a 57.66 59.32 53.46 68.63 62.40 54.57 48.23 64.63 6.15
LPC/EUR/t OME 597.26 611.3 550.31 704.13 644.41 560.43 500.69 662.98 61.94

All routes perform similarly regarding carbon yield. There are rather small carbon
losses in all routes because the dilute FA solutions are usually concentrated and recycled
for maximum utilization. Therefore, the carbon yield is mainly determined by the yield
of the FA plant and the FA reactor’s selectivity. Consequently, routes with the same FA
process (1–3, 4–5) have similar carbon yields among them. Routes 1–3, as well as routes
6 and 7, lead to approximately 0.93 mol/mol carbon yield. Routes 4 and 5 have a lower
yield of 0.82 mol/mol due to a lower selectivity in the respective FA reactor. Route 1* is an
exception and has significant losses in the FA concentration process. Despite the same FA
production process as Routes 1–3, it leads to a carbon yield of 0.88 mol/mol, 0.05 mol/mol
lower. The carbon losses in the OME process are negligible for all routes.

3.2. Energy Balance

Detailed tables of the energy balances for single units with respective temperature
levels are given in the Supplementary Materials. Table 4 and Figure 2 show the overall heat
demand per t OME from the steam network and the heat demand and excess per t OME
at the respective temperature levels for the base case. Excess is displayed as a negative
bar, demand as a positive bar. It shows the net heat demand at the steam levels 40, 20,
and 4 bar (steam production and consumption) for all routes. Heat is integrated within
every pressure level via the steam network, but not to lower pressure levels, as this would
destroy exergy. LT cooling has to be provided at low temperatures below 25 °C.

Due to the exothermic oxidation of methanol to formaldehyde, all routes provide large
amounts of excess heat. For routes 1, 2, 4, 5, and 6, this excess heat would suffice to provide
all required heat input in the FA production and concentration step. Furthermore, routes
2, 4, and 5 provide usable excess heat that can be integrated into the OME process via the
steam network. Routes 3 and 7 have a higher heat demand; they require more heating and
provide no excess heat for the OME process. Route 1* has a very similar heat demand to
Route 1, but the heat demand is at a lower temperature level.
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Figure 2. Net heat demand per t OME at every steam level (40, 20, 4 bar) for all routes. Excess heat is
negative, heat demand positive.

3.3. Economics
3.3.1. Base Case

Equipment cost:
Figure 3 gives the estimated equipment costs of all routes for a plant of 100 kt OME

production per year. The costs are broken down by equipment type. The most significant
cost contributors are heat exchangers, distillation columns, and evaporators. The equipment
costs in the OME process mainly stem from the two distillation columns. The estimated
equipment costs for FA production and concentration vary widely between the investigated
routes 1–7, from 3.9 (Route 2) to 5.8 Mio (Route 1) EUR. Considering that CAPEX costs
occur at the beginning of the project and constitute the capital at risk over time, the financial
risk differs significantly between the process options.

Routes 1, 1*, and 4 have high equipment costs, primarily due to the expensive thin-film
evaporators. Routes 3, 6, and 7 have moderate costs. Their largest cost contributors are
distillation columns and a large number of unit operations. Membrane units like they
appear in Routes 2 and 5 have only a small contribution to the overall cost, making these
routes cheap options. However, the high uncertainty regarding the membrane costs should
be considered, and the membrane material has been treated as a consumable only con-
sidered in the OPEX. Despite its large number of units, Route 7 has a relatively low total
equipment cost. The discussed differences in the equipment costs between the routes are
correspondingly pronounced in the total CAPEX, cf. Table 4.
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Figure 3. Equipment cost of all Routes for a plant size of 100 kt OME/a. The whiskers show the
uncertainty in the total equipment cost for each route (±30% [51]).

Operational cost:
Figure 4 and Table 4 show the OPEX for a plant size of 100 kt OME per year and a

methanol price of 401 EUR/t. It ranges from 48.2 (Route 6) to 68.6 (Route 3) Mio EUR per
year for the routes.

Figure 4. Operational cost/a of all routes for a plant size of 100 kt OME/a. The whiskers show the
uncertainty in the operational costs.

The variance in the OPEX is less noticeable than in the CAPEX; this is mainly because
the raw material costs cause nearly two-thirds of the entire OPEX. Raw material costs
are followed by indirect OPEX cost, which summarizes several smaller indirect cost con-
tributors and the operating labor cost. The differences between the routes arise from the
differing carbon yields, utility consumptions, and potentials for steam generation. Routes
3, 4, and 7 show the highest OPEX. In Routes 3 and 7, this is due to high heat demand and a
lack of significant steam revenue; in Route 4 due to carbon losses in the FA process. Routes
2, 5, and 6 show a low OPEX due to the low costs for the employed pervaporation units.
Note that membrane material replacement only accounts for 0.6% of the OPEX cost. Route
1* has a slightly higher OPEX than Route 1 due to its higher carbon losses. For all routes,
the annuity of the CAPEX only contributes around 4% to the manufacturing cost; the OPEX
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has a much larger share. This is partly caused by the rather low WACC and long plant
lifetimes that were assumed, while this seems striking, comparable studies result in similar
proportions of OPEX and CAPEX [10,28].

3.3.2. Sensitivitiy Studies: Manufacturing Cost for OME

The levelized product cost for OME was analyzed for variations of methanol cost and
plant size in sensitivity studies. The LPC as a function of the methanol cost is shown for all
routes in Figure 5. We also calculated an average value for the LPC for a plant size of 100 kt
OME3–5/a. Based on the mean incline and mean y-intercept of all routes, it is:

LPCOME = 79.07 EUR/t + 1.31 ∗ cMethanol (EUR/t) (18)

Figure 5. Levelized product cost per t OME for all routes as a function of the methanol cost for a
plant size of 100 kt/a.

Further, the minimum feasible manufacturing cost for OME (cmin.
OME) is calculated based

solely on the methanol cost and the stoichiometrically required methanol for the production
of 1 t of OME (cf. Reactions (10) to (11)).

cmin.
OME = 1.112 ∗ cMethanol (EUR/t) (19)

In order to better differentiate between routes, the minimum feasible manufacturing
cost is subtracted from the LPC for routes 1 to 7. This yields the process-dependent cost
(cPD

OME), cf. Figure 6.
The y-intercept at 0 EUR/t methanol is determined by the fixed cost of the route,

and the slope by its carbon yield. OME production via routes 2 and 6 is the cheapest
for methanol costs higher than 350 EUR/t; both routes have a high carbon yield and
low CAPEX and OPEX, and both routes employ pervaporation. Route 5 also employs
pervaporation and has low costs for low ME costs, but the high carbon losses in the FA
process II lead to high manufacturing costs for higher ME costs. Routes with considerable
carbon losses, i.e., Routes 4 and 5 via their lower FA reactor selectivity and Route 1* via the
FA losses in the concentration process, show a larger slope. Therefore, they become less
competitive with higher methanol costs. For lower ME costs, they perform reasonably well.
Route 3 leads to the highest manufacturing cost for ME costs lower than 700 EUR/t. For
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higher costs, it is more economical than Routes 4 and 5 due to their significant carbon losses.
Routes 1 and 7 both lead to mid-range costs for all methanol costs. Routes employing
pervaporation generally lead to the lowest costs for all ME costs over 300 EUR/t, due to
their low carbon losses and energy consumption. Routes employing extractive distillation
lead to high cost for all ME cost, and should probably only be used if highly pure FA is
required. Thin-film evaporation performs well in if no FA is lost in side products.

Figure 6. Process-dependent cost per t OME for all routes as a function of the methanol cost for a
plant size of 100 kt/a.

One should consider the significant uncertainty in the equipment cost estimation and
that all graphs are close together. The uncertainty is less pronounced in the LPC due to the
large share of the ME cost but is still significant (±30% to ±1.5%, depending on route and
methanol cost). In Figure 6, where a large share of the methanol cost is already deducted,
the uncertainty grows again. To visualize the size of the uncertainty, it is shown for Route
2 (smallest uncertainty) and route 5 (largest uncertainty) for the methanol cost of 50 and
1400 EUR/t. For the base case (methanol costs of 401 EUR/t), the uncertainty is between
±5% to ±10%, depending on the route.

For this cost, the OME manufacturing cost range between 586 and 821 EUR/t. These
results are in good agreement with other publications that analyze comparable routes.
Burger and Hasse [25] give OME cost of 668 EUR/t for methanol costs of 401 EUR/t. Their
results are also shown in Figure 5 and 6 for other methanol costs. Schmitz et al. give OME
costs of 522 EUR/t for methanol costs of 255 EUR/t. For these methanol costs, our study
results in slightly lower OME costs of 310 to 513 EUR/t. This is mainly due to lower carbon
losses in the FA production and steam revenues. Compared with Route 1*, which was
suggested by Mantei et al., the improved thin-film evaporation in Route 1 saves 2.3% on
the manufacturing cost for a methanol price of 401 EUR/t. For higher ME costs of up to
1500 EUR/t, these savings rise to 4.7%, while these savings are within the uncertainty, they
result solely from the material balance, which is much less uncertain. Since the carbon yield
has the most significant influence on the cost, all new production processes should aim to
increase the yield in the FA reactor and reduce losses of FA and methanol in the subsequent
concentration.

The influence of the plant size on the levelized product cost is also investigated in a
sensitivity study for all routes. Figure 7 gives the results for the fixed methanol cost of
401 EUR/t.
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Figure 7. Levelized product cost per t OME for all routes as a function of the plant size for a ME cost
of 401 EUR/t.

The levelized product cost increases drastically with smaller plant sizes for all routes.
Below production capacities of 50,000 tons OME per year, the cost increase strongly. For
larger production capacities, the raw material cost dominates all other cost contributors.
The discussed differences between the routes hold for all plant sizes. However, note that
the scale-up is simplified; it considers the increased cost via the unit size used as input for
the cost correlation by Towler and Sinnott [30].

While this study achieves very good agreement with comparable works, there are
some limitations to consider. First, the uncertainty stemming from the employed techno-
economic has to be considered when evaluating the cost. Second, some aspects of the
investigated technologies were deemed beyond the scope. The removal of wastewater was
not considered here, while the removed wastewater is quite pure, it may cause further
costs for some routes, which might not be negligible. Further, we assumed that all carbon
should be converted to OME. Joint products could lead to lower production costs for OME.
Of course, the involved processes could be improved further. For instance, the FA reactor
could be trimmed toward hydrogen recovery. There is also the possibility to use methanol
or wastewater as an absorbent in the FA absorber, which could lower the water content of
FA solutions [52]. Although these options were not considered in the present work, major
cost reductions seem unlikely as the levelized product cost is determined mainly by the
methanol cost.

4. Conclusions

Several routes for OME production from methanol via the water-tolerant OME process
were investigated. Different technologies for removing water from formaldehyde solutions
were evaluated, simulated, and compared. Techno-economic analysis was used to calculate
the manufacturing cost of OME as a function of the methanol cost and plant size. Key
performance indicators were identified, and all routes were compared. For a current
methanol market cost of 401 EUR/t, the levelized product cost of OME range between
586 and 821 EUR/t. The routes using pervaporation result in the lowest levelized product
cost for all methanol costs higher than 300 EUR/t. They have high carbon yields and low
energy and investment costs. Routes that rely on extractive distillation result in high OME



Fuels 2023, 4 15

costs. For methanol costs up to 350 EUR/t, they result in the highest levelized product
costs. For higher methanol costs, the routes with the highest carbon losses, based on one
of the FA plants with incomplete conversion, become even more expensive. Processes
based on pervaporation perform well, but there are still questions regarding the long-term
stability of the membrane, and there is high uncertainty in the membrane cost. Thin-film
evaporation performs reasonably well when combined with distillation for maximum FA
recovery. Extractive distillation is not recommended unless highly pure FA is required. The
most influential parameter on the performance of any route is the carbon yield. Thus, for
OME production, the selectivity in the FA production process should be maximized, and
the FA losses in the subsequent concentration and OME production should be minimized.
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Abbreviations
The following abbreviations and variables are used in this manuscript:

Abbreviations
C Column
CAPEX Capital Expenditure
CEPCI Chemical Engineering Plant Cost Index
DE Diesel equivalent
DME Dimethylether
E Various unit operations with phase change
EUR Euro
FA Formaldehyde
HFn Poly(oxymethylene) hemiformal
HX Heat exchanger
LPC Levelized product cost
MAL Methylal
ME Methanol
MGn Poly(oxymethylene) glycol
OMEn Poly(oxymethylene) dimethyl ether of chain length n
OP Operating point
OPEX Operational Expenditure
RR Reflux Ratio
TFE Thin Film Evaporator
TRI Trioxane
TRL Technology Readiness Level
USD US Dollar

www.mdpi.com/xxx/s1
www.mdpi.com/xxx/s1
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VLE Vapor-liquid equilibrium
WA Water
WACC Weighted Average Cost of Capital
Variables
A Surface
c Cost
cp Isobaric heat capacity
∆hv,i Enthalpy of vaporization
∆hR,i Reaction enthalpy
H Enthalpy
hi Specific enthalpy of component i
h f

i Standard enthalpy of formation of component i
K Number of components
k Heat transfer coefficient
ṁ Masss flow rate
N Number of stages
n Chain length
p pressure
Q̇i Heat duty of unit i
Q̇tot Total heat duty
R Universal gas constant
T Temperature
Tc Critical temperature
xk

i Mass fraction of component i in k
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